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FOREWORD 
The ACS S Y M P O S I U M SERIES was founded in 1974 to provide 
a medium for publishing symposia quickly in book form. The 
format of the Series parallels that of the continuing A D V A N C E S 

IN C H E M I S T R Y SERIES except that in order to save time the 
papers are not typeset but are reproduced as they are sub
mitted by the authors in camera-ready form. Papers are re
viewed under the supervision of the Editors with the assistance 
of the Series Advisory Board and are selected to maintain the 
integrity of the symposia; however, verbatim reproductions of 
previously published papers are not accepted. Both reviews 
and reports of research are acceptable since symposia may 
embrace both types of presentation. 
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PREFACE 

THE ADVENT OF GENETIC ENGINEERING through the use of recombinant 
DNA techniques has stimulated wide interest in creating useful biologically 
derived products. There exists today a significant family of products that has 
been traditionally synthesized through the action of microorganisms. Typi
cally, the manufacture of a biologically derived product begins with mass 
cultivation of the desired microorganism, a process known as fermentation. 

Fermentation, however, represents only one step in the overall scheme 
of product formation. It is equally important to recover and purify the 
desired product from the fermentation after the organism has been culti
vated. Often, that product is present in relatively low concentrations com
pared to the other components of the fermentation, and the challenge lies in 
separating what is wanted from what is not in an efficient, economical, and 
timely fashion. 

Although great strides have been made in the genetic manipulation of 
microorganisms, a concomitant increase in new product-recovery methods 
has lagged behind. Recently, though, many groups of researchers in both 
academia and industry have initiated active development programs in the 
area of fermentation product recovery and purification. 

This book presents some of these newer approaches to product recov
ery. The emphasis is on large-scale processes where several approaches to 
product isolation are required to obtain pure material. Each author discusses 
state-of-the-art approaches to product purification that uniquely fit the 
material to be isolated. 

Two separation technologies are highlighted here: filtration and chroma
tography. Both technologies have existed for some time, but only recently 
have they found wider use in fermentation processes. The chapters in this 
book describe some of the newest applications of these technologies to prod
uct purification. The authors provide a cross section of viewpoints from 
academia and industry and consider both the practical and theoretical 
aspects of biological processing. 

We wish to thank all of the authors for their contributions to this book. 
We also thank the Division of Microbial and Biochemical Technology, and 
specifically, Dr. Larry Robertson, for sponsorship of this work. Finally, we 

ix 
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wish to express our appreciation to the editorial staff of the ACS Books 
Department with special thanks to Robin Giroux. 

D E R E K L E R O I T H 

National Institutes of Health 

JOSEPH SHILOACH 

National Institutes of Health 
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1 
Processing Cell Lysate with Tangential Flow Filtration 

RAYMOND G A B L E R and MARY RYAN 

Millipore Corporation, Bedford, M A 01730 

Operating conditions and the corresponding performance 
of a membrane filter system have been examined for 
recovering proteins from a bacterial lysate. Specifi
cally, the dependence of membrane flux on average trans 
membrane pressure and recirculation rate has been in
vestigated for both whole cells and lysate. The recov
ery of an intracellular protein was simulated by adding 
a marker protein, IgG, to the lysate after cell lysis. 
Protein concentrations were measured at each step of 
the processing scheme to determine the distribution of 
IgG and how much could be recovered. Operating param
eters that influence the flow of IgG through a micro-
porous membrane have also been studied. 

Since the introduction of genetic engineering on a practical scale 
in the 1970's, there has been increased interest in the production 
of biological products using large scale fermentation. Both new 
products that had not been commercially available previously in 
sufficient quantities, and old products whose production costs are 
now potentially cheaper have been in the spotlight. One of the 
difficulties that is encountered with some types of recombinantly 
derived proteins, however, is the purification steps. Because E. 
coli does not secrete recombinant proteins into the growth media, 
the cells must be lysed which increases the difficulty of separating 
the desired protein from all other biological constituents. Purifi
cation of a protein from a lysate requires a number of steps to 
first eliminate cell fragments and debris from soluble material and 
to then separate the desired protein from other soluble components. 
Techniques that have been classically used in lysate processing and 
protein isolation include: centrifugation, open column chroma
tography and precipitation. Tangential flow filtration can now be 
added to the list. (JO 

Tangential flow filtration has been most extensively used for 
concentrating cells(2f3)9 concentrating and washing proteins (A) and 
removing pyrogens from solutions(5»6). By passing the process 
solution tangential or parallel to the filter, and recirculating this 
fluid back to the original container, it is possible to filter solu-

0097-6156/85/0271-0001 $06.00/0 
© 1985 American Chemical Society 
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2 PURIFICATION OF FERMENTATION PRODUCTS 

t i o n s that would normally c l o g a dead ended f i l t r a t i o n system. A l s o , 
w i t h f i l t r a t i o n , i t i s p o s s i b l e to perform gross f r a c t i o n a t i o n s 
based on s i z e . These two f a c t o r s make i t f e a s i b l e to process c e l l 
l y s a t e s w i t h membrane f i l t e r s i n order to separate c e l l d e b r i s from 
p r o t e i n s , and to al s o concentrate the crude f r a c t i o n p r i o r to the 
next p u r i f i c a t i o n step. F i l t r a t i o n o f f e r s advantages over other 
techniques i n that r e l a t i v e l y l i t t l e energy i s needed compared to 
c e n t r i f u g a t i o n , and the f i l t r a t i o n system i s closed and w i l l not 
produce a e r o s o l s . A l s o , the equipment can be scaled up to handle 
l a r g e q u a n t i t i e s . 

The purpose of t h i s work i s s e v e r a l f o l d . F i r s t , we wanted to 
determine the magnitude of f i l t r a t i o n r a t e s that are p o s s i b l e w i t h 
l y s a t e s compared to whole c e l l s , and to i d e n t i f y those o p e r a t i o n a l 
parameters that i n f l u e n c e membrane f l u x . Second, an e f f o r t was made 
to i n v e s t i g a t e how s e v e r a l d i f f e r e n t methods of generating a l y s a t e 
suspension would a f f e c t membrane processing, i f at a l l . T h i r d , we 
wanted to i n v e s t i g a t e the q u a n t i t a t i v e l y recovery of a s p e c i f i c pro
t e i n from a l y s a t e w i t h f i l t r a t i o n , and l a s t , an e f f o r t was made to 
determine what o p e r a t i o n a l parameters are most important i n maxi
mizing the flow of p r o t e i n through the f i l t e r ? In s h o r t , t h i s work 
was designed as the f i r s t step i n documenting the performance of 
membrane systems f o r processing l y s a t e s . 

To answer the above i s s u e s , a model system was devised i n which 
a s p e c i f i c p r o t e i n was added to an IS. c o l i l y s a t e . The l y s a t e was 
then processed through the f i l t r a t i o n steps and the p r o t e i n r e 
covered. The p r o t e i n chosen was human IgG which has a r e l a t i v e l y 
l a r g e molecular weight (160,000 D a l t o n s ) . I t was reasoned that i f 
a l a r g e p r o t e i n could be separated from c e l l d e b r i s and passed 
through a membrane and recovered, then a smaller p r o t e i n that i s 
t y p i c a l of a recombinant process, should prove to be much e a s i e r . 

M a t e r i a l s and Methods 

Fermentations. IS. c o l i was grown i n a defined media w i t h the 
f o l l o w i n g composition: 

-2 
PO. 0.05M 

4 -3 MgS0 4 10 M 
C a C l 2 10" 4M 
FeSO, 10" 5M 4 
( N H 4 ) 2 S0 4 0.2% 
Glucose 0.5% 

The antifoam used was 2% octadecanol i n mineral o i l ( 0 . 5 m l / l i t e r 
of fermentation b r o t h ) . The fermentors were batched i n 11 l i t e r 
q u a n t i t i e s , and growth l a s t e d about 24 hours at 37°C. Rotor speed 
was 400· RPM and the a e r a t i o n r a t e was 5 l i t e r s / m i n u t e . A Microgen 
(New Brunswick S c i e n t i f i c ) or a Chemap 14 l i t e r fermentor was used. 
F i n a l v i a b l e counts were t y p i c a l l y greater than lO^/ml. 

Membrane Separations. The membrane f i l t e r s eparation system 
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1. G ABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 3 

( M i l l i p o r e Corporation, XX8140000) co n s i s t e d of a membrane holder 
( P e l l i c o n ) , a 4 g a l l o n per minute r o t a r y vane pump (Procon) and the 
membranes themselves. The f i l t e r s were e i t h e r 0.45 micron micro-
porous (Durapore) or 100,000 NMWL u l t r a f i l t r a t i o n membranes. A l l 
tubing and connections were 1/2 i n c h . A manifold flow bypass was 
attached to the pump so f l u i d could be introduced i n t o the f i l t r a 
t i o n system without a sudden surge of pressure buildup ( B u l l e t i n 
AB822, M i l l i p o r e C o r p o r a t i o n ) . In a l l cases, 5 square f e e t of mem
brane were used. 

Figure 1 shows a schematic of the equipment used and how i t was 
plumbed together. A l l together there were three modes of operation 
used f o r v a r i o u s a p p l i c a t i o n s reported here. For concentrating 
c e l l s or l y s a t e , the system was operated e x a c t l y as shown i n Figure 
1. F i l t r a t e was c o l l e c t e d separately w h i l e the r e t e n t a t e was c i r 
c u l a t e d back to the o r i g i n a l h o l d i n g tank. In the t o t a l r e c y c l e 
mode of o p e r a t i o n , the f i l t r a t e l i n e was placed i n the c e l l or l y s a t e 
h o l d i n g r e s e r v o i r so the c e l l s or l y s a t e concentration remained con
stant as a f u n c t i o n of time. The reason f o r performing t o t a l r e 
c y c l e i s to i s o l a t e process v a r i a b l e s i n determining the independent 
i n f l u e n c e of trans membrane pressure or r e c i r c u l a t i o n r a t e on flow 
through the membrane. A constant volume wash mode of operation i s 
accomplished by continuously adding wash b u f f e r to the c e l l or 
l y s a t e suspension at the same r a t e that f i l t r a t e i s c o l l e c t e d . For 
a l l modes of o p e r a t i o n , there was no f i l t r a t e back pressure. 

The i n l e t pressure f o r the f i l t e r holder i s measured on the 
upstream side of the membrane as the f l u i d enters. The o u t l e t pres
sure i s a l s o monitored on the upstream s i d e of the membrane as the 
r e t e n t a t e e x i t s the f i l t e r holder device. The d i f f e r e n c e between 
the i n l e t and o u t l e t pressure i s p r o p o r t i o n a l to the c i r c u l a t i o n 
r a t e w h i l e the sum of the i n l e t and o u t l e t pressures i s p r o p o r t i o n a l 
to the average trans membrane pressure. 

C e l l L y s i s . C e l l l y s i s was accomplished e i t h e r e n z y m a t i c a l l y w i t h 
lysozyme or with- s o n i c a t i o n . 

S o n i c a t i o n . Fermentor broths were reduced i n volume v i a f i l t r a t i o n 
to s e v e r a l l i t e r s or l e s s . This reduced volume was then c o n t i n u 
ously c i r c u l a t e d through a s o n i f e r (Branson C e l l D i s r u p t e r 185)· 
Water from an i c e bath was passed through the j a c k e t to d i s s i p a t e 
heat generated from the s o n i f e r . L y s i s was checked v i s u a l l y by 
monitoring the number of whole c e l l s seen i n a wet mount under an 
o p t i c a l microscope at 1000X m a g n i f i c a t i o n . 

Lysozyme. A f t e r fermentation, the c e l l b r o t h was reduced i n volume 
v i a f i l t r a t i o n to one l i t e r or l e s s . The concentrated c e l l s were 
then p e l l e t e d and washed w i t h 0.85% s a l i n e . The washed c e l l s were 
resuspended i n 0.1M EDTA, pH 8.0 and allowed to s i t at room tempera
ture f o r about 45 minutes w i t h gentle s t i r r i n g . Lysozyme was then 
added to enough 0.5M NaCl, pH 8.0, to b r i n g the t o t a l volume to 
l/2 0 t h of the o r i g i n a l c u l t u r e volume. The lysozyme conc e n t r a t i o n 
was 2 mg/ml i n t h i s suspension. The mixture was suspended i n 0.1% 
sodium desoxycholate to f i n a l i z e the l y s i s . This procedure(7) pro
duced a very v i s c o u s suspension. The v i s c o s i t y was reduced by add
i n g e i t h e r streptomycin s u l f a t e or DNAse. In e i t h e r case, the r e 
s u l t i n g suspension was allowed to s i t overnight w i t h gentle s t i r r i n g . 
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4 PURIFICATION OF FERMENTATION PRODUCTS 

IgG, DNAse. Human, freeze d r i e d IgG was purchased from Sigma Chemi
c a l ( c a t . no. HG-11) as Cohn f r a c t i o n IT. The IgG was resuspended 
i n p h y s i o l o g i c a l s a l i n e or c e l l c o n c e n t r a t i o n f i l t r a t e and the IgG 
was added to the l y s e d c e l l s to a f i n a l c oncentration of around 0.1%-
0.2%. DNAse was a l s o purchased from Sigma Chemical. 

IgG Assay. Samples and c o n t r o l s to be assayed f o r IgG were c o l l e c t e d 
i n 5 ml q u a n t i t i e s . From these samples, 750 m i c r o l i t e r s were c e n t r i -
fuged f o r 10 minutes at 1250 RPM. The supernant f l u i d was c o l l e c t e d , 
and 250 m i c r o l i t e r s were i n j e c t e d i n t o a Beckman ICS Analyzer I I . 
The analyzer would mix appropriate amounts of a n t i IgG antibody w i t h 
the sample a u t o m a t i c a l l y and measure the change i n l i g h t s c a t t e r i n g 
i n t e n s i t y as the antigen-antibody r e a c t i o n progressed. The formation 
of the immunoprecipitin complex proceeds g r a d u a l l y at f i r s t , then 
r a p i d l y and f i n a l l y progresses through a peak val u e . I f the sample 
IgG i s w i t h i n the c o r r e c t concentration range, the f i n a l peak r a t e 
f o r the change i n l i g h t s c a t t e r i n g i n t e n s i t y i s p r o p o r t i o n a l to the 
sample IgG c o n c e n t r a t i o n . Normal human sera of known IgG concentra
t i o n was used f o r c a l i b r a t i o n and c o n t r o l s . With l y s a t e samples, 
t h i s assay technique was r e p r o d u c i b l e to about 10%. 

Results 

A schematic i l l u s t r a t i n g how membrane f i l t e r s are used to process 
l y s a t e s i s shown i n Figure 2. The o v e r a l l purpose of the processing 
i s to separate an i n t r a c e l l u l a r product, t y p i c a l l y a p r o t e i n , from 
the bulk of l a r g e c e l l fragments or d e b r i s , and to concentrate the 
p r o t e i n to a small workable volume. B a s i c a l l y , there are four 
f i l t r a t i o n steps i n t h i s process. A f t e r the c e l l s are grown, the 
c e l l s are concentrated to a r e l a t i v e l y s m a ll volume. This i s accom
p l i s h e d i n the f i r s t f i l t r a t i o n step. A f t e r l y s i s , the l y s a t e i s 
concentrated and washed i n the second and t h i r d steps r e s p e c t i v e l y . 
Washing i s performed i n order to enhance the passage of p r o t e i n 
through the membrane i f the p r o t e i n remains i n the r e t e n t a t e during 
the c o n c e n t r a t i o n of the l y s a t e . Both concentration and washing can 
use the exact same microporous membrane. In the l a s t s tep, an u l t r a 
f i l t r a t i o n membrane i s used to concentrate the crudely f r a c t i o n a t e d 
p r o t e i n s o l u t i o n i n p r e p a r a t i o n f o r the next p u r i f i c a t i o n step which 
i s u s u a l l y a chromatographic process of one s o r t or another. 

The i n f o r m a t i o n presented i n the f o l l o w i n g f i g u r e s represents 
two types of r e s u l t s . F i r s t , there i s the evidence f o r IgG recovery 
from membrane f i l t r a t i o n as a f u n c t i o n of d i f f e r e n t biochemical pro
ces s i n g schemes. Second, there i s the data which describes the flow 
ra t e s of f l u i d or the f l u x through the membrane as a f u n c t i o n of 
d i f f e r e n t operating c o n d i t i o n s . 

Figure 3 i s a schematic r e p r e s e n t i n g a f i l t r a t i o n process of 
c e l l s , l y s a t e and p r o t e i n s o l u t i o n i n which the l y s a t e was formed by 
s o n i c a t i o n . I n i t i a l l y , 22.3 l i t e r s or c e l l s were concentrated down 
to 4.8 l i t e r s w i t h 0.45 micron microporous membrane. The c e l l s were 
lysed and the IgG added i n the amount of 11.1 grams (6.8 l i t e r s 
t o t a l l y s a t e ) . The l y s a t e was then concentrated to 1.3 l i t e r s . 
During the l y s a t e c o n c e n t r a t i o n , 7.6 grams of IgG passed through the 
0.45 micron pore s i z e membrane and 2.5 grams remained i n the r e t e n 
t a t e . Respective f l u i d volumes were 5.5 l i t e r s and 1.3 l i t e r s . A 
constant volume wash was performed on the 1.3 l i t e r s of r e t e n t a t e i n 
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1. G ABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 5 

RETENTATE 

Figure 1. Schematic of equipment f o r processing l y s a t e s . The 
ta n g e n t i a l flow f i l t e r i s i n the stacked sheet c o n f i g u r a t i o n which 
allows high i n l e t pressure. 

GROW CELLS 
CONCENTRATE 

CELLS (MF) LYSE CELLS 
• • RETENTATEXV J 

CONCENTRATE ^?\SS*™ 
PROTEIN (UF) hi-ι «Aie 

FILTRATE 

^ • • Y T ^ SEPARATE 
. / • • Λ : CELL 

i DEBRIS (MF) 

RETENTATE 

Figure 2. F i l t r a t i o n steps f o r processing l y s a t e . A l l steps, 
except the p r o t e i n concentration, use a microporous membrane. 
P r o t e i n concentration i s accomplished by a UF membrane. 
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6 PURIFICATION O F FERMENTATION PRODUCTS 

an e f f o r t to separate the remaining 2.5 grams of IgG from the c e l l 
d e b r i s . A f t e r 5 l i t e r s of wash was c o l l e c t e d i n the f i l t r a t e , 2.4 
grams of IgG had a l s o passed the membrane showing that the IgG can be 
recovered and e f f e c t i v e l y separated from the l y s a t e . The 5.5 l i t e r s 
from the o r i g i n a l l y s a t e concentrate was then concentrated w i t h a 
100,000 MWC0 UF membrane. In the c o n c e n t r a t i o n , only 5.2 grams of 
IgG was recovered, however, none of the IgG passed the UF membrane. 

In an e f f o r t to determine i f the l o s s of IgG i n the UF concen
t r a t i o n of the crude p r o t e i n f r a c t i o n shown i n Figure 3 represented 
a r e a l i s s u e or j u s t a matter of c o l l e c t i n g a l l the r e t e n t a t e from 
the dead volume, the c o n c e n t r a t i o n step was repeated. This time, 
p a r t i c u l a r a t t e n t i o n was paid to f l u s h i n g out the r e t e n t a t e hoses and 
dead spots i n the system. Figure 4 shows the r e s u l t s of t h i s work. 
The l y s a t e f i l t r a t e (10.5 l i t e r s , 7.2 grams of IgG) was s p l i t i n t o 
two f r a c t i o n s of 5.9 l i t e r s and 4.8 l i t e r s r e s p e c t i v e l y and concen
t r a t e d under two separate operating c o n d i t i o n s . Operating at an i n 
l e t pressure of 80 p s i and c o n c e n t r a t i n g the 5.9 l i t e r s to 1.4 l i t e r s , 
3.7 grams of IgG was recovered immediately which represents 95% of 
that expected. Subsequently, 1.5 l i t e r s of p h y s i o l o g i c a l s a l i n e was 
r e c i r c u l a t e d through the f i l t r a t i o n system f o r 5 minutes and then 
assayed f o r the remaining IgG. Recovery of another 0.2 grams of IgG 
(remaining 5%) was found, so together w i t h the i n i t i a l 3.7 grams of 
IgG, the t o t a l amount expected was recovered. For operating condi
t i o n s of 40 p s i i n l e t pressure and 0 o u t l e t pressure, 88% of the IgG 
was recovered. Results from Figure 4 i n d i c a t e that under both high 
and moderate i n l e t pressures, the IgG could be recovered from the 
c o n c e n t r a t i o n step. 

Figure 5 shows the flow decay f o r the c e l l suspension concentra
t i o n step of Figure 3. The flow r a t e decays g r a d u a l l y w i t h time w i t h 
an average f i n a l r a t e around 700 ml/min. I n l e t pressure was 90 p s i , 
and there was a 4.6X r e d u c t i o n i n volume i n about 15 minutes. The 
flow decay curve i n Figure 5 i s t y p i c a l f o r an 15. c o l i c oncentration 
w i t h a new 0.45 micron pore s i z e microporous membrane. 

Figure 6 i s the corresponding flow decay curve f o r the s o n i f i e d 
l y s a t e suspension. Again, t h i s i s a t y p i c a l flow decay w i t h time. 
The f l u x f o r the l y s a t e i s l e s s than that seen f o r the whole c e l l 
c o n c e n t r a t i o n . The flow r a t e , however, i s s t i l l s i g n i f i c a n t and the 
e q u i l i b r i u m r a t e corresponds to 23 ga l l o n s per square foot per day 
(GFD). In other experiments, flow r a t e s f o r l y s a t e concentration are 
a l s o seen to be r e l a t i v e l y constant showing l i t t l e decay. 

Figure 7 i s a p l o t of the flow r a t e over time f o r the constant 
volume wash step used to pass the IgG remaining i n the r e t e n t a t e 
a f t e r the i n i t i a l c o n c e n t r a t i o n of the l y s a t e . As expected, w i t h the 
l y s a t e volume remaining constant at about 1.3 l i t e r s , there i s l i t t l e 
flow decay w i t h time. The arrows i n Figure 7 i n d i c a t e the commence
ment of the a d d i t i o n of one l i t e r a l i q u o t s of s a l i n e s o l u t i o n at a 
ra t e matching that of the f i l t r a t e . F i v e square f e e t of an 0.45 
micron pore s i z e f i l t e r was used f o r t h i s procedure. 

Figure 8 shows the r e s p e c t i v e flow decays f o r the crude p r o t e i n 
f r a c t i o n c o ncentration w i t h the 100,000 MWCO UF membrane. I n l e t 
pressures were 80 p s i and 40 p s i r e s p e c t i v e l y . The higher i n l e t 
pressure gave a higher f l u x compared to the 40 p s i i n l e t pressure as 
would be expected. When the i n l e t pressure i s increased, both the 
average TMP and a l s o the r e c i r c u l a t i o n r a t e i n c r e a s e . Based on the 
data i n Figure 8 alone, i t i s not p o s s i b l e to determine i f the higher 
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1. G ABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 1 

E. coli (22.3L) 

C O N C E N T R A T E C E L L S (4.8L) 
f 

LYSE C E L L S (4.8L) 
(SONICATION) 

f 
MEMBRANE PROCESSING OF LYSATE (6.8L;11.1g) 

(0.45μ MF) 

R E T E N T A T E 
(1.3L; 2.5g) 

Ψ 
WASH (5L SALINE) 

/ ™ \ 
R E T E N T A T E FILTRATE 
(1.3L;0.3g) (5L;2.4g) 

\ 
FILTRATE 
(5.5L; 7.6g) 

Ψ 
PROTEIN C O N C E N T R A T I O N 

(100,000 MWCO) 

/ \ 
R E T E N T A T E FILTRATE 
(0.8L; 5.2g) (4.6L; Og) 

Figure 3. D i s t r i b u t i o n of IgC for the d i f f e r e n t process steps. 
Both the f l u i d volumes and the t o t a l IgC content are given f o r a l l 
retentates and f i l t r a t e s throughout the whole sequence. 

WASH 
STEP 

E. coli (10.8L) 

CONCENTRATE CELLS (1.2L) 
f 

LYSE CELLS(1.2L) 
(SONICATION) 

f 
PROCESS LYSATE (12L, 9.1g) 

/ \ 
RETENTATE FILTRATE 
(1.4L;1.5g) (10.5L; 7.2g) 

f 
CONCENTRATE PROTEIN 

(SPLIT FILTRATE) 
40/0 Ψ %80/0 

RETENTATE FILTRATE RETENTATE FILTRATE 
(.95L; 2.1g) (3.5L; 0g) (1.4L; 3.7g) (4.45L; Og) 

(1.75L; 0.65g) (1.3L;0.2g) 

Figure 4. Concentration of p r o t e i n under d i f f e r e n t operating 
c o n d i t i o n s . IgC can be recovered q u a n t i t a t i v e l y under two sets of 
operating pressures by a UF membrane. 
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8 PURIFICATION OF FERMENTATION PRODUCTS 

1000| 

2 4 6 8 10 12 14 

TIME (minutes) 

Figure 5. Flow decay curve f o r concentrating E . c o l i whole c e l l s 
w ith a 0.45 μπι microporous (Durapore) membrane. I n l e t pressure 
was 90 p s i . The i n i t i a l volume was 22.3 l i t e r s ; the f i n a l volume, 
4.8 l i t e r s . 

2 200 

c 100 

2 4 6 8 10 12 14 16 
TIME (minutes) 

Figure 6. Flow decay curve f o r concentrating E . c o l i l y s a t e w i t h 
a 0.45 μπι microporous (Durapore) membrane. I n l e t pressure was 
90 p s i ; o u t l e t pressure, 30 p s i . The i n i t i a l volume was 6.8 
l i t e r s ; the f i n a l volume, 1.3 l i t e r s . 
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GABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 

~ 400 
1 
Ε 

ADD 
|1 liter 

300 
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< 
AC 
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ADD 
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ADD 
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\ 
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1 liter 

\ 
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ADD 
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Figure 7. Flow versus time f o r the l y s a t e wash wit h 5 square feet 
of a 0.45 μπι microporous (Durapore) membrane. Lysate volume 
(1.3 l i t e r s ) remains constant during the wash. I n l e t pressure was 
90 p s i ; o u t l e t pressure, 30 p s i . 

Figure 8. P r o t e i n concentration flow decay curves f o r two d i f f e r 
ent operating c o n d i t i o n s with a 100,000 MWCO UF membrane. Key: 
•, P. = 80 p s i ; ·, P. = 40 p s i . 

m r i n 
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10 PURIFICATION O F FERMENTATION PRODUCTS 

c i r c u l a t i o n r a t e or higher TMP i s r e s p o n s i b l e f o r the higher f l u x . 
The absolute f l u x f o r the p r o t e i n s o l u t i o n w i t h the UF membrane i s 
more than h a l f that seen f o r concentrating c e l l s w i t h an 0.45 micron 
microporous membrane. The p r o t e i n f l u x i s higher than might be ex
pected, however, the p r o t e i n f r a c t i o n has already been c l a r i f i e d 
through the 0.45 micron pore s i z e membrane and, hence, i s a r e l a t i v e 
l y c l e a n s o l u t i o n . 

In an e f f o r t to determine whether the trans membrane pressure 
(TMP) or r e c i r c u l a t i o n r a t e are more important i n determining the 
membrane f l u x f o r concentrating c e l l s and l y s a t e or p r o t e i n , t o t a l 
r e c y c l e experiments were performed. Figure 9 i l l u s t r a t e s a t y p i c a l 
response of f l u x to average TMP f o r whole c e l l s as c i r c u l a t i o n r a t e 
i s h e l d constant. I t i s seen that as TMP i s increased, the f l u x 
a l s o i n c r e a s e s . Figure 10 shows the response of f i l t r a t i o n r a t e to 
c i r c u l a t i o n r a t e as the average TMP i s h e l d constant, again f o r 
whole c e l l s . Beyond a minimum r e c i r c u l a t i o n r a t e where Ρ- η̂ - Pout 
equals about 20 or 30 p s i , not much greater f l u x i s generated by 
i n c r e a s i n g the c i r c u l a t i o n r a t e . C e l l l y s a t e s o l u t i o n s generated by 
s o n i c a t i o n e x h i b i t a completely analagous behavior except the abso
l u t e flow r a t e s are l e s s than f o r whole c e l l s . So, f o r concentration 
of e i t h e r c e l l s or l y s a t e w i t h a microporous membrane, the average 
TMP i s most dominant i n i n c r e a s i n g the f i l t r a t e r a t e ; the greater 
the average TMP, the higher the f l u x . This should not imply, how
ever, that c i r c u l a t i o n i s not an important v a r i a b l e to manage. 

Figure 11 i s a flow schematic where the l y s a t e has been pro
duced by a lysozyme d i g e s t . The f i n a l volume of the l y s a t e was 10.6 
l i t e r s and a t o t a l of 12.7 grams of IgG was assayed i n the l y s a t e 
suspension. When lysozyme was used to l y s e the c e l l s , a very viscous 
s o l u t i o n was created due to the l a r g e strands of DNA that are gener
ated compared to the s o n i c a t i o n method. With s o n i c a t i o n , the DNA 
tends to be broken up i n t o smaller fragments because of the shear 
forces generated. To reduce the v i s c o s i t y of the l y s a t e suspension, 
streptomycin s u l f a t e was added which p r e c i p i t a t e s the DNA. The 
l y s a t e was then concentrated to 700 ml w i t h an 0.45 micron pore s i z e 
microporous membrane. A f t e r c o n c e n t r a t i o n , 6 grams of the IgG r e 
mained i n the r e t e n t a t e , w h i l e only 3.1 grams passed through the 
membrane i n t o the f i l t r a t e , Concentration of the p r o t e i n s o l u t i o n 
from 9.65 l i t e r s to 900 ml w i t h the UF membrane d i d recover a l l of 
the 3.1 grams of IgG i n i t i a l l y i n the f i l t r a t e from the microporous 
membrane. 

In an e f f o r t to develop a method which would recover more of the 
IgG from the l y s a t e c o n c e n t r a t i o n r e t e n t a t e , s e v e r a l procedural 
changes were made. F i r s t , DNAse 1 was added to the lysozyme pro
duced l y s a t e i n order to reduce the s i z e of the DNA. Second, a more 
extensive washing procedure was i n s t i t u t e d . Figure 12 shows the 
r e s u l t s obtained w i t h these changes. I n i t i a l l y , there was 3.5 grams 
of IgG i n the l y s a t e r e t e n t a t e . A f t e r a 5 l i t e r constant volume wash 
w i t h s a l i n e , 2.2 grams of IgG were found i n the f i l t r a t e , or 61% of 
the IgG had been separated from the r e t a i n e d c e l l d e b r i s . Next, 5 
l i t e r s of s a l i n e was added to the 400 ml. During t h i s c oncentration 
step, an a d d i t i o n a l 0.69 grams (20%) of IgG was recovered i n the f i l 
t r a t e . F i n a l l y , another 5 volume constant volume wash w i t h 1.5 l i 
t e r s of s a l i n e was performed, and 0.25 grams of IgG was flushed 
through the membrane. A l l together, w i t h the DNAse and the extended 
washing steps, 88% of the IgG i n i t i a l l y i n the r e t e n t a t e was r e -
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1. G A B L E R A N D RYAN Lysate Processing with Tangential Flow Filtration 11 
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Figure 9. Influence of average transmembrane pressure on membrane 
f l u x (0.45 μπι microporous). R e c i r c u l a t i o n rate (40 p s i ) i s kept 
constant as TMP i s v a r i e d . Operation i s i n the t o t a l r e c y c l e mode. 
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Figure 10. Influence of r e c i r c u l a t i o n rate on membrane f l u x (0.45 
μπι microporous). Transmembrane pressure (60 p s i ) i s kept 
constant. Operation i s i n the t o t a l r e c y c l e mode. 
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12 PURIFICATION O F FERMENTATION PRODUCTS 

E. coli (11L) 

C O N C E N T R A T E (2.25L) 
C E L L S 

f 
LYSE C E L L S 
(LYSOZYME) 

P R O C E S S L Y S A T E (10.6L, 12.7g) 

/ 
R E T E N T A T E 
(0.7L; 6.0g) 

f 
WASH 

/ \ 
R E T E N T A T E FILTRATE 

(.72L; 6g) (2L; 0.87g) 

\ 
FILTRATE 

(9.65L; 3.1g) 

C O N C E N T R A T E PROTEIN 
(100,000 MWCO) 

/ \ 
R E T E N T A T E FILTRATE 
(0.92L; 3.1 g) (10.8L; Og) 

Figure 11. D i s t r i b u t i o n of IgC f o r the d i f f e r e n t process steps. 
The^lysate i s generated v i a the a d d i t i o n of lysozyme to E. c o l i 

PROCESS LYSATE 
(0.45μΜΡ) 

/ \ 
RETENTATE FILTRATE 
(0.81 L; 3.58g) 

5 LITER CONSTANT VOLUME WASH 

/ \ 
RETENTATE FILTRATE 
(0.4L;0.82g) (5.1L;2.2g) 

ADD 5L BUFFER 
/ \ 

RETENTATE FILTRATE 
(0.31L;0.36g) (5L; 0.69g) 

f 
1.5 LITER CONSTANT VOL. WASH 

/ \ 
RETENTATE FILTRATE 
(.3L;0.21g) (1.5L;0.25g) 

Figure 12. Lysate washing to recover IgC from r e t e n t a t e . Each 
a d d i t i o n a l washing of the o r i g i n a l r e tentate w i l l recover more 
IgC i n the f i l t r a t e . The f i r s t constant volume wash was the most 
important. 
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1. G ABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 13 

covered. A d d i t i o n a l washes would presumably have recovered the l a s t 
12% of IgG. 

Figures 13 and 14 r e s p e c t i v e l y show the r e l a t i o n s h i p of average 
trans membrane pressure and c i r c u l a t i o n r a t e on f l u x f o r both whole 
c e l l s and l y s a t e suspensions. The l y s a t e was produced v i a the 
lysozyme procedure. Q u a l i t a t i v e l y , the behaviors are q u i t e s i m i l a r 
to those seen i n Figures 9 and 10 where the c e l l s are ly s e d by 
s o n i c a t i o n . Beyond minimum c i r c u l a t i o n flows, l i t t l e e x t r a f l u x i s 
a t t a i n e d as the c i r c u l a t i o n r a t e i n c r e a s e s . The average TMP i s the 
dominant f a c t o r i n producing f l u x , however, i f P i n - Pout i s l e s s 

than about 20 p s i , debris can accumulate at the membrane surface and 
i n h i b i t flow. I t should be emphasized that these r e s u l t s p e r t a i n to 
0.45 micron pore s i z e microporous membrane only. 

The c i r c u l a t i o n r a t e of the p r o t e i n s o l u t i o n across the top si d e 
of the membrane does have an i n f l u e n c e on f l u x w i t h the u l t r a f i l t r a 
t i o n membrane. Figure 15 shows a p l o t of f i l t r a t e r a t e versus 
c i r c u l a t i o n r a t e as measured by (P i n - p o u t ) where average TMP i s 
held constant. As the c i r c u l a t i o n r a t e i s increased so too does mem
brane f l u x . The i n i t i a l i n crease ( P i n - P o u t ^ n a s t h e m o s t profound 
e f f e c t on f l u x , but subsequent increases i n ( P i n - Pout) a l s o gives 
greater f l u x e s . Figure 16 shows the r e s u l t s of a t o t a l r e c y c l e ex
periment i n v e s t i g a t i n g the i n f l u e n c e of TMP on membrane f l u x when 
l y s a t e p r o t e i n i s processed w i t h a UF membrane. A d i r e c t l i n e a r 
r e l a t i o n s h i p i s seen. So, to maximize f l u x f o r concentrating p r o t e i n 
s o l u t i o n s w i t h UF membranes, high TMP's and high c i r c u l a t i o n r a t e s 
are needed. This behavior i s somewhat d i f f e r e n t than f o r c e l l s and 
l y s a t e w i t h a microporous membrane. 

Operating c o n d i t i o n s which maximize membrane f l u x do not neces
s a r i l y maximize p r o t e i n throughput. Higher f l u x e s a l s o t r a n s p o r t 
more m a t e r i a l to the membrane surface that can c o n t r i b u t e to the 
p o l a r i z a t i o n l a y e r or can become lodged i n the depth of the f i l t e r , 
and these e f f e c t s w i l l lead the membrane to r e j e c t more IgG mole
c u l e s . To determine which one of s e v e r a l competing e f f e c t s w i l l 
dominate to i n f l u e n c e the flow of IgG across the membrane, t o t a l 
r e c y c l e experiments were performed i n which the instantaneous con
c e n t r a t i o n of IgG was measured i n the f i l t r a t e stream as a f u n c t i o n 
of d i f f e r e n t o p e r a t i o n a l v a r i a b l e s . Figure 17 shows both the mem
brane f i l t r a t i o n r a t e and conce n t r a t i o n of IgG i n the f i l t r a t e versus 
c i r c u l a t i o n r a t e w h i l e average TMP i s hel d constant. As the c i r c u 
l a t i o n r a t e and a l s o the f i l t r a t i o n r a t e i s increased, so to i s the 
concentration of the IgG i n the f i l t r a t e at any one time. Figure 18 
shows the same e f f e c t f o r i n c r e a s i n g average TMP as c i r c u l a t i o n r a t e 
i s held constant. Again, as the f l u x i s increased, the concentration 
of IgG i n the f i l t r a t e stream goes up ac c o r d i n g l y . For the r e s u l t s 
shown i n Figures 17 and 18, the bulk concentration of IgG i n the 
feed i s about one g r a m / l i t e r , and i t should be no t i c e d that t h i s 
bulk c o n c e n t r a t i o n does not pass the membrane unabated. The p o l a r 
i z a t i o n l a y e r formed by the c e l l d ebris and fragments i s a c t i n g to 
re t a r d the flow of IgG through e i t h e r the p o l a r i z a t i o n l a y e r or the 
membrane i t s e l f . A s o l u t i o n of IgG alone w i l l be f r e e l y permeable 
through a microporous membrane with an 0,45 micron pore s i z e . How
ever, the concentration values of 70-80% of the bulk feed concen
t r a t e can be a t t a i n e d i n the f i l t r a t e by the proper choice of the 
f i l t r a t i o n operating c o n d i t i o n s . 

As the l y s a t e i s concentrated, the instantaneous concentration 
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Figure 13. Influence of transmembrane pressure on f l u x (0.45 μπι 
microporous). Lysate was produced v i a the lysozyme procedure. 
The same general behavior as f o r s o n i f i e d l y s a t e i s seen here. 

10 20 30 40 
PIN - P O U T (psi) 

Figure 14. Influence of r e c i r c u l a t i o n rate on membrane f l u x (0.45 
μπι microporous). Lysozyme was used to make the l y s a t e . Constant 
average TMP = 45 p s i . 
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G A B L E R A N D RYAN Lysate Processing with Tangential Flow Filtration 

Figure 15. Influence of the c i r c u l a t i o n rate on membrane f l u x 
(100,000 MWCO UF). At a constant transmembrane pressure (45 p s i ) , 
the f l u x of a UF membrane i s dependent on c i r c u l a t i o n rate f o r a 
pr o t e i n s o l u t i o n . 

200 

10 20 30 40 
AVG. TMP(psi) 

50 

Figure 16. Influence of transmembrane pressure on membrane f l u x 
(100,000 MWCO UF). Ρ. -P = 30 p s i . 

i n out c 
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16 PURIFICATION OF FERMENTATION PRODUCTS 

1000 

ε 
1 
LU 
I-< 
OC 
ζ 
g 
< 

800 

600 

400 

200 

10 20 30 40 
p i N - P O U T (psi) 

50 

0.8 3 
d 

0.6 

0.4 

ο ϋ 
ϋ 
σ> 
LD 
< 
CC 

0.2 Χ 
χ 

Figure 17. Membrane f l u x and instantaneous f i l t r a t e IgC concen
t r a t i o n as a f u n c t i o n of f i l t r a t i o n rate (0.45 μπι microporous). 
As the c i r c u l a t i o n rate or f l u x increases, the concentration of 
IgC i n the f i l t r a t e increases a l s o . Bulk concentration of IgC 
i n the feed i s about 1 g / l i t e r . Operation i s i n the t o t a l r e c y c l e 
mode. Constant TMP = 45 p s i . 
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Figure 18. Membrane f l u x and instantaneous f i l t r a t e IgC concen
t r a t i o n as a f u n c t i o n of transmembrane pressure. Operation i s i n 
the t o t a l r e c y c l e mode. As f l u x increases, IgC concentration 
increases a l s o . Bulk concentration of IgC i n the feed i s 1 g/ 
l i t e r . Constant P. -P = 30 p s i . 
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1. G ABLER A N D RYAN Lysate Processing with Tangential Flow Filtration 17 

of IgG i n the f i l t r a t e r i s e s . This e f f e c t i s shown i n Figure 19 
where the l y s a t e suspension used f o r the t o t a l r e c y c l e experiments 
(Figures 17 and 18) was concentrated. P l o t t e d i n Figure 19 are both 
the membrane f i l t r a t i o n r a t e and concentration of IgG i n the f i l 
t r a t e stream as a f u n c t i o n of the % conversion of t o t a l feed volume 
to f i l t r a t e . The f l u x remains r e l a t i v e l y constant, however, the IgG 
concentration increases w i t h time or % conversion of feed to f i l 
t r a t e . Theory would p r e d i c t t h i s e f f e c t f o r a s o l u t e molecule where 
the membrane has a constant r e j e c t i o n c o e f f i c i e n t f o r the p r o t e i n . 
Because the IgG molecules i n the feed are not f r e e l y permeable 
through the membrane, the IgG w i l l become concentrated w i t h time on 
the up si d e of the membrane. For any p a r t i c u l a r r e j e c t i o n co
e f f i c i e n t of the membrane f o r the IgG, as the IgG conce n t r a t i o n i n 
creases i n the r e t e n t a t e , a higher absolute amount of IgG w i l l pass 
the membrane. T h e o r e t i c a l l y f o r a pure s o l u t e s o l u t i o n , the con
c e n t r a t i o n of that s o l u t e i n the f i l t r a t e i s described by 

C p = C 0 ( l - R ) ( l - % ) " R (1) 

where C p i s the instantaneous concentration of s o l u t e i n the f i l 
t r a t e , CQ i s t n e bulk concentration of s o l u t e on the feed s i d e of 
the membrane, and % i s the % conversion from feed volume to f i l 
t r a t e volume. R i s the membrane's r e j e c t i o n c o e f f i c i e n t . 

P l o t t i n g "Equation 1" gives a curve that i s q u a l i t a t i v e l y 
s i m i l a r to that seen i n Figure 19. I t i s not productive to f i t 
"Equation 1" to the curve i n Figure 19 because i n the a c t u a l con
c e n t r a t i o n a changing r e j e c t i o n c o e f f i c i e n t was observed. From an 
op e r a t i o n a l p e r s p e c t i v e , i n order to al l o w maximum amount of IgG or 
other p r o t e i n to pass the membrane, the feed s o l u t i o n should be con
centrated to as small a volume as p o s s i b l e . The higher the con
v e r s i o n of feed to f i l t r a t e , the greater w i l l be the amount of pro
t e i n that passes i n t o the f i l t r a t e . The l a s t p o r t i o n of f i l t r a t e 
has the highest concentration of IgG and hence, s p e c i a l care should 
be taken f o r the recovery of t h i s p o r t i o n . On the other hand, i f i t 
i s d e s i r e d to r e t a i n m a t e r i a l , the processed volume should not be 
concentrated down as f a r as p o s s i b l e . 

D i s c u s s i o n and Conclusions 

From the work presented here, i t i s c l e a r that IS. c o l i l y s a t e s can 
be processed w i t h membrane systems, and that s p e c i f i c non aggre
gated p r o t e i n s can be q u a n t i t a t i v e l y recovered without s i g n i f i c a n t 
l o s s e s . With our system, membrane processing s t a r t s w i t h c e l l s 
from a fermentor and ends up w i t h a crudely f r a c t i o n a t e d and con
centrated p r o t e i n s o l u t i o n . This i s a l l accomplished w i t h b a s i 
c a l l y the same equipment and by usi n g both microporous and u l t r a 
f i l t r a t i o n membranes. 

In terms of o p t i m i z i n g system performance, the f l u x f o r both 
c e l l s and l y s a t e suspensions seem to be most s t r o n g l y i n f l u e n c e d by 
the average trans membrane pressure, although maintaining a minimum 
c i r c u l a t i o n flow i s c r i t i c a l a l s o . Flux r a t e s on microporous mem
branes f o r l y s a t e s are t y p i c a l l y l e s s than f o r whole c e l l suspensions 
as would be expected because of the dispersed c e l l d e b r i s present. 
F i l t r a t e s from l y s a t e processing are t y p i c a l l y c l e a r , but do depend 
on the membrane used and the method of l y s i n g the c e l l s . The u l t r a -
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Figure 19. Membrane f l u x and instantaneous f i l t r a t e IgC concen
t r a t i o n as a f u n c t i o n of conversion of feed to f i l t r a t e (0.45 
urn microporous). The l y s a t e i s being concentrated w i t h time. 
The membrane r e j e c t i o n c o e f f i c i e n t changes with time, as does the 
concentration of IgC i n the f i l t r a t e . P. = 60 p s i ; i n = 30 p s i . 
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1. GABLER AND RYAN Lysate Processing with Tangential Flow Filtration 19 

f i l t r a t i o n c o n centration step proceeds r e l a t i v e l y q u i c k l y because an 
already c l a r i f i e d s o l u t i o n i s being processed. The f l u x through the 
u l t r a f i l t r a t i o n membrane i s more dependent on c i r c u l a t i o n r a t e than 
f o r the microporous case. For the UF con c e n t r a t i o n , both high trans 
membrane pressure and high c i r c u l a t i o n r a t e s are app r o p r i a t e . The 
method of reducing the v i s c o s i t y due to DNA i n the l y s a t e appears to 
be f a i r l y important. M i l d p r e c i p i t a t i o n c o n d i t i o n s , without sub
sequent removal of the DNA w i l l c o n t r i b u t e to i n h i b i t the passage of 
p r o t e i n through the microporous membrane, DNAse treatment appears to 
be a b e t t e r method f o r removing the DNA step compared to the use of 
streptomycin s u l f a t e . 

Unaggregated p r o t e i n passage through the microporous membrane 
has been shown to be f l u x dependent. I f the flow or f l u x i s i n 
creased, so too i s the instantaneous concentration of the IgG. How
ever, the IgG concentrations i n the f i l t r a t e , under the c o n d i t i o n s 
t e s t e d , were s t i l l l e s s than the bulk concentration of IgG i n the 
feed. Under no circumstances d i d we see passage of the IgG through 
the 100,000 NMWL UF membrane, and the assay system was s e n s i t i v e 
down to 0.01 g / l i t e r . Complete passage of the IgG through the micro
porous membrane re q u i r e s some degree of washing. The other s o l u b l e 
molecules or the d e b r i s present decrease the e f f e c t i v e pore s i z e of 
the microporous membrane. The amount of washing needed w i l l depend 
on the method of l y s i s . S o n i c a t i o n produced l y s a t e s r e s u l t e d i n 
f r e e r passages of IgG compared to lysozyme produced l y s a t e s . A l 
though, i n both cases, washing was needed f o r f u l l p r o t e i n recovery. 

Lysate processing w i t h membrane f i l t e r s i s not l i m i t e d to lab 
a p p l i c a t i o n s ( 1 ) as Quirk and Woodrow processed gram and kilogram 
s c a l e q u a n t i t i e s of Pseudomonas sp. f o r the purpose of i s o l a t i n g 
enzymes. Compared to c e n t r i f u g a t i o n procedures, the f i l t r a t i o n 
system gave s i g n i f i c a n t l y higher s p e c i f i c a c t i v i t i e s (0.85 vs 0.2) 
fo r the enzyme a r y l amidase. For carboxypeptidase, upwards of 85% 
a c t i v i t y was recovered from the o r i g i n a l l y s a t e and the f i l t r a t i o n 
system was b e t t e r i n terms of t o t a l y i e l d and process time needed 
compared to c e n t r i f u g a t i o n . These authors concluded that t a n g e n t i a l 
flow f i l t r a t i o n possessed a number of advantages, and that f i l t r a t i o n 
was a p r a c t i c a l a l t e r n a t i v e to c e n t r i f u g a t i o n . 
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2 
Application, Sterilization, and Decontamination 
of Ultrafiltration Systems for Large-Scale Production 
of Biologicals 

R. T. RICKETTS, W. B. LEBHERZ III, F. KLEIN1, MARK E. GUSTAFSON2, 
and M. C. FLICKINGER 

National Cancer Institute, Frederick Cancer Research Facility, Fermentation Program, Frederick, 
MD 21701 

Several ultrafiltration (UF) membrane systems have been 
evaluated for large-scale (20-300 liter) recovery of 
lymphokines, virus and monoclonal antibodies from 
eukaryotic cells and for concentration of a microbially 
produced cytotoxic chromoprotein, largomycin F-ll . 
Membrane concentration and recycle of viable eukaryotic 
cells has been studied in order to produce high concen
trations of antibodies and lymphokines. Fetal bovine 
serum loads (0-15%) have been studied. Some parallel 
flow UF systems have limitations in flow rate/membrane 
area, shear forces, membrane reusability (cost), cleana-
bility and potential for scale-up to processing of 
larger volumes. These applications require the inte
gration of UF into the process without contamination of 
concentrated supernatant or recycled cells. Hypo
chlorite, azide and mild base have been found to be 
effective for chemical membrane sterilization, cleaning 
and restoration. Effective in situ steam sterilization 
requires staging. Membrane performance is directly 
related to preparation, cleaning, and handling 
procedures. 

This brief overview describes some experiences using tangential-flow 
and dead-end ultrafiltration techniques for concentration of 
eukaryotic cells, proteins and virus. The data and conclusions 
presented here have been drawn from process development work 
employing available apparatus and should be considered preliminary, 
rather than definitive or exhaustive. Previous ultrafiltration 
systems have been described (1-14) for both bench and pilot scale 
separations of proteins and virus. This paper primarily summarizes 
work on cartridge and sheet filter systems and their application to 
processes requiring sterilizable and contained systems. 

1Current address: Cell-Max Corporation, Hagerstown, MD 21740. 
2Current address: Monsanto Company, St. Louis, MO 63167. 

0097-6156/ 85/ 0271-0021 $08.00/ 0 
© 1985 American Chemical Society 
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Eukaryotic Cell Concentration and Cell Recycling 

Cartridge Systems. Cartridge systems have been used to remove a 
variety of particulates from suspensions, but very l i t t l e has been 
done on their applicability to eukaryotic c e l l culture harvest or 
recycling systems. Bench-scale studies were undertaken to explore 
readily scalable sterilizable and relatively inexpensive cartridges 
for application to eukaryotic c e l l cultures. Figure 1 shows the 
schematic of the f i r s t experimental setup for bench-scale dead-end 
f i l t r a t i o n employing a 2 square foot (sq. ft.) Pall 0.2 micron 
pleated cartridge. A l l culture-contact components were sterilized 
by autoclaving. Low positive pressures were used to drive the 
f i l t r a t i o n . A positive displacement (ColeParmer Masterflex) peri
s t a l t i c pump was used to control the rate of flow of f i l t r a t e . A 
pressure differential of 2 to 3 prounds per square inch (psi) was 
maintained as well as possible during this 6 l i t e r t r i a l . Maximum 
observed pressure differential (delta P) was 4 psi. Culture volume 
was reduced to system minimum dead volume after which the pump was 
reversed to back-flush loosely adherent cells from the f i l t e r 
surface. Twenty-five percent of the original c e l l population was 
recovered in the 10X concentrate provided by the back-flushed 
material. Figure 2 shows an experimental design which incorporates 
a modified f i l t e r housing providing a side arm to recirculate c e l l 
culture retentate back to the culture vessel and to sweep cells from 
the f i l t e r surface. Recirculation was by a double pump head 
(CP 7017) at the rate of approximately 1 liter/min. Filtration 
rates of 50-200 mls/min. were employed in various tests of this 
system. The pressure drop across the membrane did not exceed 2.5 to 
3.0 psi. Various specialized baffles were tested in the annulus 
between the pleated cartridge and the housing including silicone 
jackets and stainless steel spirals, in efforts to increase the 
sweeping action of the recirculating culture fluids. Back-flushing 
with f i l t r a t e was done by reversing the f i l t r a t e pump. This alone 
did not significantly improve c e l l recovery. Fresh media entered 
the system from either of the supply vessels and was recirculated 
following the addition period. This recirculation did improve c e l l 
recovery by 15-25% overall. Cell recoveries in this system were 
improved over the dead-end f i l t r a t i o n when done by retrograde flow 
or back-flush, but only to 40 to 50% of the original c e l l population 
recovered. These techniques indicate that present torturous path 
cartridge systems may be quite suitable for eukaryotic c e l l harvest 
and/or harvest followed by semi-continuous growth of such cultures, 
as l i t t l e decrease in recovered c e l l v i a b i l i t y was observed so long 
as shear forces were minimized and excessive pressure changes were 
avoided. Cell regrowth subsequent to these concentration tests 
was superior to the i n i t i a l growth cycle, or to normal saturation 
densities. Low total recoveries indicate that these f i l t e r s are not 
suitable for concentrated c e l l culture techniques. 

The same cartridge f i l t e r s with 2-4 sq. f t . surface area were 
employed in a pilot-scale production f a c i l i t y for semi-continuous 
growth of a murine lymphokine-producing c e l l line. This was done 
as dead-end f i l t r a t i o n s , harvesting 80 to 85% of the 20-40 l i t e r 
culture as cell-free f i l t r a t e and retaining 15 to 20% for inoculum 
to be regrown after volume restoration with fresh medium. No 
attempts were made to recirculate or back-flush the f i l t e r 
cartridges. 
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Figure 1. C e l l concentration "dead end" t e s t . 

Receiving Filtrate 
Vessel 

"B" Media Supply 

Figure 2. C e l l concentration " r e c i r c u l a t i o n " t e s t . 
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A l l components i n these product runs i n c l u d i n g f i l t e r s were 
s t e r i l i z e d i n s i t u by steam. Cooling and dryi n g was accomplished 
by s t e r i l e a i r . 

Tangential-Flow U l t r a f i l t r a t i o n . F i l t r a t i o n systems designed to 
incorporate sweeping of the membrane during f i l t r a t i o n are l e s s 
s u s c e p t i b l e to clogging than s t a t i c systems. S t i r r e d - c e l l t e c h n i c s 
are e f f e c t i v e f o r some macrosolutes but may i n v o l v e excessive shear 
f o r c e f o r e u k a r y o t i c c e l l s . M o d i fied plate-and-frame f i l t e r systems 
i n c o r p o r a t i n g t a n g e n t i a l flow and r e c i r c u l a t i o n of r e t e n t a t e should 
provide minimum shear w h i l e avoiding excessive f i l t e r c l ogging. 
Figure 3 shows a cross s e c t i o n of one such system ( M i l l i p o r e 
P e l l i c o n ) . Only r e t e n t a t e flow and manifolds are i l l u s t r a t e d . In 
t h i s system, p a i r s of Durapore membranes are separated by mesh 
(Figure 4A) or s i l i c o n e l i n e a r channels (4C) w i t h r e t e n t a t e i n l e t 
through the openings at one end of the screen, e x i t at the opposite 
end. In t h i s flow p a t t e r n , r e t e n t a t e t r a v e l s p a r a l l e l to the 
membrane su r f a c e , the number of r e t e n t a t e pathways employed v a r i e s 
w i t h d e s i r e d f i l t e r surface area. Figure 3 represents the P e l l i c o n 
u n i t setup w i t h three membrane p a i r s , or 1 1/2 sq. f t . of membrane. 
Figure 5 shows permeate or f i l t r a t e flow paths from the same setup, 
w i t h f i l t r a t e s passing through the membrane and out of the u n i t 
through e i t h e r or both f i l t r a t e manifolds. Figure 6 i l l u s t r a t e s 
our m o d i f i c a t i o n f o r a serpentine-flow pathway created by b l o c k i n g 
r e t e n t a t e channels i n one end of the f i l t r a t e screens (Figure 4). 
The conventional f i l t r a t e screen, (4B), has openings complementary 
to those of the r e t e n t a t e screens. B l o c k i n g the r e t e n t a t e channels 
at one end i s performed by s i l i c o n e (4D). I n c o r p o r a t i o n of two such 
modified screens provides f o r serpentine-flow through the u n i t w i t h 
the e n t i r e r e t e n t a t e volume sweeping each membrane p a i r . Table I 
compares these two techniques. 

Table I . Comparison of P a r a l l e l and Serpentine Flow 

P a r a l l e l - F l o w Pathway 
Advantage: S i m p l i c i t y 

Disadvantage: Doubling f i l t e r area halves c r o s s - f l o w per u n i t 
area. 

Serpentine-Flow Pathway 
General: System r e q u i r e s odd number of f i l t e r sheet p a i r s . 

Advantage: Cross-flow per u n i t area not as r a p i d l y reduced 
by increased area. 

Disadvantage: Only one l e f t - c h a n n e l block and one ri g h t - c h a n n e l 
block allowed per stack, each nearest r e t e n t a t e 
p o r t s . _ _ 

This p a r a l l e l - f l o w system i s that f o r which the u n i t was designed, 
but f o r c e l l harvests or r e c y c l i n g t e c h n i c s i t s u f f e r s by reducing 
f i l t e r c r o s s - f l o w by h a l f f o r each doubling of f i l t e r area - a 
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Figure 3. Conventional p a r a l l e l - f l o w pathway ( r e t e n t a t e flow only 
shown). Key: 1, retentate i n l e t d i s t r i b u t i o n manifold; 
2, retentate o u t l e t d i s t r i b u t i o n manifold; - — -, end gasket; 
- - - -, f i l t r a t e screen; - - — , membrane f i l t e r (Durapore); 
• · — , retentate screen on l i n e a r path r e t e n t a t e channel; 

ret e n t a t e p a r a l l e l - f l o w pathway.  P
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Figure 5. F i l t r a t e flow paths. Key: 1 and 2, f i l t r a t e manifolds; 
- -» end gasket; - - - -, f i l t r a t e screen; - - , membrane 
f i l t e r (Durapore); ·· , retentate screen on l i n e a r path retentate 
channel; f i l t r a t e flow pathway ( c o n v e n t i o n a l ) . 
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28 PURIFICATION OF FERMENTATION PRODUCTS 

^ ^ ~ ^ 

Figure 6. Serpentine-flow pathway generated by m o d i f i c a t i o n of 
f i l t r a t e screens ( r e t e n t a t e flow only shown). Key: 1, retentate 
i n l e t d i s t r i b u t i o n manifold; 2, retentate o u t l e t d i s t r i b u t i o n 
manifold; , end gasket; , f i l t r a t e screen; , 
membrane f i l t e r (Durapore); · · — , retentate screen on l i n e a r 
path retentate channel; retentate serpentine-flow pathway. 
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s i t u a t i o n which has been found to lead to some membrane clogging and 
which l i m i t s processing volume and area of f i l t e r employed. The 
1 1/2 sq. f t . u n i t i s the maximum that can be used w i t h p a r a l l e l 
flow and one l i t e r / m i n . r e c i r c u l a t i o n r a t e . Exceeding t h i s r a t e 
r e s u l t s i n reduced (50%) recovery r a t h e r than 90 to 95% c e l l popu
l a t i o n recovery a f t e r 1 0 - f o l d concentration. The 1 1/2 sq. f t . 
p a r a l l e l flow system (Figure 7) can process 6 to 10 l i t e r s of 
approximately 2 m i l l i o n vc/ml c e l l c u l t u r e to 1 0 - f o l d concentration 
w i t h r e c i r c u l a t i o n r a t e s of 1 l i t e r / m i n . and f i l t r a t i o n r a t e s of 
approximately 100 ml/min. I t i s p o s s i b l e to shut-off f i l t r a t i o n at 
approximately 1 l i t e r f i l t r a t e i n t e r v a l s or whenever d e l t a Ρ exceeds 
2.5-3.0 p s i and a l l o w 3 to 5 min. r e c i r c u l a t i o n without f i l t r a t i o n 
to sweep l o o s e l y adherent c e l l s f r e e of the membrane surface. 
F i l t r a t i o n i s continued to system dead volume, i . e . no c u l t u r e l e f t 
i n c u l t u r e f l a s k , a f t e r which the f i l t e r i s back-flushed w i t h f r e s h 
medium to purge concentrated c e l l c u l t u r e . Excessive membrane 
cloggi n g can be r e l i e v e d to some degree by b a c k - f l u s h i n g w i t h f i l 
t r a t e during r e c i r c u l a t i o n . This may not be necessary where 
adequate c r o s s - f l o w i s maintained. The serpentine-flow m o d i f i c a t i o n 
can be used w i t h 1 1/2 to 4 1/2 sq. f t . of membrane su r f a c e , but 
does not r e a d i l y s c a l e beyond t h i s s i z e . The l a r g e r surface areas 
have not been t e s t e d i n s t e r i l e o peration to date. One l i m i t i n g 
f a c t o r i s the 1/4 inch i n t e r i o r diameter tubing employed throughout 
the system. Larger diameter tubing and l a r g e r c a p a c i t y low-shear 
pumps, p o s s i b l y coupled w i t h r e d r i l l i n g of the P e l l i c o n b l ock 
r e t e n t a t e manifolds, could a l l o w l a r g e r volume processing. 

In a l l e u k a r y o t i c c e l l c o n centration and r e c y c l i n g procedures, 
c e r t a i n l i m i t i n g f a c t o r s have been i d e n t i f i e d : i ) avoidance of 
shear by maintaining r e s t r i c t i o n - f r e e flow and by using minimum 
d e l t a Ρ to d r i v e the f i l t r a t i o n ( f o r bench-scale c e l l r e c y c l i n g and 
concentration a maximum of 3 to 5 p s i i n l e t pressure was employed, 
w i t h f i l t r a t e back pressure maintained by f i l t r a t e pump r a t e s , 
r e t e n t a t e back pressures were 0-2 p s i from system r e s i s t a n c e ) ; 
i i ) sweeping the membrane by r e c i r c u l a t i o n w i t h f i l t r a t e - f l o w 
stopped to c l e a r l o o s e l y adherent c e l l s from the membrane whenever 
d e l t a Ρ exceeds 2.5 to 3.0 p s i ; and i i i ) b a c k f l u s h i n g w i t h medium 
at the termination of the run to purge the membrane surfaces and 
channels of concentrated c e l l c u l t u r e . 

A s i m i l a r experimental setup i s used f o r bench-scale t e s t i n g , 
w i t h the P e l l i c o n u n i t replaced by the M i n i t a n ( M i l l i p o r e ) s m a l l -
s c a l e serpentine flow system. Figure 8 shows the M i n i t a n f i l t e r 
packet ( r i g h t ) and the l i n e a r channel r e t e n t a t e gasket ( l e f t ) . 
Serpentine flow i s achieved by a l t e r n a t i n g l e f t - and right-handed 
p o s i t i o n s f o r the r e t e n t a t e path. This u n i t can hold 1/2 sq. f t . 
of f i l t e r area i n 0.1 sq. f t . packets, and i s u s e f u l f o r volumes to 
a maximum of 3-5 l i t e r s . 

P r o t e i n P u r i f i c a t i o n 

Recovery of Largomycin F - I I . Largomycin F-II i s a chromoprotein of 
approximately 30,000 MW produced by Streptomyces p l u r i c o l o r e s c e n s . 
In a d d i t i o n to largomycin F - I I , s e v e r a l other b i o l o g i c a l l y a c t i v e 
p r o t e i n s , ranging i n apparent molecular weight from l e s s than 1,000 
to greater than 400,000 are present i n the fermentation b r o t h . 
Using the B i o l o g i c a l Induction Assay (BIA) and Micrococcus l u t e u s 
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Filtrate 

Cell 
Culture 

Figure 7. M i l l i p o r e P e l l i c o n or Mi n i t a n operating schematic. 

Figure 8. Min i t a n system. 
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(ML) as measures f o r b i o l o g i c a l a c t i v i t y , these contaminating a c t i v e 
p r i n c i p l e s must be removed from the largomycin F-II during 
processing. 

Largomycin F - I I may be i s o l a t e d from S_. p l u r i c o l o r e s c e n s 
fermentation b r o t h from e i t h e r the supernatant or the mycelium. The 
recovery scheme f o r the cake p u r i f i c a t i o n process and the super
natant recovery process are shown i n Figures 9 and 10. The advan
tages of the cake procedure i n c l u d e low protease a c t i v i t y i n i t i a l l y 
and higher F - I I s p e c i f i c a c t i v i t y . The supernatant contains more 
largomycin F - I I (up to 400 micrograms/ml of broth) than does a cake 
e x t r a c t , but a l s o contains many more contaminating p r o t e i n s derived 
from the c u l t u r e medium and consequently r e q u i r e s more processing 
steps. Both procedures i n c l u d e s e v e r a l d i f f e r e n t u l t r a f i l t r a t i o n 
steps. 

One step c o n s i s t e n t w i t h both processing schemes i s the g e l 
permeation chromatography on Sephadex G-100. I n i t i a l l y , c onsider
able d i f f i c u l t y occurred i n preparing a concentrated largomycin F - I I 
r i c h s o l u t i o n i n a s u f f i c i e n t l y s m a ll volume (2L) having a v i s c o s i t y 
low enough to e f f i c i e n t l y and r a p i d l y pass through the G-100 stack 
column. By passing largomycin F - I I r i c h m a t e r i a l s through a 0.45 
micron Durapore f i l t e r ( M i l l i p o r e , P e l l i c o n ) we were able to remove 
enough of the high v i s c o s i t y m a t e r i a l s to produce concentrated 
s o l u t i o n s of largomycin F - I I (about 20,000 micrograms/ml) which were 
i d e a l f o r chromatography on the Sephadex stack column. Passage 
through the Durapore had the added b e n e f i t of removing e s s e n t i a l l y 
a l l of the F-I f r a c t i o n from the F - I I , e l i m i n a t i n g the need f o r the 
ammonium s u l f a t e p r e c i p i t a t i o n step. The flow chart f o r a t y p i c a l 
experiment i s shown i n Figure 11. HPLC t r a c i n g s f o r each of these 
f r a c t i o n s (Figure 12) shows the improved separation w i t h each 
u l t r a f i l t r a t i o n step. 

In the course of largomycin F - I I process development, the 
performance of a v a r i e t y o f u l t r a f i l t r a t i o n methodology was 
evaluated. M i l l i p o r e , Dorr O l i v e r and DDS sheet and Amicon hollow 
f i b e r equipment were t e s t e d . The data i s presented i n Table I I . 
The greater success w i t h the Dorr O l i v e r system i s probably due to 
the c e l l u l o s i c nature of these membranes, as the largomycin F - I I 
supernatant d i d contain polypropylene-derived antifoâming agents 
which are known to suppress f l u x r a t e s across p o l y s u l f o n e membranes. 
The f l u x r a t e s f o r a l l sheet systems were s u p e r i o r to those observed 
w i t h the hollow f i b e r system. 

Recovery of Monoclonal A n t i b o d i e s . The systems used at the bench-
s c a l e f o r concentration and p a r t i a l p u r i f i c a t i o n of murine hybridoma 
monoclonal antibody were e s s e n t i a l l y i d e n t i c a l to those shown 
e a r l i e r f o r membrane ( P e l l i c o n ) processing of c e l l c u l t u r e s . 
Instead of the Durapore membranes employed f o r c e l l p r o c e s s i n g , 
p r o t e i n s were concentrated w i t h 100- 30- 10-K d a l t o n nominal 
molecular weight p o l y s u l f o n e membranes. The antibody produced i s 
on the order of 140,000 daltons. Table I I I emphasizes the impor
tance of the term "nominal n i n molecular weight c u t o f f s . The 
nominal weight i s determined by the vendor f o r standard g l o b u l a r 
p r o t e i n s i n s p e c i f i e d s o l u t i o n s . When the p r o t e i n of i n t e r e s t 
occurs i n small amounts i n h i g h l y complex p r o t e i n mixtures such as 
t i s s u e c u l t u r e medium; or when the i o n i c s t r e n g t h i s a l t e r e d to 
in f l u e n c e p r o t e i n aggregation, and p o s s i b l y the membrane i t s e l f , 
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Supernatant 

Spent cake 

LM Fermentation Broth 

Filter press 

Cake 

Extract with V2 volume P0 4 buffer, pH 7, 0.01 M 
Mix for several hours, filter in filter press 

Rich Extract 

Concentrate on WFE, approximately 8-fold 

Rich Concentrate 

Centrifuge, M-16s 

Clarified Concentrate 

Dialyze/concentrate on DC-50 with in-line GAF 
filtration 

Dialyzed Concentrate 

Pass through 0.45 μ Durapore filter 

Durapore Permeate 

Concentrate with 10K membrane on Pellicon 

Stack Starting Material 

Pass through Sephadex G-100 
Pool F-II rich fractions 

Stack Product Pool 

Concentrate with 10K membrane on Pellicon 
Dialyze if necessary 
Chromatograph on HA, 0.1 m M to 20 m M gradient 
Pool F-II rich fractions, concentrate, lyophilize 

Final Product Largomycin F-II 

Figure 9. Largomycin F-II cake recovery scheme. 
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LM Fementation Broth 

Cake Filter press 

Filtered Supernatant 

0.45 μ Filter Concentrate on WFE, approximately 5-fold 

WFE Concentrate 
Cone. With 

Pellicon 
Door Oliver 
DC-50 
DDS 

Rich Concentrate 

Centrifuge, M-16s 

Dialyze/concentrate on DC-50 

Dialyzed Concentrate 

Treat with equal volume sat. (NH4)2S04 

Mix, centrifuge M-16s 

Clarified Concentrate 

Dialyze/concentrate on DC-50 

Dialyzed Concentrate 

Pass through 0.45 μ Durapore filter 

Durapore Permeate 

Concentrate with 10K membrane on Pellicon 

Stack Starting Material 

Chromatograph on HA 0.1 m M to 20 m M gradient 
Pool F-II rich fractions, concentrate, lyophilize 

Pass through Sephadex G-100 
Pool F-II rich fractions 
Concentrate with 10K membrane on Pellicon 

Stack Column Product 

Chromatograph on HA, 10 m M Flash column 
Pool F-II rich fractions 
Concentrate with 10K membrane on Pellicon 

Flash HA Column Product 

Final Product Largomycin F-II 

Figure 10. Largomycin F-II supernatant recovery scheme. 
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LM 85-FD (600 g, 6%-7% F-ll) 

+ 4 liters H 2 0 

LM 85-30' (11.2 mg/ml, ca. 4 liters, 44.8 g F-ll) 

Durapore 

+ 2 liters H20 

Durapore 

+ 2 liters H 2 0 

Durapore 

F-ll Permeates 

LM 85-31 (8.1 mg/ml, ca. 3.3 liters = 26.7 g) 

LM 85-33 (5.2 mg/ml, ca. 2 liters = 10.5 g) 

LM 85-35 (2.95 mg/ml, ca. 2 liters 5.9 g) 
43.1 g 

LM 85-36 (2 mg/ml, ca. 2.7 liters, 5.4 g F-ll) 

Figure 11. LM 85-FD Durapore processing. 
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F-ll 

LM 85-30' 
Starting material 

LM 85-33 Retentate after LM 85-35 LM 85-36 
Second filtrate second pass Third filtrate Final retentate 

Figure 12. Durapore processing of LM 85 supernatant. 
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Table I I . Concentration of 0.45 μπι F i l t e r e d Largomycin F-II 
Supernatant w i t h U l t r a f i l t r a t i o n Units 

Vendor 

Parameter Millipore Door Oliver Amicon DC-50 DDS 

ft* 5 1.44 50 2.34 
Membrane 10K sheet 10K sheet 10K hollow fiber 20K sheet 

Polysulfone Cellulose Polysulfone Polysulfone 

Volume/ 9 - 2 liter 10-5 liter 19—4 liter 20-12 liter 
Time 43 min 80 min 30 min 150 min 

GFDs 12.13 50.00 3.87 8.10 

PSI 13 43 25 130 
I/O 0 22 15 73 

Recirculation 3.0 liter/min 11.7 liter/min 24 liter/min 6.5 liter/min 
Rate 

All units operated s steady state with ~ constant flux rates. 

Table I I I . D3 Immunoglobin Concentration as Related to Membrane 
Molecular Weight Cutoff 

MWCO 
0.5 M 
NaCI Sample 

Titer 
(mg IgG/ml) 

Protein 
(mg/ml) 

Specific Activity 
(mg IgG/mg protein) 

Recovery 
(%) 

100K + * Orig. Susp. 
Cone. 
Filtrate 

0.065 
0.957 

0 

27 
107 

0.0024 
0.0089 

80 

+ t Orig. Susp. 
Cone. 
Filtrate 

0.024 
0.137 
0.016 

1.35 
5.70 
ND 

0.0178 
0.0240 

20 

- t Orig. Susp. 
Cone. 
Filtrate 

0.086 
0.726 
0.005 

1.65 
14.5 

ND 

0.0515 
0.0372 

63 

+ t Orig. Susp. 
Cone. 
Filtrate 

0.020 
0.098 
0.016 

1.38 
4.20 
1.58 

0.0145 
0.0233 
0.0101 

36 

10K + t,* Orig. Susp. 
Cone. 
Filtrate 

0.016 
0.703 

0 

0.94 
18.25 

0 

0.0169 
0.0385 

>100 

•RPMI-1640 medium + 15% FBS 
fRPMI-1640 medium + 15% amniotic fluid + 2% FBS 
tReprocessed filtrate from 100K 
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2. RICKETTS ET AL. Ultrafiltration Systems 37 

nominal molecular weight l i m i t of a given membrane and molecular 
weight of the d e s i r e d p r o t e i n product are only g u i d e l i n e s . The c e l l -
f r e e suspensions processed i n the f i r s t four examples are compari
sons between a high p r o t e i n medium and low p r o t e i n medium. A n t i 
body t i t e r s are determined by t r i p l i c a t e samples using an ELISA 
assay system. The standard d e v i a t i o n of r e p l i c a t e t i t e r s on 
concentrated m a t e r i a l s i s approximately 30%. C e l l - f r e e supernatant 
t i t e r s show standard d e v i a t i o n s of approximately 10%. Although 
o r i g i n a l t i t e r s v a r i e d , t h i s v a r i a t i o n i s not r e l a t e d to percent 
recovery (data not included on t h i s t a b l e ) . The two s i g n i f i c a n t 
v a r i a b l e s are p r o t e i n c oncentration and i o n i c s t r e n g t h . In the 
f i r s t example, approximately 80% of the t o t a l p r o t e i n s present 
passed through the 100K d a l t o n membrane, but no antibody could be 
detected i n the f i l t r a t e . Low p r o t e i n s o l u t i o n s showed s i g n i f i c a n t 
l o s s e s even though no a d d i t i o n a l NaCl had been used. When such 
s o l u t i o n s were te s t e d w i t h 0.5M NaCl r e c o v e r i e s were unacceptable, 
and s i g n i f i c a n t t i t e r s of immunoglobulin were seen i n the f i l t r a t e . 
The f i l t r a t e s from these two examples were pooled and reprocessed 
over 10K d a l t o n membrane. Recovery was complete and no a c t i v i t y 
could be demonstrated i n the f i l t r a t e . 

Table IV presents data from runs i n which c e l l c u l t u r e s were 
grown i n a defined serum-free medium w i t h r e l a t i v e l y low t o t a l 
p r o t e i n s . C e l l - f r e e c u l t u r e supernatants were processed over a 
100K d a l t o n membrane w i t h or without NaCl a d d i t i o n s . Both high and 
low s a l t s o l u t i o n s showed some immunoglobulin i n the f i l t r a t e . 
These f i l t r a t e s were reprocessed over a 10K da l t o n membrane w i t h 
complete recovery of immunoglobulin. Another p a i r of runs were 
processed over a 30K da l t o n membrane without immunoglobulin appear
i n g i n the f i l t r a t e s , but w i t h r e l a t i v e l y high r e t e n t i o n of ext r a n 
eous p r o t e i n s . The i m p l i c a t i o n from t h i s i s that f o r t h i s p a r t i c u 
l a r p r o t e i n product, crude c u l t u r e supernatants w i t h p r o t e i n con
c e n t r a t i o n greater than 3.0 mg/ml w i l l give high r e c o v e r i e s a f t e r 
s a l t i n g and processing over a r e l a t i v e l y h igh (100K dalton) 
molecular weight membrane w i t h s i g n i f i c a n t removal of extraneous 
smaller p r o t e i n s i n the f i l t r a t e s . The optimal parameters f o r each 
p r o t e i n must be determined e m p i r i c a l l y . 

Recovery of Lymphokines. A number of p i l o t - s c a l e production runs 
were performed using a murine c e l l l i n e which i s a c o n s t i t u t i v e 
producer of a lymphokine, i n t e r l e u k i n - 3 . This m a t e r i a l i s a p p r o x i 
mately 28,000 d a l t o n s , and was produced i n low p r o t e i n medium, 
1.7% t o t a l r e s i d u a l serum. These production runs were processed 
using the equipment shown s c h e m a t i c a l l y i n Figure 13. These runs 
may be grouped i n t o s m all volume 16 to 32 l i t e r batches and l a r g e r 
volume of 80 to 140 l i t e r production l o t s . Small volumes were 
processed employing the p l a s t i c P e l l i c o n c a s s e t t e w i t h 5 sq. f t . of 
10K membrane. Larger volumes used the s t a i n l e s s s t e e l u n i t w i t h 
20 sq. f t . of the same membrane. Figure 14 shows f l u x curves f o r 
6 small volume and 10 l a r g e volume production runs. Plus or 
minus two standard d e v i a t i o n s are shown f o r each curve. These give 
some measure of the r e p r o d u c i b i l i t y o f f e r e d by t h i s processing 
system. T o t a l concentration achieved ranged from 10 to 30 f o l d 
depending upon s t a r t i n g volume. Figure 15 d e t a i l s f i l t r a t i o n r a t e s 
f o r the 10 l a r g e volume runs, a l l of which employed the same 
membranes. By the t h i r d run there was l o s s i n f i l t r a t i o n r a t e , so 
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38 PURIFICATION OF FERMENTATION PRODUCTS 

Table IV. D3 Immunoglobin Concentration as Related to Membrane 
Molecular Weight Cutoff (RPMI-1640 Supplemented Serum-Free Medium) 

0.5 M Titer Protein Specific Activity Recovery 
MWCO NaCl Sample (mg IgG/ml) (mg/ml) (mg IgG/mg protein) (%) 

100K + Orig. Susp. 0.027 2.2 0.0123 >100 
Cone. 0.446 14.4 0.0310 
Filtrate 0.005 0.9 0.0056 

10K + * Orig. Susp. 0.008 0.96 0.0083 >100 
Cone. 0.158 11.0 0.0144 
Filtrate 0 0.02 — 

100K - Orig. Susp. 0.027 2.1 0.0130 >100 
Cone. 0.641 12.9 0.0501 
Filtrate 0.011 0.9 0.0122 

10K * Orig. Susp. 0.009 0.82 0.0198 >100 
Cone. 0.147 9.5 0.0155 
Filtrate 0 0.02 — 

30K + Orig. Susp. 0.055 2.30 0.0239 87 
Cone. 0.514 16.8 0.0306 
Filtrate 0 0 — 

30K - Orig. Susp. 0.011 3.0 0.0038 >100 
Cone. 0.275 12.4 0.0221 
Filtrate 0 0.1 — 

* Reprocessed filtrate from 100K 
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1 
6 

. . . . L i . 

4 
5 

List of Equipment for Batch Ultrafiltration Process 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Aseptic Sample Port 9 c Biological Cabinet 
(negative pressure) 

Primary and HEPA Filters 14 A Processing Tank 
Containing Cell-Free 
Supernatant Retentate Return 10 

c Biological Cabinet 
(negative pressure) 

Cabinet Exhaust 15 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Pall Filter (0.1 μνη) 11 

c Biological Cabinet 
(negative pressure) 

Contaminate Drain 8 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Processing Tank Outlet 1 
D Millipore Pellicon 

Cassette System 

Product Inlet 4 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Refrigerated Water 
Jacket Inlet 12 

D Millipore Pellicon 
Cassette System 

Retentate 5 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Refrigerated Water 
Jacket Outlet 

13 

D Millipore Pellicon 
Cassette System 

Filtrate Outlets 6, 7 

A Processing Tank 
Containing Cell-Free 
Supernatant 

Refrigerated Water 
Jacket Outlet 

13 

Ε Chiller (compressor) 

Β Tri-Clover Rotary 
Pump 

Pump Outlet Side 3 

Ε Chiller (compressor) 

Β Tri-Clover Rotary 
Pump 

Rotary Pump Inlet 2 

Ε Chiller (compressor) 

Figure 13. Batch u l t r a f i l t r a t i o n process. 
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PURIFICATION OF FERMENTATION PRODUCTS 

800 γ 

Time (min) 

Figure 14. IL3 concentration curves, small and large volume f l u x 
r a t e s . Key: 1, small volume; 2, large volume. (Reproduced 
wit h permission from Ref. 4. Copyright 1984, American Society 
f o r Microbiology.) 
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RICKETTS ET AL. Ultrafiltration Systems 

10 20 30 40 50 60 70 80 90 100 110 120 130 

Time (min) 

Figure 15. IL3 concentration curves, large volume f l u x r a t e s , 
i n d i v i d u a l runs. Key: , i n l e t pressure 60 p s i ; - - - -
i n l e t pressure 80 p s i . 
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42 PURIFICATION OF FERMENTATION PRODUCTS 

subsequent runs were performed at increased i n l e t pressure. Further 
v a r i a t i o n s i n the flow r a t e s achieved r e f l e c t e d the care w i t h which 
the membranes were cleaned between runs. This set of membranes was 
s t i l l as u s e f u l at the end of t h i s production s e r i e s as at the 
beginning, and thus provides an economical as w e l l as e f f e c t i v e 
processing step. Recoveries tended to be 80 to more than 100% of 
the o r i g i n a l lymphokine a c t i v i t y , w i t h no lo s s e s seen i n the 
f i l t r a t e . 

V i r u s Concentration 

Membrane concentration of v i r u s e s has been wide l y reported i n the 
l i t e r a t u r e . Recently t h i s t e c h n i c has been scaled-up to the 
p i l o t p l a n t s c a l e (Figure 16) f o r the concentration of greater than 
180 l i t e r s of v i r u s - r i c h c e l l - f r e e supernatant by 15 sq. f t . of 
100K membrane. The u n i t i s assembled i n a containment room and 
s t e r i l i z e d i n s i t u by steam i n the c o n f i g u r a t i o n shown. The v i r u s 
i n v o l v e d i s human T - c e l l lymphoma v i r u s from the C10/MJ-2 c e l l l i n e , 
and may be a s i g n i f i c a n t b i o l o g i c a l hazard. Figure 17 compares the 
concentration process w i t h p24 v i r u s core p r o t e i n . F l u x r a t e s 
averaged approximately 1.0 l i t e r / m i n . using a s t a r t i n g i n l e t p res
sure of 50 p s i and i n c r e a s i n g to 80 p s i as f l u x r a t e decreased. 
Retentate o u t l e t pressures were 10 to 15 p s i . O v e r a l l concentra
t i o n was 5.6 f o l d , w h i l e v i r u s core p r o t e i n (p24) concentration 
was 3.8 f o l d . No core p r o t e i n a c t i v i t y was seen i n the f i l t r a t e . 
Apparent lo s s e s f o r t h i s p r e l i m i n a r y run were approximately 32%. 
Whether t h i s l o s s was due to excessive protease a c t i v i t y generated 
during c e l l removal, from v i r u s adherence to the membrane, or from 
excessive shear forces has not been determined. I t should be 
pointed out that i n t h i s p r e l i m i n a r y t r i a l , although sweeping was 
used, n e i t h e r b a c k - f l u s h i n g w i t h f i l t r a t e nor b a c k - f l u s h i n g through 
r e t e n t a t e channels was incorporated. These a d d i t i o n s to the 
techn i c are under i n v e s t i g a t i o n . 

S t e r i l i z a t i o n and Decontamination 

Most processing equipment i s designed f o r open op e r a t i o n , so some 
m o d i f i c a t i o n s of equipment and procedures are commonly req u i r e d to 
employ these systems i n b i o l o g i c a l l a b o r a t o r i e s where r e s t r i c t i o n s 
apply both to the p r o t e c t i o n of c u l t u r e s and products from e x t e r n a l 
contamination and to the p r o t e c t i o n of personnel from p o t e n t i a l l y 
hazardous m a t e r i a l . 

Chemical Decontamination. Standardized procedures f o r chemical 
" s t e r i l i z a t i o n " are g e n e r a l l y set f o r t h i n manufacturer's 
i n s t r u c t i o n s , but such procedures are of l i m i t e d value when used 
i n contact w i t h concentrated b i o l o g i c a l f l u i d s . These procedures, 
used w i t h new and clean components, w i l l give a percentage of 
s t e r i l e runs, but o v e r a l l are l a b o r i o u s and moderately expensive i n 
quan t i t y of m a t e r i a l s and time r e q u i r e d . The present M i l l i p o r e 
M i n i t a n system incorporated steam s t e r i l i z a b l e hardware, but the 
f i l t e r packets themselves cannot withstand steam s t e r i l i z a t i o n . 
This system has been tested under chemical decontamination succes-
f u l l y , or i t can be a s e p t i c a l l y assembled a f t e r steam s t e r i l i z a t i o n 
of hardware and gas s t e r i l i z a t i o n of f i l t e r packets. N e i t h e r of 
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2. RICKETTS ET AL. Ultrafiltration Systems 45 

these procedures i s of s u f f i c i e n t l y h igh r e l i a b i l i t y to be employed 
r o u t i n e l y . 

Routine decontamination and c l e a n i n g f o l l o w i n g manufacturer's 
suggestions, r e q u i r e forethought to in s u r e a p p l i c a b i l i t y , s a f e t y , 
and thoroughness. The system decontamination f o l l o w i n g concentra
t i o n of the HTLV i s a case i n p o i n t . This agent i s not only i m p l i 
cated i n human malignancy, but i s now under i n v e s t i g a t i o n as a 
p o s s i b l e agent i n acquired immune d e f i c i e n c y syndrome (AIDS). 
F o l l o w i n g concentration of HTLV over 100K membrane, the system i s 
processed i n s i t u by the procedure d e t a i l e d i n Table V. 

Table V. Membrane System Decontamination Procedure 
In s i t u , a l l waste to k i l l tank: 

1. NaOH, 1M, 1 l i t e r / s q . f t . membrane, f i l t r a t e v alves c l o s e d . 
2. Repeat step 1 w i t h f i l t r a t e v alves open. 
3. A l l o w i n g standing (30 min.) w i t h s o l u t i o n . 
4. NaOCL, 525 ppm (1% Chl o r o x ) , 1 l i t e r / s q . f t . membrane. 
5. Allow standing, overnight, w i t h s o l u t i o n . 
6. Flush w i t h R/0 water, 205 l i t e r s / s q . f t . membrane. 

Containment Room 
1. Remove f i l t e r stack. 
2. Place i n sodium azide (0.1%) overnight. 
3. Store f i l t e r s at 4°C. 

In s i t u 
1. Reseal u n i t . 
2. Steam s t e r i l i z e system, 30 min. 121°C. 
3. S t e r i l i z e k i l l tank. 

Low hazard processing systems, such as those discussed f o r use 
w i t h monoclonal antibody and lymphokines are a l s o cleaned i n s i t u , 
but under l e s s rigorous containment c o n d i t i o n s , d e t a i l e d i n Table VL 
Membrane c l e a n i n g i s e s s e n t i a l l y that suggested by the vendor, 
modified i n c e r t a i n a p p l i c a t i o n s . Durapore i s l e s s chemically 
r e s i s t a n t than p o l y s u l f o n e , and sodium hydroxide i s no longer 
recommended, but i s used as noted i n step 3, approximately 1%, 
without s i g n i f i c a n t damage. This i s needed as the Chlorox step i s 
omitted f o r Largomycin I I processes due to the extreme s e n s i t i v i t y 
of that agent to c h l o r i n e . 

F l u x r a t e s should r e t u r n to no l e s s than 80% of pre-use values. 

Table VI. Low Hazard Membrane Cleaning 

P o l y s u l f o n e Durapore 
1. PBS, 0.5-2.0 l i t e r / s q . f t . 1. Same. 
2. NaOCl 1%, 1.0 l i t e r / s q . f t . , 2. NaOCl 0.1%, 0.5 l i t e r / s q . f t . 

Stand overnight. 30 min. to 1 hr. 
3. NaOH, 1M, 30 min. 3. Not recommended. 

NaOH, 0.025M, 30 min. 
4. R/0 water, 2-5 l i t e r / s q . f t . 4. Same. 
5. Redetermine f l u x r a t e . 5. Same. 
6. Store wet 4©C 6. Same. 
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46 PURIFICATION OF FERMENTATION PRODUCTS 

Steam S t e r i l i z a t i o n . C a r t r i d g e f i l t e r systems discussed f o r c e l l 
harvest a p p l i c a t i o n s present no d i f f i c u l t i e s i n steam s t e r i l i z a t i o n . 
They may be s t e r i l i z e d by a u t o c l a v i n g , w i t h vents open (and f i l t e r e d ) 
f o r 1 hr. at 121QC. The same u n i t s coupled to fermentation equip
ment may be s t e r i l i z e d i n s i t u f o r the same time. 

The t a n g e n t i a l and serpentine flow membrane f i l t e r u n i t s t e s t e d 
are a v a i l a b l e i n non-autoclavable a c r y l i c or s t e r i l i z a b l e s t a i n l e s s 
s t e e l . As mentioned e a r l i e r , the f i l t e r packets f o r the serpentine 
flow system w i l l not withstand steam s t e r i l i z a t i o n . The Durapore 
and p o l y s u l f o n e f i l t e r sheets f o r the l a r g e r u n i t s withstand 1 hr. 
at 121°C w e l l , but must be thoroughly wetted p r i o r to s t e r i l i z a t i o n . 
O r i g i n a l i n s t r u c t i o n s f o r s e p a r a t e l y a u t o c l a v i n g the s t e e l u n i t 
pre-assembled and wetted, suggest " f i n g e r - t i g h t e n i n g n only of the 
r e t a i n i n g nuts p r i o r to s t e r i l i z a t i o n . When t h i s was done i n our 
l a b o r a t o r i e s , c oncentration of euka r y o t i c c e l l c u l t u r e s was much 
slower and clogging a much greater problem than had been a n t i c i p a t e d . 
Examination of the f i l t e r s themselves showed that s i g n i f i c a n t 
shrinkage had occurred, r e s u l t i n g i n r e d u c t i o n of r e t e n t a t e and 
f i l t r a t e manifolds to a f r a c t i o n of t h e i r o r i g i n a l s i z e . P o l y 
ethylene end gaskets were used i n t h i s assembly, and w h i l e these 
are not recommended f o r a u t o c l a v i n g , they are apparently s u f f i 
c i e n t l y r e s t r a i n e d by the s t a i n l e s s s t e e l blocks that they do not 
change dimensions s i g n i f i c a n t l y , except f o r c u r l i n g beyond the 
margins of the f i l t e r s t a c k , nor do the f i l t e r s themselves change 
dimension s i g n i f i c a n t l y . The screens, however, do s h r i n k s i g n i f i 
c a n t l y c a r r y i n g the f i l t e r sheets, to which they adhere, w i t h them. 
This r e s u l t s i n some w r i n k l i n g of the f i l t e r s u r f a c e , but t h i s does 
not seem to adversely a f f e c t f i l t r a t i o n . The adverse e f f e c t comes 
from the shrinkage of the stack away from the openings i n the end 
gaskets. To counteract t h i s , u n i t s to be autoclaved s e p a r a t e l y 
should be torqued to the t e n s i o n appropriate to the membranes 
employed. This procedure i s comparable to the assembly f o r i n s i t u 
steam s t e r i l i z a t i o n (Figures 18 & 19) where the pre-wetted u n i t 
must be f u l l y tightened to r e t a i n steam. Steam l i n e s should have 
s u f f i c i e n t upstream f i l t e r s to p r o t e c t against l o a d i n g membrane 
surfaces w i t h pyrogenic m a t e r i a l s . For i n s i t u s t e r i l i z a t i o n , 
t emperature-sensitive p e n c i l s are again used to ins u r e s t e r i l i z a t i o n 
temperature i s achieved f o r adequate time. The autoclaved u n i t i s 
best cooled to ambient temperatures i n a p r o t e c t i v e environment 
such as a laminar-flow c a b i n e t , and brought back to proper torque 
when cooled. In s i t u s t e r i l i z e d systems, i f not contained, should 
be re-torqued s e v e r a l times during c o o l i n g to ins u r e i n t e g r i t y . 

Conclusions 

C a r t r i d g e and membrane f i l t e r systems t e s t e d i n p r e l i m i n a r y s t u d i e s 
i n our l a b o r a t o r i e s have proved to be a p p l i c a b l e to euka r y o t i c c e l l 
c u l t u r e processes, i . e . c e l l removal, semi-continuous c u l t u r e 
growth, c e l l c u l t u r e concentration and r e c y c l i n g . Present membrane 
systems are l i m i t e d i n processing volume; c a r t r i d g e s are s c a l a b l e , 
but have a narrower range of a p p l i c a t i o n . 

Manipulation of v i r u s , even more than r o u t i n e c e l l c u l t u r e s , i s 
l i k e l y to r e q u i r e s t r i n g e n t containment techniques which w i l l 
g r e a t l y complicate the apparatus and f a c i l i t i e s necessary f o r pro
cessing. S u b s t a n t i a l forethought and extensive t e s t i n g are r e q u i r e d 
i n the design and operation of these processing systems. 
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48 PURIFICATION OF FERMENTATION PRODUCTS 

Procedure: 

1. Install membranes and tighten UF unit to recommended levels. Open all valves 
on membrane UF unit. 

2. Turn on steam supplies 1 and 2 and open drain at supply 3. Do not open 
supply 3. 

3. Allow 60 min sterilization at 121 °C as measured by heat-sensitive pencil. 
4. Turn off steam and close drain. Open valve to 300-liter permeate vessel to 

charge lines with sterile air to maintain positive pressure while cooling. 
5. During cool-down, re-torque membrane UF unit to recommended levels. 
6. System can be operated when membrane UF unit and pump head are cooled 

to room temperature. 

Figure 19. _In s i t u steam s t e r i l i z a t i o n of the membrane u l t r a 
f i l t r a t i o n system. 
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2. RICKETTS ET AL. Ultrafiltration Systems 49 

Most of the tech n i c s mentioned here are a p p l i c a b l e to s t e r i l i 
z a t i o n , a s e p t i c processing and post-use decontamination, w i t h 
s i m i l a r r e s t r i c t i o n s to those mentioned f o r v i r u s and c e l l c u l t u r e 
handling. 

P r o t e i n processing systems f o r concentration and/or p u r i f i c a 
t i o n o f f e r a very broad range of a p p l i c a t i o n which may be t a i l o r e d 
to a given p r o t e i n product p u r i f i c a t i o n scheme. The p a r t i c u l a r 
apparatus and operating parameters employed must be se l e c t e d and 
r e f i n e d to the unique requirements of any given p r o t e i n as w e l l as 
those of the broth i n which i t occurs. 
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3 
Practical Aspects of Tangential Flow Filtration 
in Cell Separations 

JOSEPH Z A H K A and TIMOTHY J. L E A H Y 

Millipore Corporation, Bedford, M A 01730 

Tangential flow filtration is an effective method for 
performing the separation of cells from a suspending 
liquid. Cell separation is the unit process of con
centrating biomass that has grown during a fermen
tation. It typically represents the first step in the 
extraction and purification of product. There are two 
advantages of using tangential flow filtration over 
other unit processes to separate cells and products 
from fermentors. These are the ability: (l) to work 
in a closed system without generating aerosols; and 
(2) to effect a more complete removal of the cells 
from the fermentor effluent. In addition, Tangential 
Flow Filtration allows for convenient cell washing 
after concentration in the same system. 

The theory of tangential flow Filtration as it 
applies to cell separations is discussed. Major em
phasis, however, is placed on presenting the relation
ship of experimental results to theoretical perfor
mance. Topics highlighted are: flux decay with time, 
effects of operating pressures and flow, membrane 
fouling, prefiltration requirements and filter geome
tries . 

In most fermentation processes, the fermentation is only the first 
step in the long process train which includes product formation, re
covery, and purification. Commonly the step following fermentation 
is the separation of the cells from the soluble components in the 
growth medium. This paper discusses an alternative technique for 
achieving such a solid/liquid separation. 

In the case of extracellular products, emphasis is on the 
treatment of the product-containing broth. Cells, in this instance, 
are by-products of the fermentation. The processing of the cells is 
only important in terms of the potential loss of product with the 
discarded cells. The primary concern is the clarification of 
soluble product to increase the efficiency of such operations as 
product isolation and modification. Intracellular products, on the 

0097-6156/ 85/0271 -0051 $06.00/0 
© 1985 American Chemical Society 
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52 PURIFICATION OF FERMENTATION PRODUCTS 

other hand, r e q u i r e the concentration o f product-containing c e l l s ; 
the suspending l i q u i d i s discarded. T y p i c a l l y , the concentrated 
c e l l mass i s then processed t o f a c i l i t a t e r e l e a s e of the product. 
The d e s i r e d concentration o f c e l l s i s o f t e n a f u n c t i o n of how the 
c e l l s w i l l be processed. For example, c e l l rupture by s o n i c a t i o n i s 
most e f f e c t i v e i n a narrow c e l l concentration range. 

Se v e r a l techniques are used t o separate c e l l s from the fermen
t a t i o n b r o t h . The most common ones used i n la r g e s c a l e fermenta
t i o n s are continuous flow c e n t r i f u g a t i o n , f i l t e r presses and r o t a r y 
drum vacuum f i l t r a t i o n . T a n g e n t i a l (or cross) flow f i l t r a t i o n (TFF) 
has been proposed as a f o u r t h a l t e r n a t i v e {2). I t i s widely used t o 
process s m a l l fermentation batches (<100 l i t e r s ) and i s c u r r e n t l y 
being evaluated on l a r g e r volumes. When compared t o other c e l l 
s e p a r a t i o n techniques, TFF o f f e r s some advantages i n s p e c i f i c a p p l i 
c a t i o n s . For example, containment of g e n e t i c a l l y engineered micro
organisms i s r e q u i r e d during t h e i r processing o f l i v e organisms w i t h 
no a e r o s o l formation. Another example in v o l v e s the processing of 
fermentation broths t r a d i t i o n a l l y done by vacuum f i l t r a t i o n . 
S u c c e s s f u l separations using vacuum f i l t r a t i o n r e q u i r e the a d d i t i o n 
of f i l t e r i n g aids such as diatomaceous e a r t h . These f i l t e r i n g aids 
must be separated from the product before i t s processing and r e q u i r e 
disposal a f t e r use. A l s o , there may be s i g n i f i c a n t product l o s s due 
to i t s absorption to f i l t e r a i d s . 

To summarize the p r i n c i p l e b e n e f i t s of TFF, they are: 
1. An e f f i c i e n t s e p a r a t i o n . TFF systems g e n e r a l l y have greater 
than 99*9$ r e t e n t i o n of c e l l s . 
2. An i n h e r e n t l y contained system. A p r o p e r l y designed TFF system 
i s t o t a l l y c l o s e d t o the outside environment. This b e n e f i t i s im
portant both to contain recombinant organisms and t o prevent any 
a l l e r g e n i c r e a c t i o n s i n workers. 
3 . Separations independent of the ce l l / m e d i a d e n s i t i e s . Separa
t i o n s which are troublesome w i t h a c e n t r i f u g e due t o l a c k o f d e n s i t y 
d i f f e r e n c e between the c e l l s and the media may not be a problem i n 
TFF. 
h. No f i l t e r a i d a d d i t i o n or d i s p o s a l . 

This paper describes some of our experiences w i t h TFF i n c e l l 
s e parations. We w i l l f i r s t present the common components of a TPF 
system. This w i l l be fo l l o w e d by some of the performance of TFF. 
F i n a l l y , we w i l l present s e v e r a l examples where TFF has been used 
i n i n d u s t r y t o process c e l l s . 

T a n gential Flow F i l t r a t i o n Hardware 

Let us examine the TFF technique and a t y p i c a l process regime. 
Tangential Flow F i l t r a t i o n i s the general term used t o describe 
f i l t r a t i o n where cross flow p a r a l l e l to the f i l t e r surface i s used 
to enhance f i l t r a t i o n r a t e . This i s i n contrast t o dead ended 
f i l t r a t i o n where the f l u i d path i s s o l e l y through the f i l t e r . I f 
the membrane used t o make the separation i s microporous (0.2-0.1+5 um 
pore s i z e ) , the technique i s more s p e c i f i c a l l y c a l l e d !mdcroporous 
t a n g e n t i a l flow f i l t r a t i o n . U l t r a f i l t r a t i o n , a subset of Tangential 
Flow F i l t r a t i o n , employs a f i n e r , a n i s o t r o p i c membrane able t o r e 
t a i n macromolecules, albumin f o r i n s t a n c e . We w i l l emphasize the 
use o f u l t r a f i l t r a t i o n membranes i n t h i s d i s c u s s i o n . 

A semipermeable ( u l t r a f i l t r a t i o n ) membrane f i l t e r i n a tangen-

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

3

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 
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t i a l flow c o n f i g u r a t i o n i s used t o make a separation based on s i z e . 
U n l i k e dead ended f i l t r a t i o n , no f i l t e r cake b u i l d s on the membrane 
surface during TFF. Rather, the r e t a i n e d species are swept from the 
surface and mixed back i n t o the bulk s o l u t i o n by the l a r g e cross flow 
p a r a l l e l to the membrane surface (Figure 1 - l e f t ) . While pressure 
drop across across the membrane i s the âriving force pushing f i l t r a t e 
(permeate) through the membrane, the rate of permeation i s o f t e n de
pendent on the degree of sweeping a c t i o n t a n g e n t i a l t o the upstream 
side of the membrane. 

The r e t e n t i o n c h a r a c t e r i s t i c s of u l t r a f i l t r a t i o n membranes are 
measured i n Nominal Molecular Weight C u t o f f (NMWCO). The NMWCO can 
be c o n t r o l l e d during membrane formation and i s t y p i c a l l y a v a i l a b l e 
i n 1,000; 10,000; 100,000; and 1,000,000 daltons. For c e l l harves
t i n g , u l t r a f i l t r a t i o n membranes of 100,000 NMWCO and microporous 
membranes are g e n e r a l l y employed. While the separation i s based on 
s i z e , the e f f i c i e n c y of the operation can be i n f l u e n c e d "by other 
f a c t o r s . 

I n i t s s i m p l i s t form, the major hardware components of the u l 
t r a f i l t r a t i o n system are the storage tank, pump, and membrane package 
(Figure 2 ) . Most of the output from the pump sweeps the membrane 
t a n g e n t i a l l y and returns t o the process tank. The permeate flow i s 
g e n e r a l l y l e s s than 10% o f the t o t a l flow t o the membrane. 

In the case of e x t r a c e l l u l a r products which pass through the 
membrane, the permeate i s c o l l e c t e d f o r f u r t h e r processing. The 
c e l l s are concentrated, reducing the i n i t i a l volume 10 to 20 times. 
Product y i e l d s can be increased by a process c a l l e d constant volume 
wash. (Water or b u f f e r i s added t o the concentrated c e l l s by t h i s 
technique and permeated out w i t h a d d i t i o n a l product w h i l e m a i n t a i n i n g 
a constant volume o f c e l l s . ) The TFF operating techniques f o r i n t r a 
c e l l u l a r products are e s s e n t i a l l y the same as f o r e x t r a c e l l u l a r pro
ducts but the purpose i s d i f f e r e n t . Permeate i s removed to o b t a i n a 
high concentration c e l l suspension. Constant volume washing can be 
employed to remove low molecular weight media components or c e l l by
products which, i n t h i s case, contaminate the concentrated c e l l s . 

Figure 3 shows a more d e t a i l e d schematic of a TFF System i n a 
c e l l h a r v e s t i n g a p p l i c a t i o n . In t h i s p a r t i c u l a r set up, the system 
i s designed f o r e x t r a c e l l u l a r product processing but the p r i n c i p a l 
components would a l s o be used f o r i n t r a c e l l u l a r products. I t shows 
the plumbing o f a cl e a n - i n - p l a c e system and a tank f o r c o l l e c t i n g 
waste. The system i s c l o s e d , i n that a l l waste s o l u t i o n s e x i s t i n g 
the system enter a k i l l tank f o r s t e r i l i z a t i o n . 

A p r e f i l t r a t i o n step may be r e q u i r e d before processing through 
the membrane. Many media components used i n the production of a n t i 
b i o t i c s are i n s o l u b l e . For example, soy g r i t s and calcium carbonate 
which are not f u l l y u t i l i z e d during fermentation may be present i n 
the b r o t h at the time of h a r v e s t i n g . They are i n the form of l a r g e 
p a r t i c l e s and agglomerates. In the case of narrow flow channel TFF 
devices such as s p i r a l s , hollow f i b e r s and some p l a t e and frame de
v i c e s , these l a r g e p a r t i c l e s must be removed to assure that the flow 
channels of the TFF system remain open. The type of p r e f i l t r a t i o n 
employed depends on the volume of s o l u t i o n and the mass of contamin
ant t o be removed. I n l i n e s t r a i n e r s , bag f i l t e r s , or v i b r a t i n g 
screen baskets can be used. In the case of fermentations w i t h s i n g l e 
c e l l e d organisms grown i n t r u e s o l u t i o n s , p r e f i l t r a t i o n to remove 
p a r t i c u l a t e s i s g e n e r a l l y not r e q u i r e d . An i n l i n e s t r a i n e r i s , 
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RETENTATE 
FERMENTOR Ρ 
OR HOLDING · Η 

TANK mP 

FEED I 

I' 
PERMEATE 

Figure 2. S i m p l i f i e d schematic of t a n g e n t i a l flow f i l t r a t i o n 
system. 

Figure 3. S i m p l i f i e d c e l l separation schematic of t a n g e n t i a l 
flow f i l t r a t i o n system. 
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56 PURIFICATION OF FERMENTATION PRODUCTS 

however, s t i l l d e s i r a b l e t o pro t e c t the pump and modules from an oc
c a s i o n a l contaminant. 

Performance Of U l t r a f i l t r a t i o n In C e l l Harvesting 

Once i t i s determined that TFF o f f e r s b e n e f i t s as a separation t e c h 
nique and the separation has been shown to be f e a s i b l e on the s m a l l 
s c a l e , the o p t i m i z a t i o n of the system f o r scale-up begins. The per
formance parameter which i s commonly optimized during s c a l e up i s 
f i l t r a t i o n r a t e ( f l u x ) . The f l u x of the TFF system i s dependent on 
many v a r i a b l e s . In t h i s d i s c u s s i o n we w i l l show some t y p i c a l r e l a 
t i o n s h i p s of f l u x t o these v a r i a b l e s . 

Pressure and Flow. Pressure and flow t o the TFF module are the 
e a s i e s t operating c o n d i t i o n s t o c o n t r o l . Based on experience w i t h 
dead-ended f i l t r a t i o n , i t may seem l o g i c a l t h a t i n c r e a s i n g pressure 
w i l l increase membrane output. This i s c e r t a i n l y the case when we 
f i l t e r clean water. However, where there are species t h a t are r e 
t a i n e d on the membrane, t a n g e n t i a l flow i s r e q u i r e d t o sweep the sur
face c l e a n . Often i n c r e a s i n g pressure alone w i l l not increase f i l 
t r a t i o n r a t e s . In processes whose f i l t r a t i o n r a t e i s l i m i t e d by the 
l a y e r of r e t a i n e d species ( g e l l a y e r ) , membrane output i s t h e o r e t i 
c a l l y r e l a t e d t o flow t o the 1/3 power i n the laminar regime and not 
r e l a t e d t o pressure above a minimum l e v e l ( l ) . On the other hand, 
Henry and A i r e d (2) p r e d i c t t h a t because c e l l s are l a r g e i n s i z e and 
the r e s u l t i n g g e l l a y e r has high p e r m e a b i l i t y , f l u x would be r e l a 
t i v e l y independent of cross flow r a t e and dependent on pressure. 

Our experiments have shown e f f e c t s o f both pressure and flow on 
f i l t r a t i o n r a t e . Figure k i s a p l o t of f l u x versus pressure f o r an 
E. c o l i i n AZ br o t h . Increasing pressure r e s u l t e d i n i n c r e a s i n g per
meate output. In a d d i t i o n , f l u x i s a l s o r e l a t e d t o flow t o about 1/3 
power. The a c t u a l r e l a t i o n s h i p s of f l u x w i t h pressure and f l o w , how
ever, vary from one system t o another and are dependent on the s o l u 
t i o n consistancy and f o u l i n g (which w i l l be discussed). 

The r e l a t i o n s h i p of w a l l shear rate t o f l u x f o r two membrane de
v i c e s i s shown i n Figure 5· Wall shear r a t e i s p r o p o r t i o n a l t o v e l o 
c i t y d i v i d e d "by channel h e i g h t . These experiments were run w i t h E. 
c o l i grown i n a defined s a l t s medium. The average transmembrane 
pressure was not h e l d constant but allowed t o r i s e as a n a t u r a l con
sequence o f the i n c r e a s i n g flow. The net r e s u l t was a dependence o f 
f l u x t o shear r a t e t o the 1/2 power. 

In g e n e r a l , i t i s d e s i r a b l e to run the device at as high a flow 
rate as p o s s i b l e (determined by the p h y s i c a l c h a r a c t e r i s t i c s of mo
du l e ) . The o u t l e t pressure of the module should be at l e a s t 10 p s i g 
to assure s u f f i c i e n t d r i v i n g force on the low pressure end of the 
membrane. 
Temperature. F l u x i s a l s o i n f l u e n c e d by temperature. As the tem
perature of the broth i n c r e a s e s , v i s c o s i t y decreases r e s u l t i n g i n 
higher f l u x . There i s , o f course, p r a c t i c a l l i m i t s o f i n c r e a s i n g the 
temperature due t o the heat l a b i l e nature of b i o l o g i c a l products. 
A l s o , temperatures high enough t o r e s u l t i n c e l l rupture would o b v i 
ously cause f l u x decay due t o the re l e a s e of debris and high mole
c u l a r weight m a t e r i a l s from the c e l l s i n t o the f l u i d . 
Concentration. I n c r e a s i n g concentrations of c e l l s causes a decrease 
i n f l u x . Theory p r e d i c t s when f i l t r a t i o n r a t e i s c o n t r o l l e d by the 
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5 -

01 i ' 1 

10/0.7 20/1.4 30/2.0 
AVERAGE TRANSMEMBRANE PRESSURE (psi/bar) 

Figure 4. Flux versus transmembrane pressure and r e c i r c u l a t i o n 
rate f o r an E^ c o l i i n AZ broth. Key: ·—·, 4 gpm (15.2 1pm); 
•—•, 2 gpm (7.6 1pm). Membrane used: 15 f t 2 (1.4 m2) 100,000 
MWCO. Note: 10 g a l / f t 2 χ day = 17 1/m2 χ h. 

SHEAR RATE 6 
(SEC 1 Χ 104) 5 

4 

3 

2\ 

10 20 30 40 50 60 70 80 90100 
FLUX (gal/ft2 · day) 

Figure 5. Flux versus membrane shear rate f o r an Ε. c o l i i n a 
defined medium. Key: •—•, device Β (5 f t 2 / 0 . 4 5 m^~cassette); 
• — · , device A (15 f t 2 / 1 . 4 m2 s p i r a l ) . Membrane used: 100,000 
MWCO. Note: 10 g a l / f t 2 χ day = 17 1/m2 χ h. 
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58 PURIFICATION O F FERMENTATION PRODUCTS 

s t a r t r e t a i n e d species t h a t form a l a y e r on the membrane, the f l u x 
w i l l be i n v e r s e l y r e l a t e d t o the lo g a r i t h m of concentration (l). 
Such an e f f e c t i s shown i n Figure 6. This r e l a t i o n s h i p only holds 
t r u e under constant flow and pressure c o n d i t i o n s . Under normal 
circumstances the brot h becomes more viscous as the concentration of 
c e l l s i n c r e a s e s . For example, the c e l l mass from the experiment de
p i c t e d i n Figure 6 became so viscous at 8.5 f o l d concentration that 
the c e l l mass i n a beaker would not fl o w out when the beaker was i n 
v e r t e d . Due t o p h y s i c a l l i m i t a t i o n s o f the pump and membrane device 
constant cross flow could not be maintained during t h i s concentra
t i o n . T angential flow decreased as concentration increased. In 
t h i s case the decrease of f l u x w i t h i n c r e a s i n g concentration was due 
t o both the increased concentration and the reduced t a n g e n t i a l flow. 
Media Components. Components of the medium, the c e l l s and c e l l u l a r 
products can a l s o a f f e c t the f i l t r a t i o n r a t e . This can happen i n 
two ways, d i r e c t e f f e c t s and memhrane f o u l i n g . Since membrane 
f o u l i n g i s the major performance l i m i t o r i n the rou t i n e p r a c t i c e of 
TFF, we w i l l t r e a t i t s e p a r a t e l y . D i r e c t e f f e c t s are those which 
i n f l u e n c e e i t h e r the sweeping a c t i o n across the memhrane or the 
e f f e c t i v e p e r m e a b i l i t y of the membrane. Obviously low molecular 
weight water-soluble components, such as sugars, which increase the 
v i s c o s i t y of the permeate, w i l l have a d i r e c t e f f e c t on f l u x . High 
molecular weight components which increase v i s c o s i t y o f the feed, 
but not the permeate (p o l y s a c c h a r i d e s , f o r i n s t a n c e ) , w i l l cause a 
decrease i n f l u x due t o reduced shear at the membrane surface (as a 
r e s u l t of pumping l i m i t a t i o n s ) , r e s u l t i n g i n decreased back d i f 
f u s i o n . Another type of d i r e c t e f f e c t i s caused by a component 
which i s r e t a i n e d by the membrane and "becomes i n v o l v e d i n the g e l 
l a y e r of the membrane. These components g e n e r a l l y reduce the f l u x 
but enhance the i n f l u e n c e of t a n g e n t i a l flow rate on output. 
F o u l i n g . The most c r i t i c a l r e l a t i o n s h i p t o monitor during the 
s c a l i n g from the l a h o r a t o r y t o production i s the i n f l u e n c e o f time 
on f l u x . For some systems, when f l o w , pressure, temperature and con
c e n t r a t i o n are maintained constant over time f l u x w i l l a l s o he s t a b l e 
(Figure 7). However, o f t e n the f l u x w i l l decrease r a p i d l y w i t h time 
even when other v a r i a b l e s are h e l d constant. In Figure 8 we see a 
decrease of f l u x hy a f a c t o r o f three over a 60 minute p e r i o d . This 
l o s s i n output i s c a l l e d membrane f o u l i n g . Understanding i t s causes 
and c o n t r o l l i n g i t s e f f e c t s are the primary r e s p o n s i b i l i t i e s of the 
process engineer when s c a l i n g up TFF systems. 

Howell and V e l i c a n g i l (3) described three phases i n f l u x l o s s 
w i t h time. The g e l l a y e r of r e t a i n e d species forms on the membrane 
i n seconds and, as discussed e a r l i e r , i t s r e s t r i c t i o n on f i l t r a t i o n 
r a t e can be reduced by i n c r e a s i n g the cross flow. Over a p e r i o d of 
minutes adsorption o f c o n s t i t u e n t s from the media on the membrane 
takes p l a c e . In the time frame of hours, the g e l l a y e r on the mem
brane may become unstable r e s u l t i n g i n a l e s s permeable l a y e r . These 
e f f e c t s o f adsorption and g e l l a y e r i n s t a b i l i t y are the p r i n c i p l e 
causes of f o u l i n g . They r e s u l t i n lower system output than would be 
expected based on the s o l u t i o n and operating c o n d i t i o n s . The f i l t r a 
t i o n rate o f a badly f o u l e d system i s dependent on pressure and i n 
dependent of cross flow. 

Even when f o u l i n g occurs, steps may be taken t o compensate f o r 
or c o n t r o l i t s e f f e c t on system performance. C o n t r o l o f f o u l i n g i s 
c e n t r a l t o p r o v i d i n g an e f f i c i e n t TFF system and an economical 
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CONCENTRATION FACTOR 

Figure 6. Flux versus organism concentration f o r a Thurin-
g i e n s i s . Membrane used: 15 f t 2 (1.4 m2) 100,000 MWCO. 
Pi n / p o u t : 15-45/12-8 p s i (1-3/0.8-0.5 b a r ) . Note: 10 g a l / f t * 
χ day = 17 1/m2 χ h. 
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20 
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Figure 7. Example of a nonfouling system f o r an c o l i i n AZ 
broth. Membrane used: 15 f t 2 (1.4 m2) 100,000 MWCO. P i n / P o u t 

27/21 p s i (1.8/1.4 b a r ) . Note: 10 g a l / f t 2 χ day = 17 1/m2 χ h 
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60 η 

FLUX 
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1(H 
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TIME (min) 

Figure 8. Example of a f o u l i n g system f o r an Ε. c o l i i n a 
defined medium. Membrane used: 15 f t 2 (1.4 m7)" 100,000 MWCO. 
P i n / p o u t : 3 6/23 p s i (2.4/1.6 bar). Note: 10 g a l / f t 2 χ day = 
17 1/m" χ h. 
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3. ZAHKA AND LEAHY Tangential Flow Filtration in Cell Separations 61 

separation process. Because f o u l i n g i s important we have developed 
s e v e r a l ways t o reduce i t s e f f e c t . I n g e n e r a l , combinations of a n t i -
f o u l i n g techniques are used c o n c u r r e n t l y . 

The most s t r a i g h t - f o r w a r d c o n t r o l of f o u l i n g comes w i t h the 
choice of membrane. Figure 9 shows the dramatic e f f e c t of membrane 
type on f o u l i n g . Both the 10,000 and 100,000 NMWCO u l t r a f i l t r a t i o n 
membranes are of the same polymer yet the 10,000 NMWCO f o u l s almost 
ins t a n t a n e o u s l y . I f the f o u l i n g i s caused by the adsorption of a 
component from the medium, the membrane w i t h the smaller pores would 
have greatest- r e d u c t i o n i n e f f e c t i v e pore s i z e . (The more open 
microporous membrane of a d i f f e r e n t polymer m a t e r i a l shows an 
i n i t i a l l y higher f l u x than the 100,000 NMWCO membrane but v i r t u a l l y 
the same f l u x a f t e r 30 minutes.) 

E f f e c t s such as those shown i n Figure 9 may a l s o be due t o a 
component r e t a i n e d by mechanisms other than adsorption w i t h the 
10,000 NMWCO membrane but passing through the 100,000 NMWCO memhrane. 
This e f f e c t can be v e r i f i e d by e v a l u a t i n g the e f f e c t of cross flow on 
f l u x . I f a d s o r p t i o n i s the cause of lower output then i n c r e a s e d 
cross flow w i l l not increase f i l t r a t i o n r a t e . The opposite would be 
true i f lower f l u x e s were due t o m a t e r i a l r e t a i n e d on the membrane 
by s i z e e x c l u s i o n . Adsorption can a l s o he determined by analyz i n g 
the composition of the feed and permeate t o see i f there i s a d i f 
ference . 

The composition of the membrane can p l a y a r o l e i n adsorption. 
I t may be p o s s i b l e to modify the membrane i n such a way as t o reduce 
or e l i m i n a t e the b i n d i n g of a f o u l i n g agent. These m o d i f i c a t i o n s 
can be t e s t e d e m p i r i c a l l y or screened t h e o r e t i c a l l y i f the nature of 
the f o u l a n t i s known. 

The formulation o f the medium which contains f o u l i n g agents can 
a l s o be modified to reduce membrane f o u l i n g . Often, a l t e r n a t i v e non-
f o u l i n g components may he s u b s t i t u t e d or the concentration of f o u l i n g 
components reduced t o increase f i l t r a t i o n r a t e . Antifoams are 
examples of a medium component which can cause f o u l i n g . Figures 10 
and 11 i l l u s t r a t e the e f f e c t s of antifoams on f i l t r a t i o n r a t e and 
some techniques f o r minimizing output l o s s . F i r s t , the type of a n t i -
foam can i n f l u e n c e f o u l i n g . As shown i n Figure 10, the f l u x l o s s of 
a brot h w i t h Antifoam A i s not much more than a bro t h w i t h no a n t i -
foam. Antifoam B, however, causes a more severe f l u x d e c l i n e . The 
concentration of antifoam a l s o a f f e c t output. Figure 11 shows the 
dramatic e f f e c t of antifoam concentration on f l u x decay. Increasing 
concentrations of antifoam increase the l o s s of f i l t r a t i o n r a t e . 
One approach t o c o n t r o l the c o n c e n t r a t i o n of antifoam i s t o use the 
minimum amount needed t o stop foaming. This may be done w i t h an 
automatic antifoam a d d i t i o n system. Excess antifoam which i s not 
a s s o c i a t e d w i t h the c e l l s or media c o n s t i t u t e n t s i s more l i k e l y t o 
adsorb on the membrane, so b e t t e r c o n t r o l of i t s concentration w i l l 
lower antiforam adsorption. 

Techniques a l s o e x i s t f o r d e a l i n g w i t h the gradual i n s t a b i l i t y 
o f the r e t a i n e d g e l l a y e r on the membrane. These techniques are 
g e n e r a l l y mechanical. For example, Figure 12 demonstrates the bene
f i t of p e r i o d i c a l l y c l o s i n g the permeate v a l v e . With the permeate 
valve c l o s e d , the membrane sweeping a c t i o n i s enhanced. I n a d d i t i o n , 
there i s some backflow through the memhrane loosening any d e s t a b i l 
i z e d l a y e r . 

Cleaning i s a f o u l i n g c o n t r o l technique e f f e c t i v e w i t h both 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

3

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



62 PURIFICATION OF FERMENTATION PRODUCTS 

I , ι ι r 
10 20 30 40 

TIME (min) 
Figure 10. E f f e c t of antifoam type on f l u x l o s s of AZ broth. 
Key: ·, no antifoam; •, antifoam A; A, antifoam B. Note: 
10 g a l / f t 2 χ day = 17 1/m2 χ h. 
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FLUX 60 
(gal/ft2.day) 

40 
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Figure 11. E f f e c t of antifoam concentration on f l u x f o r an E_. 
c o l i i n a defined medium. Key: φ, clean water; A, 0 ml/1; 
•, 0.1 ml/1; ·, 0.5 ml/1. Membrane used: 0.5 f t 2 (0.045 m2) 
100,000 MWCO. P i n / p o u t : 2 8 / 5 P s i d - 9 / 0 - 3 b a r ) « 
10 g a l / f t 2 χ day = 17 1/m2 χ h. 

Note: 

FLUX 
(gal/ft2, day) 

Ο INDICATES PERMEATE 
CLOSURE 

2 3 4 5 6 7 8 9 10 

CONCENTRATION FACTOR 

Figure 12. E f f e c t of permeate closure on f l u x f o r Streptomyces 
i n a complex medium. Note: 10 g a l / f t 2 χ day = 17 1/m χ h. 
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adsorption and g e l l a y e r i n s t a b i l i t y . I f system and batch s i z e s 
a l l o w f o r r e l a t i v e l y short runs, i t may he the best means f o r 
de a l i n g w i t h f o u l i n g . I n other words, you l e t f o u l i n g occur to some 
acceptable l e v e l during processing and then remove the foul a n t be
tween processing runs. In Figure 13 we can see t h a t , although the 
f l u x decays w i t h time, the cl e a n i n g was e f f e c t i v e i n b r i n g i n g the 
i n i t i a l f l u x back t o the same l e v e l f o r successive runs. Choice of 
cl e a n i n g chemicals i s based on the nature of the f o u l a n t . S e v e r a l 
types of s o l u t i o n s may be r e q u i r e d t o "both clean and s a n i t i z e the 
membrane system. The chemicals are g e n e r a l l y evaluated e m p i r i c a l l y 
a f t e r a p r e l i m i n a r y screening based on chemistry and experience. 

The i n f o r m a t i o n presented here may appear complex, but i t i s 
based on experience gained i n many c e l l s eparation a p p l i c a t i o n s . 
Understanding the trends i n performance has g r e a t l y s i m p l i f i e d the 
process. 

A p p l i c a t i o n s Of Tangential Flow F i l t r a t i o n In C e l l Separation 

C u r r e n t l y , there are many examples of c e l l p rocessing i n the indus
t r i a l environment using t a n g e n t i a l flow f i l t r a t i o n . To i l l u s t r a t e 
the breadth of m i c r o b i a l types which may be processed by t h i s t e c h 
nology, we w i l l discuss three a p p l i c a t i o n s which have been i n rou
t i n e operation under production c o n d i t i o n s . The a p p l i c a t i o n s include 
c e l l / g r o w t h medium separations d i r e c t l y from fermentors ( E s c h e r i c h i a 
c o l i and Mycoplasma species) and the concentration/washing of i n 
f l u e n z a v i r u s used i n the production of f l u v a c c i n e s . 

Table I contains the o p e r a t i o n a l parameters employed during the 
ha r v e s t i n g Ê _ c o l i from a production fermentor. 

Table I. Ε. c o l i Harvesting Operational Data 

Batch S i z e 400 l i t e r s 

Area 25 ft 2(2.3m 2) 

Membrane Used 100,000 MWCO 

P i n / P o u t U 0 / 2 5 p s i ( 2 · Τ / 1 ' Τ b a r ) 

R e c i r c u l a t i o n Rate 3.5 gpm (800 lph) 

This p a r t i c u l a r fermentation i s performed i n 1+00 l i t e r batches. Tan
g e n t i a l flow f i l t r a t i o n was c a r r i e d out w i t h a P e l l i c o n c a s s e t t e 
( M i l l i p o r e Corp.). The f i l t r a t i o n area was 25 f t us i n g a 100,000 
molecular weight cut o f f u l t r a f i l t r a t i o n membrane. The i n l e t pres
sure was maintained at ho p s i g w h i l e the o u t l e t pressure was 25 p s i g 
and r e c i r c u l a t i o n r a t e s of the c e l l suspension were 3-5 GPM tangen
t i a l to the upstream membrane surface. Pumping of the c e l l suspen
s i o n was performed w i t h a Moyno screw pump. 

Table I I o u t l i n e s the performance of the f i l t r a t i o n system i n 
t h i s a p p l i c a t i o n . 
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Table I I . Ε. c o l i Harvesting Performance Data 

65 

I n i t i a l Volume 

F i n a l Volume 

Concentration Factor 

Average F l u x 

Recovery 
I n i t i a l T i t e r 
F i n a l T i t e r 

Processing Time 

kOO l i t e r s 

20 l i t e r s 

20X 

15 GFD (26 1/h-m2) 

1X10 9 2X10 1 0 

6 hours 

A 20X concentration was obtained i n a s i x hour processing time w i t h 
an average f l u x o f 15 GFD. T i t r a t i o n s o f the i n i t i a l and f i n a l 
v i a b l e c e l l counts i l l u s t r a t e the e f f i c i e n t recovery of the c e l l s i n 
t h i s process w i t h no l o s s o f v i a b i l i t y . 

Mycoplasma are fermented f o r the production of v e t e r i n a r y vac
cines and d i a g n o s t i c t e s t s . In t h i s p a r t i c u l a r fermentation, the 
c u l t i v a t i o n medium, PPLO "broth, contains serum as a.growth component 
and the fermentation i s t y p i c a l l y c a r r i e d out i g 250 l i t e r volumes. 
S u c c e s s f u l separations are performed w i t h 50 f t of a 100,000 NMWCO 
u l t r a f i l t e r i n the same c o n f i g u r a t i o n and under the same operating 
c o n d i t i o n s as the E. c o l i example (Table I I I ) . 

Table I I I . Mycoplasma Harvesting ( V e t e r i n a r y Vaccine) Performance 
" Data 

Batch S i z e 

Growth Medium 

Area 

Memhrane Used 

P. /P . i n out 
Re c i r c u l a t i o n Rate 

250 l i t e r s 

PPLO Medium (Serum) 

50ft 2 (4.5m2) 

100,000 MWCO 

1+0/25 P s i (2.7/1.7 bar) 

3.5 gpm (b00 l p h ) 

Concentration f a c t o r s of 50X (250 l i t e r s t o 5 l i t e r s ) 
were ohtained i n 6 hours y i e l d i n g an average f l u x o f 5 GFD (Tahle 
I V ) . 
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66 PURIFICATION OF FERMENTATION PRODUCTS 

Table IV. Mycoplasma Harvesting ( V e t e r i n a r y Vaccine) Performance Data 

I n i t i a l Volume 250 l i t e r s 

F i n a l Volume 5 l i t e r s 

Concentration Factor 50X 

Average F l u x 5 GFD (8.9 l/h-m ) 

Recovery g 
I n i t i a l T i t e r 1.5x10 
F i n a l T i t e r 3-5x10 

Processing Time 6 hours 

The lower f l u x a s s o c i a t e d w i t h t h i s a p p l i c a t i o n compared to c o l i 
h a r v e s t i n g r e f l e c t s the increased v i s c o s i t y of the growth medium due 
t o serum and a s l i g h t i n f l u e n c e o f lower cross flow per square f o o t . 
Recovery data i n d i c a t e s some l o s s of c e l l v i a b i l i t y (23X concentra
t i o n f a c t o r ) during processing but i t i s not s u r p r i s i n g c o n s i d e r i n g 
the f r a g i l e nature of the organism. 

Both c o l i and the Mycoplasma h a r v e s t i n g a p p l i c a t i o n s i l l u s 
t r a t e some b e n e f i t s r e a l i z e d "by t a n g e n t i a l flow f i l t r a t i o n u sers. 
F i r s t , such systems provide e f f i c i e n t containment of the organisms 
during processing. Thus, the r i s k t o production workers from organ
ism-containing aerosols i s minimized. Second, h a r v e s t i n g a p p l i c a t i o n s 
at these volumes are e a s i l y performed w i t h s m a l l , p o r t a b l e devices 
which can be tr a n s p o r t e d from fermentor t o fermentor as the need 
a r i s e s . T h i r d , r o u t i n e c l e a n i n g and s a n i t i z a t i o n procedures eliminate 
cross contamination when the same system i s used t o harvest d i f f e r e n t 
fermentations. 

The l a s t c e l l processing example h i g h l i g h t s the u t i l i t y of TFF 
as an adjunct t o other separation techniques. The production of f l u 
vaccines i s a multistepped process i n v o l v i n g v i r u s c u l t i v a t i o n i n 
eggs; c l a r i f i c a t i o n o f a l l a n t o i c f l u i d ; and, v i r u s i n a c t i v a t i o n , con
c e n t r a t i o n and washing p r i o r t o s t e r i l e f i l t r a t i o n . C l a s s i c a l t e c h 
niques f o r concentration and washing use zonal gradient c e n t r i f u 
g a t i o n f o l l o w e d by d i a l y s i s o f the v i r u s c o n t a i n i n g f r a c t i o n . Such 
operations r e q u i r e m u l t i p l e u l t r a c e n t r i f u g e s f o r on the order of 8 
hours t o process a t y p i c a l batch. These c e n t r i f u g e s represent high 
c a p i t a l , maintenance and l a b o r c o s t s . D i a l y s i s , using conventional 
t u b i n g , i s an a d d i t i o n a l 2k hour processing step which removes low 
molecular weight components from the vaccine p r e p a r a t i o n (Figure 1^). 

U l t r a f i l t r a t i o n was used t o speed up the concentration step and 
as a s u b s t i t u t e f o r d i a l y s i s i n washing the concentrated v i r u s . In 
t h i s modified c e n t r i f u g a t i o n process, the t o t a l number of ce n t r i f u g e s 
was reduced almost i n h a l f and the processing time w i t h each c e n t r i 
fuge lowered from 8 hours t o k hours. F i n a l concentration of a 30 
l i t e r batch was accomplished w i t h 30 f t of 100,000 NMWCO u l t r a 
f i l t r a t i o n membrane. I n l e t pressure was 20 p s i and the o u t l e t p r e s 
sure was 10 p s i (Table V). 
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20 

FLUX 
(gal/ft2, day) 

1 1 . 1 1 1 1 • 

0 10 20 30 40 50 60 70 

TIME (min) 

Figure 13. E f f e c t of cleaning on f l u x f o r an Ê _ c o l i i n a defined 
medium. Key: •, f i r s t run; A, second run; ·, t h i r d run. 
Membrane used: 15 f t 2 (1.4 m2) 100,000 MWCO. Pin/Pout : 2 0 / 8 P s i 

(1.4/0.5 b a r ) . Note: 10 g a l / f t 2 χ day = 17 1/m2 χ h. 

ALLANTOIC FLUID 
Ψ 

LOW SPEED CENTRIFUGATION (6 HOURS) 
Τ 

PREFILTRATION (30 MIN) 
Ψ 

INACTIVATION (FORMALDEHYDE) 

(OLD PROCESS) (NEW PROCESS) 

ZONAL GRADIENT CENTRIFUGATION 
(7 CENTRIFUGES FOR 8 HOURS) 

Ψ 
DIALYSIS (24 HOURS) 

Τ 
STERILE FILTRATION 

(MIXED ESTER MEMBRANE) 

ZONAL GRADIENT CENTRIFUGATION 
(4 CENTRIFUGES FOR 4 HOURS) 

Τ 
ULTRAFILTRATION (3 HOURS) 

(CONCENTRATION AND CONSTANT 
y VOLUME WASH) 

STERILE FILTRATION (DURAPORE) 

Figure 14. Influenza v i r u s processing schematic. 
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68 PURIFICATION OF FERMENTATION PRODUCTS 

Table VI contains the performance data using t a n g e n t i a l flow 
f i l t r a t i o n f o r concentration and washing of i n f l u e n z a v i r u s . 

Table V. Influenza Virus Concentration (Whole V i r u s Vaccine) 
Performance Data 

Batch S i z e 30 l i t e r s 

Area 30 f t 2 ( 2 . 7 m 2 ) 

Membrane Used 100,000 MWCO 

P. /Ρ ^ 20/10 p s i (1.U/0.T har) i n out 

Table VI. Influenza V i r u s Concentration (Whole V i r u s Vaccine) 
Performance Data 

I n i t i a l Volume 30 l i t e r s 

F i n a l Volume 2 l i t e r s 

Concentration Factor 15X 

Recovery 
UF 70-90? 
Centrifuge/Di a l y s i s 1+0-50? 

Process Time 
UF ik hours 
Cent r i fuge /Di a l y s i s 38 hours 

A t o t a l of 30 l i t e r s were reduced t o 2 l i t e r s (15X). The two l i t e r s 
were washed o f low molecular weight components by constant volume 
washing using the same f i l t r a t i o n device. I n c l u d i n g the p a r t i a l pro
cessing time of the c e n t r i f u g e s , the e n t i r e c o n c e n t r a t i o n /washing 
procedure took ih hours w i t h t a n g e n t i a l flow f i l t r a t i o n compared t o 
38 hours using c e n t r i f u g a t i o n / d i a l y s i s . Recovery data i n d i c a t e s an 
a d d i t i o n a l advantage t o the f i l t r a t i o n method. F i n a l v i r u s recovery 
was c o n s i s t e n t l y higher by f i l t r a t i o n than c e n t r i f u g a t i o n / d i a l y s i s 
(70-90? versus 1+0-50$). There are l e s s product l o s s e s during d i a l y 
s i s since f i l t r a t i o n e l i m i n a t e d hag breakage and lower processing 
costs because c e n t r i f u g e s were used f o r s h o r t e r times. 

A l l three o f these a p p l i c a t i o n s are examples of commercial pro
cesses using t a n g e n t i a l flow f i l t r a t i o n . C l e a r l y , the s e l e c t i o n of 
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3. Z A H K A A N D L E A H Y Tangential Flow Filtration in Cell Separations 69 

membrane, f i l t r a t i o n area and processing parameters i s a f u n c t i o n of 
the i n d i v i d u a l a p p l i c a t i o n and the o b j e c t i v e s of the se p a r a t i o n . 
Nonetheless, these a p p l i c a t i o n s show t h a t t a n g e n t i a l flow f i l t r a t i o n 
i s an a l t e r n a t i v e separation techniques which o f f e r s d i s t i n t advan
tages over other methods i n c e r t a i n circumstances. 

Summary 

I t was the object of t h i s p r e s e n t a t i o n t o o u t l i n e some of the key 
parameters which are evaluated during the a p p l i c a t i o n of t a n g e n t i a l 
flow f i l t r a t i o n f o r c e l l s eparations. A throrough understanding of 
what i s re q u i r e d from the separation i s an e s s e n t i a l f i r s t step. 
This i s fo l l o w e d by l a b o r a t o r y and p i l o t s cale t r i a l s where the v a r i 
ables which a f f e c t performance are determined. F i n a l l y , a system 
which meets the requirements of the separation i s designed and the 
o p e r a t i o n a l c o n d i t i o n s are e s t a b l i s h e d f o r r o u t i n e use. This was the 
process f o l l o w e d by these authors when i n s t a l l i n g the three f i l t r a 
t i o n system discussed e a r l i e r . 
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4 
Preparative Reversed Phase High Performance Liquid 
Chromatography 
A Recovery and Purification Process for Nonextractable 
Polar Antibiotics 

R. D. SITRIN, G. CHAN, P. DEPHILLIPS, J. DINGERDISSEN, J. VALENTA, 
and K. SNADER 
Smith Kline & French Laboratories, Philadelphia, PA 19101 

Reversed phase high performance liquid chromatography 
(RPHPLC) has found wide use as an analytical tool in 
monitoring antibiotic fermentation production, 
isolation, and purification schemes. The recent 
introduction of suitable instrumentation and 
affordable preparative reversed phase packing 
materials allows the traditional advantages of RPHPLC 
- speed and resolution - to be applied to preparative 
work. Classically, isolation and purification 
processes for polar, charged, non-solvent extractable 
antibiotics such as peptides or glycopeptides have 
required multistep, medium to low resolution 
procedures such as charcoal, cellulose, ion-exchange 
or size exclusion techniques often with low recovery. 
However, by the nature of its mechanism, reversed 
phase HPLC is particularly suited to solve these 
separation problems because undesirable very polar 
highly colored contaminants elute at the solvent front 
ahead of the desired material. Thus, it is possible 
to introduce such a step very early in a purification 
scheme on a relatively crude isolate. We w i l l 
demonstrate examples of such one step purifications on 
very crude fermentation isolates to yield highly 
purified homogeneous products from milligram to gram 
and potentially kilogram scales. 

One problem frequently encountered in the recovery and purifica
tion of fermentation products such as antibiotics and peptides is 
the necessity for multistep procedures to obtain pure materials. 
For substances which cannot be extracted into ethyl acetate or 
methylene chloride and which typically cannot be chromatographed 
on s i l i c a , purification often requires repetitive chromatographic 

0097-6156/ 85/ 0271 -0071 $06.00/ 0 
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72 PURIFICATION OF FERMENTATION PRODUCTS 

steps on adsorption media such as polyamide, Sephadex, B i o g e l , 
charcoal and ion exchange or XAD r e s i n s . Such m u l t i s t e p schemes 
o f t e n y i e l d products i n low recovery and, being l i m i t e d i n 
cap a c i t y , are d i f f i c u l t to scale-up to process l e v e l . However, 
reversed phase high performance l i q u i d chromatography (RPHPLC), 
widely used as an a n a l y t i c a l procedure (1,2), has great u t i l i t y as 
w e l l i n the p r e p a r a t i v e mode f o r i s o l a t i o n and p u r i f i c a t i o n , o f t e n 
i n one step. 

A recent Chemical A b s t r a c t s search of the l i t e r a t u r e (1980-
1983) i n d i c a t e d t h a t , out of 7,000 postings f o r HPLC papers, only 
100 discussed preparative work. Furthermore, the bulk of the 
prep a r a t i v e papers were e i t h e r t h e o r e t i c a l d i s c u s s i o n s (3-8), 
d e s c r i p t i o n s of large scale (multigram) separations on s i l i c a or 
preparative reversed phase work on a n a l y t i c a l columns and i n s t r u 
ments (100 mg scale) (9-14). The most recent development i n t h i s 
area i s displacement chromatography (15-18), but so f a r t h i s has 
been a p p l i e d only i n l i m i t e d cases on a n a l y t i c a l scale instruments. 
Although s e v e r a l e x c e l l e n t reviews on prep a r a t i v e HPLC have been 
published (19-21), few papers d e s c r i b i n g gram or l a r g e r prepara
t i v e reversed phase chromatography were evident (22-23). Several 
s u c c e s s f u l examples of such separations are described here, rang
ing from 100 mg to gram s c a l e . Furthermore, these separations 
a l s o demonstrate e f f i c i e n t one-step procedures f o r preparing pure 
products s t a r t i n g from crude fermentation i s o l a t e s . The recent 
i n t r o d u c t i o n of i n d u s t r i a l scale equipment and packings from 
Waters, Whatman and E l f - A q u i t a i n e allows these procedures to be 
scaled up to process l e v e l . 

Background 

RPHPLC i s performed on columns packed w i t h s i l i c a g e l to which a 
hydrocarbon, u s u a l l y with 8 or 18 carbons, has been chemically 
attached (I). P a r t i t i o n i n g of a compound occurs between the 
hydrophobic s t a t i o n a r y phase and a p o l a r aqueous mobile phase. 
Solvent systems u s u a l l y c o n s i s t of mixtures of methanol or 
a c e t o n i t r i l e w i t h water or b u f f e r . E l u t i n g strength increases 
w i t h decreases i n p o l a r i t y and, i n general, compounds of s i m i l a r 
s t r u c t u r e e l u t e i n order of decreasing p o l a r i t y as can be seen f o r 
a standard mixture (Figure l a ) of methyl, e t h y l , propyl and b u t y l 
parabens and the dye t a r t r a z i n e (24). The four parabens have 
r e l a t i v e l y large alpha-values, where 

k« = ( t - t Q ) / t 0 

where t i s the r e t e n t i o n time of a peak of i n t e r e s t and t Q i s 
the r e t e n t i o n time of an unretained substance. Such s e l e c t i v i t y 
f o r homologs i s a c h a r a c t e r i s t i c of RPHPLC and has great p o t e n t i a l 
i n the n a t u r a l products area where mixtures of homologs are 
freq u e n t l y encountered. The h i g h l y charged t a r t r a z i n e molecule, 
which would s t i c k i r r e v e r s i b l y to a s i l i c a column, e l u t e s at the 
f r o n t . This demonstrates one of the b e n e f i c i a l aspects of RPHPLC, 
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4. SITRIN ET AL. Preparative Reversed Phase HPLC 73 

namely, that very p o l a r contaminants are not re t a i n e d and the r e 
fore do not i n t e r f e r e with the chromatographic process. The f a c t 
that aqueous solvents can be used i s advantageous i n processing 
fermentation products where p o l a r charged water-soluble m a t e r i a l s 
such as peptides are fr e q u e n t l y encountered. 

Other advantages of RPHPLC already w e l l known i n a n a l y t i c a l 
a p p l i c a t i o n s a l s o c a r r y over to prep a r a t i v e work. They i n c l u d e : 
f a s t e r e q u i l i b r a t i o n times on solvent changes, i n t r i n s i c a l l y 
higher r e s o l u t i o n and c a p a c i t i e s than found on s i l i c a g e l alone, 
and the a b i l i t y to handle a wide d i v e r s i t y of compounds through 
the use of continuous or step g r a d i e n t s . As w i l l be described 
l a t e r , the use of such gradients allows f o r l i t e r a l l y u n l i m i t e d 
i n j e c t i o n volumes thus avoiding time-consuming l y o p h i l i z a t i o n or 
concentration steps. 

Smaller scale p r e p a r a t i v e RPHPLC. Pre p a r a t i v e chromatography can 
of course be run on many s c a l e s . When confronted w i t h a fermenta
t i o n broth c o n t a i n i n g an unknown a n t i b i o t i c , a f i r s t o b j e c t i v e i s 
to i s o l a t e enough m a t e r i a l to determine n o v e l t y . With today's 
instrumentation [mass spectrometry (MS), i n f r a r e d , u l t r a v i o l e t 
(UV), and nuclear magnetic resonance (NMR) spectroscopy], t h i s can 
oft e n be done with 1-2 mg of m a t e r i a l , r e a d i l y prepared on 
a n a l y t i c a l or semi-preparative columns (4.6 or 10 X 250 mm) w i t h 
10 micron packing. However, f o r more d e t a i l e d spectroscopic and 
b i o l o g i c a l s t u d i e s , l a r g e r amounts ( s e v e r a l hundred mg) are 
freque n t l y r e q u i r e d . For t h i s scale we employ glass columns 2.5 X 
50 cm (100 PSI l i m i t ) with l a r g e r p a r t i c l e supports. Because of 
pressure l i m i t a t i o n s , flow rates are of t e n l i m i t e d to 15 ml/min. 
Recently, several packings (Merck LiChroprep RP-18 25-40 micron, 
Whatman Prep 40 ODS-3 37-60 micron or Baker Bonded Phase-
Octadecyl (C13) 40 micron) have become a v a i l a b l e f o r such 
columns. However, when gram q u a n t i t i e s of products are req u i r e d , 
these g l a s s columns are i n s u f f i c i e n t and l a r g e r instruments are 
necessary as described below. 

M a t e r i a l s and Methods 

A n a l y t i c a l HPLC was run on a Beckman Model 345 Chromatograph 
equipped wi t h a Beckman 165 detector operated at 220 or 254 nm, as 
in d i c a t e d . Intermediate scale chromatography was run on Whatman 
Prep 40 ODS-3 (37-60 micron) dry packed, or Merck LiChroprep RP-18 
(25-40 micron) s l u r r y packed (60% methanol-water) i n t o g l a s s 
columns (2.54 X 50 cm, Altex-Beckman). Columns were equipped w i t h 
a pressure gauge (Ace Glass) and pressure release valves (Nupro) 
set at 90 PSI. E l u t i o n was performed with an FMI metering pump 
(maximum flow 15 ml/min at 100 PSI) equipped with an FMI pulse 
dampener ( F l u i d Metering Company) or with a Beckman 112 HPLC pump 
equipped wi t h a preparative head (maximum flow 30 ml/min at 2000 
PSI). E f f l u e n t s were monitored wi t h an ISCO UA-5 (Instrument 
S p e c i a l t i e s Company), or a Gow Mac Model 80-850 v a r i a b l e 
wavelength detector (Gow Mac Instruments) at 210 or 254 nm. 
Samples were introduced v i a a Rheodyne Tef l o n Valve ( R a i n i n 
Instruments), or by preadsorption of a s o l u t i o n of a n t i b i o t i c onto 
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reversed phase packing or c e l i t e by concentration on a ro t a r y 
evaporator and packing onto a small A l t e x Beckman gla s s pre-column 
(2.5 X 25 cm) equipped wi t h a s t e e l plunger. When s o l u b i l i t y 
permitted, l a r g e r volumes were i n j e c t e d through the pump i n a 
solvent c o n t a i n i n g lower amounts of organic m o d i f i e r than required 
f o r e l u t i o n . 

Larger scale chromatography was run on a J.Y. Chromatospac 
Prep 100 (J.Y. Instruments) or a Waters Prep-500A equipped wi t h a 
Whatman Magnum 40 (4.8 X 50 cm) column dry packed wi t h Whatman 
P a r t i s i l Prep 40 ODS-3 (37-60 um) and mounted i n place of the 
r a d i a l compression chambers. I n j e c t i o n s were c a r r i e d out by 
pumping on d i l u t e s o l u t i o n s of samples i n a solvent of lower 
e l u t i n g power. Detection was by the Gow Mac model 80-850 U.V. 
detector at 210 or 254 nm. 

Burdick and Jackson a c e t o n i t r i l e (UV grade) was used f o r 
a n a l y t i c a l and glass column work. Baker a c e t o n i t r i l e (HPLC) was 
used f o r l a r g e r scale work. Water f o r p r e p a r a t i v e work was 
deionized and glass d i s t i l l e d . 

P l a t e counts were determined by the formula 

Ν = 5.54 ( t / w e 5 ) 2 

where t i s r e t e n t i o n time and w #5 i s width at h a l f h eight. 
Values f o r p l a t e counts are given as p l a t e s per column and not 
normalized to p l a t e s per meter. 

The p o l y o x i n mixture was a water e x t r a c t of the a g r i c u l t u r a l 
product obtained from Kaken Kagaku Company. The other a n t i b i o t i c s 
were o r i g i n a l l y unknown i s o l a t e s from the SK&F fermentation screen. 

Results 

Low pressure g l a s s column separations. P l a t e counts are normally 
used i n a n a l y t i c a l columns as a measure of e f f i c i e n c y and 
separation p o t e n t i a l . We have found the determination of p l a t e 
counts to be d e s i r a b l e f o r the prep a r a t i v e columns i n order to 
monitor packing procedures and changes i n column performance w i t h 
time. Using the parabens (Figure l b ) at a n a l y t i c a l loading l e v e l s 
on a gla s s column packed wi t h 37-60 micron p a r t i c l e s , 500 to 800 
p l a t e s can be obtained. This compares w i t h several thousand 
p l a t e s f o r a n a l y t i c a l columns with smaller p a r t i c l e s (5 microns), 
as seen i n Figure l a . These numbers should be used only f o r 
comparative purposes, since p l a t e counts tend to drop on increased 
loading, (4-6,19) and the parabens tend to give higher p l a t e 
counts than complex a n t i b i o t i c s . Although seemingly low, 500 
p l a t e s i s s u f f i c i e n t to ob t a i n adequate r e s o l u t i o n when alpha-
values are 1.5 to 2.0. 

Very t i g h t separations (alpha values under 1.2) req u i r e 
higher e f f i c i e n c y , and therefore can only be run with d i f f i c u l t y 
on such large p a r t i c l e systems. When confronted with low alpha-
values, expensive preparative 10 micron columns ( f o r example the 
Whatman Magnum 20, 10,000 p l a t e s ) run under non-overload c o n d i 
t i o n s are re q u i r e d . Because such columns are small and operate 
w i t h high back pressures, they are l i m i t e d both i n loading 
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4. SITRIN ET AL. Preparative Reversed Phase HPLC 75 

Inj. 1 2 3 4 5 Minutes 

Figure l a . Separations of parabens and t a r t r a z i n e (0.1 μg each) 
on a preparative column (Beckman Ultrasphere ODS, 5 μπι, 4.6 χ 
150 mm. Mobile phase: 60% methanol. Flow: 1 ml/min, 1700 p s i . 
Detection: 254 nm (0.5 AUFS). 

Figure l b . Separations of parabens and t a r t r a z i n e (0.5-1 mg each) 
on an a n a l y t i c a l column (Whatman P a r t i s i l Prep 40 0DS-3, 37-60 
μπι, 2.5 χ 50 cm). Mobile phase: 60% methanol. Flow: 20 ml/min. 
Detection: 254 nm (1 AUFS). 
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capacity and maximum allowable flow r a t e . Furthermore, these high 
r e s o l u t i o n , small p a r t i c l e columns s u f f e r very severe pl a t e count 
drops on excessive loading. Thus, the plate count of 10,000 does 
not carry over to large scale preparative work. In order to get 
high throughput, the l a r g e r p a r t i c l e , lower r e s o l u t i o n systems are 
necessary. Thus, higher alpha-values need to be obtained e i t h e r 
by varying solvent, pH or packing chemistry, or by adjusting 
fermentation parameters to remove offending m a t e r i a l s . I f none of 
these can be done, scale-up with reasonable throughput w i l l be 
very d i f f i c u l t . 

Examples. Using the glass systems on p a r t i a l l y p u r i f i e d prepara
t i o n s , we have separated mixtures of polyoxins L, B, A and K, 
[(25), Figure 2] and g i l v o c a r c i n s V and M [(26), Figure 3]. The 
polyoxins are polar nucleosides and o r i g i n a l l y required extensive 
chromatography on c e l l u l o s e to y i e l d products f o r chemical 
c h a r a c t e r i z a t i o n and could not be chromatographed on s i l i c a (25). 
Using paired ion chromatography with hepta-fluorobutyric a c i d 
(HFBA), the four major components of the complex which d i f f e r i n 
amino acid content were r e a d i l y separated i n 100 mg q u a n t i t i e s 
(Figure 4). Structures of these a n t i b i o t i c s were assigned by f a s t 
atom bombardment mass spectrometry and NMR (27). 

In a second example of preparative RPHPLC, an e t h y l acetate 
e x t r a c t of an unknown a n t i b i o t i c which had been chromatographed on 
s i l i c a was f u r t h e r f r a c t i o n a t e d into homologs (Figure 5). 
Analysis by UV, MS and NMR i n d i c a t e d that these materials were 
g i l v o c a r c i n s M and V, d i f f e r i n g only i n the presence of a methyl 
or v i n y l side chain (26). 

Separation of a Glycopeptide A n t i b i o t i c Mixture 

The i s o l a t i o n and separation of three glycopeptide a n t i b i o t i c s 
(28) from a crude XAD-7 fermentation broth extract f u r t h e r 
exemplifies the advantages of preparative RPHPLC. Figure 6a gives 
an a n a l y t i c a l chromatogram of a crude i s o l a t e of a mixture of 
a n t i b i o t i c s of i n t e r e s t . The a n t i b i o t i c was not solvent e x t r a c t -
able and could not be chromatographed on s i l i c a . In exploratory 
work with t h i s complex, samples were processed through several 
p u r i f i c a t i o n steps (XAD, ion exchange, Sephadex, LH-20) and 
f i n a l l y on preparative RPHPLC using a n a l y t i c a l and glass prepara
t i v e columns. It was shown that the peaks labeled I, II and I I I 
were the a n t i b i o t i c components of i n t e r e s t . The multistep 
sequence was necessary to remove the polar contaminants which 
el u t e at the front of the a n a l y t i c a l chromatogram and which t a i l 
i n to the desired peaks. However, gram q u a n t i t i e s of each a n t i 
b i o t i c were needed and could not be obtained by that process 
because of the complexities of the clean-up procedure and the 
l i m i t e d capacity of the glass columns. 

Design of the separation. It i s well known that gradients can 
improve apparent r e s o l u t i o n i n chromatography ( I ) . The use of a 
gradient i n a separation such as that shown i n Figure 6a would be 
i d e a l i n that adequate clearance of the polar contaminants could 
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Figure 2. Structures of polyoxins L, B, A, and K. 
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Figure 3. Structures of g i l v o c a r c i n s V and M. 
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20 40 60 80 10of 120 140 160 180 200 Minutes 

10% 
Acetonitrile 

Figure 4. Separation of a polyo x i n mixture. Sample: polyoxin 
e x t r a c t (100 mg). Column: LiChroprep RP-18, 25-40 μπι, 2.5 χ 
50 cm. Mobile phase: 0.015 M HFBA. Flow: 14 ml/min, 80 p s i . 
Detection: 254 nm. 

Gilvocarcin V 

Gilvocarcin M / \ 

Inj. 1 2 3 Hours 

Figure 5. Separation of a g i l v o c a r c i n mixture. Sample: g i l v o 
c a r c i n (40 mg). Column: LiChroprep RP-18, 25-40 μπι, 2.5 χ 50 cm. 
Mobile phase: 35% a c e t o n i t r i l e . Flow: 8 ml/min, 80 p s i . 
Detection: 254 nm. 
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4. SITRIN ET AL. Preparative Reversed Phase HPLC 79 

take place before e l u t i o n of Peak I . Figure 6b shows an 
a n a l y t i c a l chromatogram of the same crude m a t e r i a l eluted w i t h a 
gradient of a c e t o n i t r i l e . In t h i s case the front m a t e r i a l i s 
completely resolved from the desired peaks. When 2 g of crude 
complex was chromatographed on a glas s column using a step 
gradient a s u b s t a n t i a l clean-up was observed, but r e s o l u t i o n and 
throughput were s t i l l l i m i t e d by column s i z e and flow rate 
l i m i t a t i o n s (See Figure 7). This separation took over 6 hours and 
yi e l d e d minimal amounts of products. S c a l i n g up to l a r g e r 
instruments was necessary. 

Scale-up instrumentaiton. Two commercially a v a i l a b l e instruments 
were used f o r the scale-up work, a J.Y. Chromatospac 100 and a 
Waters Prep-500A equipped wi t h a Whatman Magnum 40 column, as 
described i n M a t e r i a l s and Methods. The JY u n i t uses an a x i a l 
compression system to ob t a i n t i g h t packing. In our hands,"both 
systems di s p l a y e d equivalent r e s o l u t i o n . The Waters u n i t w i t h the 
Whatman column had s l i g h t l y lower c a p a c i t y because i t s column was 
smaller, but solvent changes and sample i n j e c t i o n s were e a s i e r to 
car r y out with i t s r e c i p r o c a t i n g pump. In both cases, a Gow Mac 
v a r i a b l e wavelength UV detector was used at 210 or 254 nm. This 
detector i s very d e s i r a b l e as i t shows a l i n e a r response to very 
concentrated s o l u t i o n s of compounds at t h e i r optimal absorbances. 
Detection of the des i r e d m a t e r i a l i s enhanced since t h i s d e t e c t o r 
can be used at the same wavelength as that used i n corresponding 
a n a l y t i c a l work. In our hands, the use of a normal v a r i a b l e 
wavelength detector run at a wavelength somewhat removed from the 
maximum, as oft e n recommended, has fre q u e n t l y given misleading 
r e s u l t s due to the numerous UV-absorbing contaminants i n fermen
t a t i o n products. The c e l l of the Gow Mac detector has a 0.1 mm 
pathlength making i t 100 times l e s s s e n s i t i v e than an a n a l y t i c a l 
UV detector w i t h a 10 mm pathlength. The c e l l design can a l s o 
handle 500 ml/min, the maximum flow rate of both large scale 
chromatographs. 

Both large scale systems di s p l a y e d lower r e s o l u t i o n (200-300 
p l a t e s ) than the glass columns when evaluated w i t h the parabens, 
but they s t i l l had s u f f i c i e n t r e s o l v i n g power to separate the 
paraben mixture (Figure 8 ) . In theory, e f f i c i e n c y i s s t i l l 
s u f f i c i e n t f o r r e s o l v i n g the three major components i n Figure 4 
(alpha's of 1.6 and 1.9). Using alpha = 1.6, Ν = 300, and k'= 10 
( t y p i c a l values from Figure 4 and c o n d i t i o n s used f o r p r e p a r a t i v e 
work) and the well-known (1) r e s o l u t i o n equation: 

R s = 1/4 ( a - l ) V ^ T k ' / ( k ' + l ) 

where R s ( r e s o l u t i o n ) i s the r a t i o of the distance between two 
peaks d i v i d e d by t h e i r average band width, a c a l c u l a t e d r e s o l u t i o n 
of 2.3 i s achieved. Such a value implies baseline r e s o l u t i o n (_1) 
and i s w e l l i n excess of that needed to resolve peaks I and I I 
(Figure 6a). (The minor peaks have r e l a t i v e alpha's of only 1.25 
implying an R s = 0.96, which i s s t i l l s u f f i c i e n t i f center cuts 
are taken.) These c a l c u l a t i o n s use p l a t e counts determined f o r 
i d e a l substances under non-overload c o n d i t i o n s . For c o n d i t i o n s 
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Peak I 

1 L. 
Inj. 5 9 Minutes 

Figure 6a. A n a l y t i c a l separations of a crude glycopeptide complex 
( i s o c r a t i c ) . Sample: crude a n t i b i o t i c e x t r a c t . Column: Beckman 
Ultrasphere ODS, 5 μπι, 4.6 χ 150 mm. Mobile phase: 35% aceto
n i t r i l e i n 0.1 M KH2PO4PH 3.2. Flow: 1.5 ml/min. Detection: 
220 nm. 

Figure 6b. A n a l y t i c a l separations of a crude glycopeptide complex 
( g r a d i e n t ) . Sample: crude a n t i b i o t i c e x t r a c t . Column: Beckman 
Ultrasphere ODS, 5 μπι, 4.6 χ 150 inm. Mobile phase: 27 to 37% 
a c e t o n i t r i l e i n 0.1 M KH2PO4PH 3.2. Flow: 1.5 ml/min. Detection: 
220 nm. 
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ι 
(50 mg) 

Inj. 1 2 3 4 5 6 Hours 

Figure 7. Small-scale preparative separation of glycopeptide 
complex. Sample: crude a n t i b i o t i c e x t r a c t (2 g). Column: 
Merck LiChroprep RP-18, 25-40 μπι, 2.5 χ 50 cm. Mobile phase: 
to 30% a c e t o n i t r i l e i n 0.1 M KH2P04pH 3.2. Flow: 14 ml/min, 
90 p s i . Detection: 210 nm (Gow Mac). 

I ' >-
Inj. 30 60 Minutes 

Figure 8. Separation of parabens on Magnum 40 column (4.8 χ 50 
cm). Sample: parabens and t a r t r a z i n e (60-80 mg each). Column: 
Whatman P a r t i s i l Prep 40 0DS-3 (37-60 μπι). Mobile phase: 60% 
methanol. Flow: 100 ml/min. Detection: 254 nm. 
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run at high loading (>10 mg/g) lower p l a t e counts are observed but 
oft e n other b e n e f i c i a l e f f e c t s such as those observed i n d i s p l a c e 
ment chromatography become evident (18). 

An example of a preparative separation of a p u r i f i e d fermenta
t i o n e x t r a c t i n order to obt a i n s u i t a b l e e l u t i o n c o n d i t i o n s using 
the Magnum column, i s shown i n Figure 9a. The sample (2 g), was 
i n j e c t e d through the pump i n a solvent system lower i n a c e t o n i 
t r i l e content than needed to e l u t e Peak I . E l u t i o n with a step 
gradient y i e l d e d ( a f t e r d e s a l t i n g ) each of the pure components 
wi t h b e t t e r than 90% recovery and p u r i t y (see Figure 9b). Loading 
i n t h i s case was approximately 1 mg of Component I per gram of 
adsorbant. 

Factors P o t e n t i a l l y L i m i t i n g Scale-up 

With s u i t a b l e solvent systems worked out, the question arose as to 
what extent t h i s process could be scaled up to produce gram quan
t i t i e s of each component. Three p o t e n t i a l l i m i t a t i o n s e x i s t e d : 
1) Supplies of p u r i f i e d intermediate, 2) loading c a p a c i t y of the 
column, 3) s i z e of column and cost of packing. 

Bypassing complex i s o l a t i o n scheme. The m u l t i s t e p procedure used 
to prepare the s t a r t i n g m a t e r i a l f o r t h i s chromatographic separa
t i o n was found to be the primary bottleneck. Therefore, i n the 
next scale-up experiment, 25 g of a crude XAD i s o l a t e ( c o n t a i n i n g 
2.2 g of Component I) i n 4 l i t e r s of 17% a c e t o n i t r i l e i n b u f f e r 
was pumped onto the column at 250 ml/min. Sequential step e l u -
t i o n s (20, 22, 24 and 26% a c e t o n i t r i l e at 250 ml/min) r e s u l t e d i n 
nearly b a s e l i n e r e s o l u t i o n of the three components (Figures 10a 
and 10b) again w i t h high recovery and p u r i t y (>85%), i n l e s s than 
3 hours. Since separate experiments had i n d i c a t e d that acceptable 
r e s o l u t i o n could be obtained at higher flow r a t e s , a l l scale-up 
work was performed at 250 ml/min. Thus, the preparative reversed 
phase column not only y i e l d e d chromatographically pure products 
but could achieve the p r e l i m i n a r y p u r i f i c a t i o n with high recovery 
i n hours, a process which otherwise took several days to do. 

When 50 g (c o n t a i n i n g approximately 3 g of each component) was 
i n j e c t e d i n 6 l i t e r s of b u f f e r alone, no breakthrough was observed, 
and on gradient e l u t i o n , the chromatogram shown i n Figure 11a was 
obtained. Although r e s o l u t i o n between the three components had 
d e t e r i o r a t e d , the complex had been e f f i c i e n t l y separated from the 
contaminants i n l e s s than 2 hours. This f i r s t chromatography step 
gives a "window" cut which i s r e l a t i v e l y free of contaminants of 
higher and lower p o l a r i t y and thereby more amenable to rechromato-
graphy. Indeed, on rechromatography, a superior separation of the 
complex i n t o i t s components occurred. The poorly resolved mixture 
of Components 1,11 and I I I from Figure 11a was pooled, d i l u t e d 
w i t h b u f f e r and rechromatographed to y i e l d , a f t e r d e s a l t i n g , 3 g 
each of the pure components (Figure l i b ) . Using the above two-
step procedure ( i . e . several separations on 50 g or more of crude 
e x t r a c t followed by rechromatography of the pooled p u r i f i e d 
complex) over 10 grams of the major component was obtained, with 
the same high recovery and p u r i t y as shown i n Figure 9b. 
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I 
(550 mg) 

Inj. 1 2 3 4 Hours 

Figure 9a. Small-scale preparative separation of glycopeptide 
complex on Magnum 40 column (4.5 χ 50 cm). Sample: p u r i f i e d 
a n t i b i o t i c (2 g). Column: Whatman P a r t i s i l Prep 40 ODS-3 (37-
60 μπι). Mobile phase: 20 to 26% a c e t o n i t r i l e i n 0.1 M KH2PO4PH 
6.0. Flow: 100 ml/min. Detection: 210 nm. 

Antibiotic Initial Isolated HPLC 
Component Content Weight Purity 

I 600 my 550 mg >95% 
II 350 mg 250 mg >90% 
III 250 mg 200 m g >95% 

Inj. 

Figure 9b. Recovery data f o r sma l l - s c a l e separation of g l y c o 
peptide complex on Magnum 40 column. Sample: p u r i f i e d component 
I. Column: Beckman Ultrasphere ODS, 5 μπι, 4.6 χ 150 mm). 
Mobile phase: 27 to 37% a c e t o n i t r i l e i n 0.1 M KH2P04pH 3.2. 
Flow: 1.5 ml/min. Detection: 220 nm. 
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% 
Acetonitrile 
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- 24 
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20 

- 17.5 

30 60 90 120 150 Minutes 

Preparative Separation 

Figure 10a. Scale-up preparative separation of glycopeptide com
plex (25 g run). Sample: crude a n t i b i o t i c complex (25 g). 
Column: Whatman P a r t i s i l Prep 40 ODS-3 (37-60 μπι) , Whatman Magnum 
40 (4.8 χ 50 cm). Mobile phase: 17.5 to 26% a c e t o n i t r i l e i n 0.1 
M KH2PO4PH 6.0. Flow: 250 ml/min. Detection: 210 nm. 

m 
1.3g 

2.ôg I 
π 

17g 

Minutes 

Figure 10b. A n a l y s i s of f r a c t i o n s f o r scale-up separation of 
glycopeptide complex (25 g run). Sample: pools from 25 g run. 
Column: Beckman Ultrasphere ODS (5 μπι), 4.6 χ 150 mm. Mobile 
phase: 27 to 37% a c e t o n i t r i l e i n 0.1 M KH2PO4PH 3.2. Flow: 
1.5 ml/min. Detection: 220 nm. 
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% 
Acetonitrile 

π 30 

Figure l i a . Scale-up preparative separation of glycopeptide com
plex (50 g run). Sample: crude a n t i b i o t i c complex (50 g) i n 6 L 
bu f f e r . Column: Whatman P a r t i s i l Prep 40 ODS-3 (37-60 μπι), What
man Magnum 40 (4.8 χ 50 cm). Mobile phase: 0 to 2870 a c e t o n i t r i l e 
i n 0.1 M KH2P04pH 6.0. Flow: 250 ml/min. Detection: 210 nm. 

Figure l i b . Rechromatography of pooled f r a c t i o n s f o r scale-up 
separation of glycopeptide complex (50 g run). Column: What
man P a r t i s i l Prep 40 0DS-3 (37-60 μπι) , Whatman Magnum 40 (4.8 χ 
50 cm). Mobile phase: 10 to 28% a c e t o n i t r i l e i n 0.1 M Kl^PO^pH 
6.0. Flow: 250 ml/min. Detection: 210 nm. 
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The use of the column as a concentrator i s notable. Pools 
c o n t a i n i n g r e l a t i v e l y large volumes of f r a c t i o n s (10-20 l i t e r s or 
l a r g e r ) can be mixed with equal volumes of b u f f e r to d i l u t e out 
the a c e t o n i t r i l e and pumped onto the column with complete 
r e t e n t i o n . Normal e l u t i o n can give the desired chromatographic 
separation or, using a very strong s o l v e n t , the e n t i r e product can 
be concentrated i n t o two to three l i t e r s , a volume s u i t a b l e f o r 
d e s a l t i n g , l y o p h i l i z a t i o n , e t c . Such a step takes l e s s time than 
l y o p h i l i z a t i o n or evaporation of the e n t i r e volume. 

Loading c a p a c i t y . The second f a c t o r which l i m i t s throughput, 
i n d i c a t e d e a r l i e r , i s the loading c a p a c i t y of the column. Table I 
shows the r e s u l t s of a loading study w i t h homogeneous Compound I 
which i n d i c a t e s that "overload" (as defined (I) by a 10% lo s s i n 
k 1 ) occurs at l e v e l s of 1-2 mg of pure m a t e r i a l per g adsorbent. 
The k 1 values i n Table I are apparent k's since the chromtographic 
procedure uses a step gradient i n order to i n j e c t large volumes. 
Actual k's are somewhat lower. A l s o , l o s s of r e s o l u t i o n (defined 
by N) occurs as loading increases beyond that l e v e l . On 
r e c a l c u l a t i o n of r e s o l u t i o n observed at the highest l e v e l tested 
(13 mg/g) using Ν = 53, alpha = 1.6 and k'= 16, a minimally 
acceptable value of 1.0 i s obtained. In theory, t h i s probably 
represents the maximum loading for separation of Component I from 
Component I I . At present, q u a n t i t i e s are not a v a i l a b l e to confirm 
t h i s . Although s u b s t a n t i a l l y higher loadings are p o s s i b l e by 
using displacement chromatography, the o v e r a l l throughput would 
s t i l l depend on the c a p a c i t y of the column to p u r i f y the l a r g e r 
amounts of crude e x t r a c t s needed to prepare the precursors f o r the 
displacement chromatography step. The maximum loading of crude 
e x t r a c t i s yet to be determined because of supply c o n s i d e r a t i o n s . 

Cost l i m i t a t i o n s . The t h i r d l i m i t a t i o n to scale up i s the s i z e of 
column used and cost of packing. In c a r r y i n g out large scale work 
on crude e x t r a c t s , the cost of packing i s dependent on column 
l i f e . We have found that the packing turns dark i n c o l o r and 
loses r e s o l u t i o n a f t e r s e v e r a l 50 g runs. However, i t can be 
completely regenerated by e x t r u s i o n , soaking i n DMSO and repack
ing . Because the packing can be regenerated and reused, i t s 
modest cost ($700/kg) i s not a serious obstacle to i t s use on 
crude m a t e r i a l . Should f u r t h e r scale-up be required, l a r g e r 
columns wit h 4 and 20 times the capacity as the Prep-40 column are 
a v a i l a b l e from Whatman, as are the i n d u s t r i a l u n i t s from Whatman 
and Waters. 

Conclusions 

In summary, we have demonstrated the p o t e n t i a l u t i l i t y of 
preparative reversed phase HPLC as a t o o l to p u r i f y fermentation 
products i n multigram scale on lab o r a t o r y instruments. Secondly, 
due to i t s i n t r i n s i c s e l e c t i v i t y and c o m p a t i b i l i t y w i t h the use of 
high flow r a t e s , RPHLC i s a u s e f u l t o o l f o r r a p i d l y p u r i f y i n g 
crude fermentation e x t r a c t s to a l e v e l of p u r i t y equivalent to 
that obtained by m u l t i s t e p time consuming procedures. We 
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TABLE I . Loading Study - Component 

I n j e c t i o n 

Weight Volume*5 ) Loading 
(g) (ml) (mg/g) k'c> Ν R sd) 

0.2 80 0.3 19.2 147 1.7 
0.2 2000 0.3 19.3 142 1.7 
0.6 220 1.0 17.8 122 1.6 
1.2 440 2.0 17.7 121 1.6 
2.4 880 4.0 17.2 95 1.4 
5.0 1900 8.3 16.2 61 1.1 
7.7 1000 12.8 17.4 51 1.0 

a) Eluant: 24% CH3CN i n 0.1 M phosphate b u f f e r pH 6.0 at 200 
ml/min. Whatman Prep 40 ODS-3 Packing (37-60 micron) 
i n Magnum 40 Column 50 X 4.8 cm; UV d e t e c t i o n at 210 urn. 

b) Sample d i s s o l v e d i n b u f f e r , no a c e t o n i t r i l e . Column was 
pr e - e q u i l i b r a t e d w i t h same b u f f e r . 

c) Apparent k', not corrected f o r e q u i l i b r a t i o n time. 

d) Ca l c u l a t e d using alpha = 1.6. 
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recommend a two-step procedure to get maximum throughput of 
m a t e r i a l : 1) Several runs, loaded as h e a v i l y as p o s s i b l e with 
crude e x t r a c t s to get a "window" c o n t a i n i n g the d e s i r e d 
m a t e r i a l ( s ) , 2) rechromatography of pooled cuts to produce the 
pure product. 

F i n a l l y , the o v e r a l l l o s s i n p l a t e count i n going from a 5 
micron a n a l y t i c a l column run at low loading with i d e a l substances 
to a l a r g e r p a r t i c l e p r e parative column (37-60 microns) run at 
high loading with complex substrates i s indeed s t r i k i n g . 
Nevertheless, f o r p r e p a r a t i v e purposes such r e s o l u t i o n i s s t i l l 
s u f f i c i e n t to separate compounds c l e a n l y with high recovery 
provided that alpha-values are large enough (>1.5). I t would 
appear that excessive concern wi t h p l a t e counts i n such systems i s 
unwarranted unless very c l o s e separations are being run. 
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5 
Process Scale Chromatography 
The New Frontier in High Performance Liquid Chromatography 

A. H. HECKENDORF1, E. A S H A R E , and C. RAUSCH 

Waters Associates, Inc., Milford, M A 01757 

In a process scale chromatograph, the concern for 
continuous utilization of an expensive investment in 
capital equipment plays a key role in the trade-offs of 
operation. The scale-up from the laboratory to the 
industrial scale equipment requires a system engineered 
to solve a problem greater than the task of purifying 
larger amounts of compound. The problem is one of 
operating a system at minimum cost and obtaining high 
yields of compound at high purity in as short a period 
of time as possible, and at as high a concentration as 
possible to minimize cost and solvent removal problems 
in the recovery process. The use of multiple column 
segments allows the flexibility of tailoring the column 
length to the difficulty of varieties of separations and 
through column sequence and dynamic column length 
control, many different modes of operation can be 
performed. 

High performance liquid chromatography has developed from the 
analytical scale to the process scale. The evolution of column 
technology was enhanced by a technique of radial compression, first 
developed in 1975. This technology was the result of the 
realization that rather than go to smaller and smaller particle 
technology to gain resolution in order to enhance the ability of a 
packed bed structure to resolve compounds, the spaces between 
particles could be decreased, thus decreasing the amount of 
dilution that would occur from a given mass transfer rate. This 
significant step in the evolution of analytical HPLC technology 
resulted in the ability to change direction away from open column 
chromatography to the utilization of high-speed, high-resolution, 
column technology. 

1Current address: NEST Group, Southboro, MA 01772. 

0097-6156/ 85/0271 -0091 $06.00/0 
© 1985 American Chemical Society 
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I n t r o d u c t i o n to the Technology of Chromatography 

I f one compares the e f f i c i e n c y or r e s o l v i n g power of smaller 
p a r t i c l e m a t e r i a l s i n a packed bed s t r u c t u r e to the load 
requirements of pr e p a r a t i v e chromatography (Figure 1 ) , one can see 
t h a t , i n f a c t , r e s o l u t i o n decreases w i t h l o a d . Hence, the d r i v e 
toward smaller p a r t i c l e s i s a go a l f o r the a n a l y t i c a l 
chromatographer, but i t i s not a mutually shared g o a l f o r the 
pre p a r a t i v e chromatographer. Because prep i s the r e l a t i v e 
enrichment of one compound vs. another, i t i s the a b i l i t y to 
i s o l a t e compounds from a packed bed s t r u c t u r e i n high y i e l d and 
high mass i n a short period of time. 

T h i s R a d i a l Compression technology has been packaged i n a 
v a r i e t y of forms, the smallest of which i s the SEP-PAK c a r t r i d g e 
f o r sample pr e p a r a t i o n f o r the a n a l y t i c a l chromatographer. A 
SEP-PAK c a r t r i d g e i l l u s t r a t e s how column technology can f u n c t i o n 
much l i k e a l i q u i d - l i q u i d e x t r a c t o r , while u t i l i z i n g an immobilized 
bed. The SEP-PAK C-18 c a r t r i d g e i s f i l l e d w i t h s i l i c a g e l which 
i s c o v a l e n t l y bonded w i t h an oct a d e c y l s i l a n e ether. This C-18 
(octa d e c y l ) c o a t i n g f u n c t i o n s l i k e the non-polar solvent i n a 
l i q u i d / l i q u i d e x t r a c t o r , and i f one passes a polar solvent across 
t h i s column, a p a r t i t i o n phenomenon occurs. I f one needs to 
separate the components of a mixture, one can s e l e c t solvent 
c o n d i t i o n s which w i l l optimize the p a r t i t i o n i n g a b i l i t y of the 
non-polar immobilized phase. I f one uses water, the f u r t h e s t i n 
p o l a r i t y away from the non-polar C-18 group, n e u t r a l p o l a r and 
non-polar sample components are p a r t i t i o n e d i n t o the surface 
c o a t i n g . I f the amount of m i s c i b l e non-polar solvent i n the mobile 
phase i s s e l e c t i v e l y i ncreased, one can s e l e c t i v e l y e l u t e or 
p a r t i t i o n away from that bonded phase the var i o u s components. I f 
one increases even f u r t h e r the non-polar component of the mobile 
phase, the a d d i t i o n a l components begin to e l u t e . Thus, r a t h e r 
q u i c k l y we can f r a c t i o n a t e a complex mixture i n t o s e v e r a l 
components, or f r a c t i o n a t e a simple mixture i n t o i t s i n d i v i d u a l 
components. 

Column Technology Design 

The technology o f f e r e d to the process i n d u s t r y i s a combination of 
column technology, column chemistry and system a r c h i t e c t u r e 
optimized around a p a r t i c u l a r task. The key element to most 
chromatographic systems i s based on column design, and the 
parameters f o r column performance are optimized. I f one were 
concerned about the e f f e c t i v e n e s s of the packed bed s t r u c t u r e , and 
i n keeping i t i n place f o r long periods of time, and one wanted to 
minimize the use of pressure because the trend i s towards higher 
pressures to get be t t e r r e s o l u t i o n , one needs an a l t e r n a t e approach 
to s c a l i n g up column c a p a c i t y . 

One can get that b e t t e r r e s o l u t i o n f o r a p a r t i c u l a r p a r t i c l e 
s i z e without the increased pressure through r a d i a l compression 
technology. The need to improve r e s o l u t i o n as i n the a n a l y t i c a l 
world i s there, but i n the p r e p a r a t i v e world there i s a l s o the need 
to c o n t r o l the bed s t r u c t u r e over long periods of time. The use of 
massive overload and massive overworking of the column to serve 
production purposes, demands a more r i g i d c o n t r o l over the 
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Figure 1. Load vs. p a r t i c l e s i z e . 
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94 PURIFICATION OF FERMENTATION PRODUCTS 

p o t e n t i a l channeling and v o i d i n g of that bed s t r u c t u r e through 
solvent changes, solvent s t r i p p i n g , and general abuse tha t occurs 
i n the process environment to c o n t r o l c o s t s . I f one can keep 
pressures low, one a l s o can increase the speed w i t h which one can 
flow through that column and, thus, the separation time i s going to 
be at a minimum. One wants to get the best e f f i c i e n c y out of that 
bed s t r u c t u r e that one can, regardless of that f a c t that one w i l l 
l o s e a good p o r t i o n of th a t e f f i c i e n c y through l o a d a b i l i t y . And, 
one i s going to want to have the best c a p a c i t y f o r separating 
compounds t h a t one can w i t h a f i x e d bed length. 

a-1 k f 

R = 1/4 vHï α k» +1 

The r e s o l u t i o n equation i s composed of three p a r t s : the e f f i c i e n c y 
parameter, N, the chemistry or s e l e c t i v i t y parameter, alpha, and 
the c a p a c i t y or l o a d a b i l i t y parameter, k'· In the r e s o l u t i o n 
equation f o r the p r e p a r a t i v e environment, t h i s equation i s already 
f i x e d by the chemistry parameters. For example, the c a p a c i t y 
f a c t o r i s set f o r the optimum load from the a n a l y t i c a l data; the 
chemistry or s e l e c t i v i t y parameter i s set by the a n a l y t i c a l work-up 
where one has te s t e d a l l the p o s s i b l e combinations of chemistry 
r e q u i r e d to get the s e p a r a t i o n ; and the e f f i c i e n c y parameter i s 
f i x e d by the amount of load that i s going to be put on that bed 
s t r u c t u r e . 

The e f f i c i e n c y , N, i s a f u n c t i o n of the length and the height 
e q u i v a l e n t to a t h e o r e t i c a l p l a t e . 

Ν = L/H 

The height equivalent to a t h e o r e t i c a l p l a t e i s composed of three 
components of the equation: 

H = A + B/u + Cu 

The A term (Eddy d i f f u s i o n ) i s the term minimized by r a d i a l 
compression technology; the Β term i s p o s i t i v e l y i n f l u e n c e d by 
l i n e a r v e l o c i t y i n c r e a s e s . I f one wants to go to higher speeds, 
the l o n g i t u d i n a l d i f f u s i o n (the Β term) gets sma l l e r . This i s good 
because one i s going to want to use the system at as high a r a t e as 
p o s s i b l e to get the maximum throughput out of t h i s investment. 
However, the C term i s n e g a t i v e l y a f f e c t e d by t h i s i ncrease i n 
l i n e a r v e l o c i t y , u, So one needs some f l u i d v e l o c i t y c o n t r o l to be 
able to o p t i m a l l y get the separation over the widest p o s s i b l e 
operating range. Thus, the goals are to d r i v e the Η term down (the 
height equivalent to a t h e o r e t i c a l p l a t e down), get the optimum use 
of pressure, and to maintain Η over a wide dynamic f l o w range, so 
that one can do a number of d i f f e r e n t separations on the same 
system at d i f f e r e n t l i n e a r v e l o c i t i e s . 
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5. HECKENDORF ET AL. Process Scale Chromatography 95 

I f one considers the e f f e c t s of packing m a t e r i a l p a r t i c l e 
s i z e on l i n e a r v e l o c i t y , i t has been determined that i f one 
decreases p a r t i c l e s i z e by a f a c t o r of two, the pressure increases 
as i t s square. Thus, the p r o d u c t i v i t y increase i s p o t e n t i a l l y 
jeopardized f o r an e s t h e t i c increase i n r e s o l u t i o n . One needs to 
t e s t the a c t u a l r e s o l u t i o n achieved i n chromatograms of "unresolved 
peaks" by t a k i n g f r a c t i o n s through the r e g i o n of i n t e r e s t and 
a n a l y z i n g t h e i r composition. 

Analogously, the choice of pore s i z e on p r o d u c t i v i t y must be 
evaluated too. The recent i n t e r e s t i n l a r g e pore (greater than 300 
angstrom) packing m a t e r i a l s f o r chromatography of macromolecules 
such as peptides and p r o t e i n s was i n i t i a t e d to a l l o w higher 
r e c o v e r i e s from each chromatographic run, as w e l l as to e l i m i n a t e 
"memory" e f f e c t s from entrapped molecules on subsequent runs. 
However, the l a r g e r the pore s i z e , the smaller the surface area 
becomes. This r e s u l t s i n lower c a p a c i t y f a c t o r s , k 1, as w e l l as 
lower t o t a l c a p a c i t y from a chromatographic system. Thus, t e s t i n g 
of r e l a t i v e l o a d a b i l i t y and c a p a c i t y from the packing m a t e r i a l s i s 
necessary to optimize the p r o d u c t i v i t i e s of any system. 

A s i g n i f i c a n t c o n s i d e r a t i o n i n the production environment i s 
the c o n c e n t r a t i o n of the product i n the eluent due to the costs 
a s s o c i a t e d w i t h sample recovery systems and compound s t a b i l i t y 
during recovery. Concentration i s a f u n c t i o n of the length and 
diameter of the column. The wider the column and the longer i t i s , 
the more d i l u t e the product stream i s going to be. Thus, the more 
energy and time required t o recover the components of i n t e r e s t , and 
the higher the p o t e n t i a l f o r product y i e l d losses due to degrada
t i o n of p u r i f i e d product. Thus, c o n s i d e r a t i o n of techniques to 
prevent product d i l u t i o n i n a chromatographic system are important. 

The amount of time i n v o l v e d w i t h the separation i s going to 
be a f u n c t i o n of the l e n g t h of the column, the l i n e a r v e l o c i t y , and 
the c a p a c i t y term we discussed above. I f one wants to get the most 
f l e x i b l e column system f o r a v a r i e t y of separation problems, what 
one i s going to want to do i s optimize each of these terms ( f l u i d 
v e l o c i t y , c o n c e n t r a t i o n and separation time). What one i s forced 
to consider i s the a b i l i t y to have a dynamic column length c o n t r o l 
b u i l t i n t o the system a r c h i t e c t u r e , which w i l l minimize the amount 
of d i l u t i o n , shorten the amount of time to get components out, keep 
the pressure at i t s lowest p o s s i b l e l e v e l f o r maximum operating 
c a p a b i l i t y , and not s a c r i f i c e the a b i l i t y to separate compounds. 
I f one i n c o r p o r a t e s r a d i a l compression technology i n t o the 
chromatographic system, i t o f f e r s one the a b i l i t y to segment the 
column i n t o short segments without s a c r i f i c i n g f l u i d d i s t r i b u t i o n 
or i n c r e a s i n g product d i l u t i o n through t h i s segmentation of the 
bed; w h i l e , at the same time, i t o f f e r s the a b i l i t y to get the 
maximum e f f i c i e n c y of our sample feed r a t e w i t h respect to the 
column length. 

In Figure 2, one can see that the r a t i o of the column length 
a v a i l a b l e over the minimum length necessary to get a sep a r a t i o n , 
p l o t t e d against the e f f i c i e n c y of the sample feed r a t e , goes 
through an optimum. And, depending on lo a d , t h i s optimum can 
s h i f t , so that the need f o r having a v a r i a b l e length column w i t h i n 
a s i n g l e system i s apparent, e s p e c i a l l y when one compares t h a t same 
L over L min. r a t i o against the e f f i c i e n c y of solvent u t i l i z a t i o n . 
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EFFICIENCY 
OF SAMPLE 
FEED RATE 

LOAD 

COLUMN LENGTH / LENGTH (MIN) 

SOLVENT UTILIZATION 
LOAD 

COLUMN LENGTH / LENGTH (MIN) 

Figure 2. E f f e c t s of dynamic column length c o n t r o l . 
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5. HECKENDORF ET AL. Process Scale Chromatography 97 

I f one can f i x the column length at an optimum f o r the sample feed 
r a t e , then one can f i x the amount of solvent r e q u i r e d to get that 
s e p a r a t i o n . 

F l u i d V e l o c i t y C o n t r o l 

One must look at the f a c t o r s a f f e c t i n g sample d i s t r i b u t i o n to see 
how one can c o n t r o l t h i s f l u i d v e l o c i t y parameter, to a l l o w 
segmentation of the column. S c a l i n g parameters f o r sample 
d i s t r i b u t i o n i n v o l v e f l u i d d i s t r i b u t i o n , c o n t r o l over temperature 
and, as has been discussed, a pressure c o n s i d e r a t i o n as w e l l as a 
mixing volume concern. 

I f one does not c o n t r o l mixing volumes adequately, there w i l l 
be an automatic increase i n the volume of the product. I f one 
u t i l i z e s a large volume taper at the end of the column to c o n t r o l 
f l u i d v e l o c i t y , as has been done i n the l a b o r a t o r y column 
tec h n o l o g i e s , one can get a smooth a d d i t i o n of sample onto the 
column at low l i n e a r v e l o c i t i e s . However, i n a production 
environment where one i s going to t r y to o p t i m a l l y pump that bed 
s t r u c t u r e , one can see from the Van Deemeter p l o t comparison to the 
f l u i d v e l o c i t y p r o f i l e s w i t h i n t h i s schematic of a column (Figure 
3) that one w i l l be operating at d i f f e r e n t l i n e a r v e l o c i t i e s w i t h i n 
that d i s t r i b u t i o n o r i f a c e . T h i s adds volume to the product, and 
consequently, there's a l o s s of r e s o l v i n g power w i t h i n the system. 

Considering the e f f e c t of momentum on the volume of the peak 
through t h i s schematic here, one had a point source of sample and 
solve n t at high l i n e a r v e l o c i t i e s , the center of the peak would be 
dr i v e n downwards w i t h i n the column because of momentum. I f one 
uses a d i s t r i b u t i o n p l a t e to i n t e r r u p t that momentum and to 
adequately d i s t r i b u t e the sample across the bed s t r u c t u r e , l e s s of 
a momentum parameter w i l l be introduced to that s e p a r a t i o n . This 
l a t t e r s i t u a t i o n can be achieved most e f f e c t i v e l y i f one has 
el i m i n a t e d the w a l l e f f e c t through r a d i a l compression technology, 
and has obtained a uniform d e n s i t y bed through the same 
technology. Schematically, t h i s f l u i d d i s t r i b u t i o n system has been 
achieved on our technology through the use of a set of t h i n , low 
volume d i s k s , supported by the force of the a x i a l b r i d g i n g of the 
packing under r a d i a l compression, so tha t the sample i s put on i n a 
uniform manner, regardless of flow r a t e through the bed. 

Schematically, one can get a v a r i e t y of band p r o f i l e s from 
column design and bed s t r u c t u r e parameters. On the top l e f t of 
Figur e 4 i s one p r o f i l e from a hi g h l i n e a r v e l o c i t y f l o w of the 
column. The center p r o f i l e shows the e f f e c t of w a l l e f f e c t and 
point source d i s t r i b u t i o n of sample and solvent at high l i n e a r 
v e l o c i t i e s . I f one e l i m i n a t e s the w a l l e f f e c t by u t i l i z i n g very 
wide diameter columns and smaller p a r t i c l e packing, but s t i l l has a 
poi n t source d i s t r i b u t i o n of sample and so l v e n t , one w i l l get band 
d i s t o r t i o n i n the center of the band at higher f l u i d v e l o c i t i e s . 
The net r e s u l t i n a process environment would be a broad d i l u t e 
product peak. I f one can combine w a l l e f f e c t , bed d e n s i t y and 
f l u i d d i s t r i b u t i o n c o n t r o l , one can narrow t h i s band and increase 
the c o n c e n t r a t i o n of product, as i l l u s t r a t e d on the bottom of 
Figu r e 4. 
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F A V O R E D F L O W P A T T E R N S 

UNIFORM S T R U C T U R E 
ELIMINATION O F F A V O R E D F L O W 

Figure 4. Band spreading. 
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5. HECKENDORF ET AL. Process Scale Chromatography 99 

System A r c h i t e c t u r e 

Having designed an optimum column f o r s e p a r a t i o n , we can now 
incor p o r a t e t h i s technology i n t o the optimum system a r c h i t e c t u r e . 
T his system a r c h i t e c t u r e should incorporate the segmented column 
design that i s necessary f o r a maximally f l e x i b l e u n i t separation 
process i n a production environment. Segmented column design 
allows column sequence c o n t r o l w i t h i n the system. Thus, one can 
get a more continuous recovery of product or a higher operating 
e f f i c i e n c y out of the system. And, because one i s segmenting that 
column, one can use more of the column bed f o r an operatio n at any 
s i n g l e time than would be able to be done w i t h a s i n g l e l a r g e 
column. 

Schematically (Figure 5 ) , one can compare a separation of two 
components—one on a long column and one on a short one—and one 
can see t h a t , with a segmented design one can p u l l out i n t o the 
product stream a m a t e r i a l that i s p a r t i a l l y p u r i f i e d or m a t e r i a l 
that i s f u l l y p u r i f i e d , and the p a r t i a l l y p u r i f i e d m a t e r i a l i s then 
sequenced onto another column segment f o r f u r t h e r p u r i f i c a t i o n . 
This minimizes the amount of dead time between sample stream 
a d d i t i o n s and a l s o allows one to view what's going on w i t h i n the 
column at a higher frequency r a t e than one i s able to do on a 
la r g e r column. 

Through p a r a l l e l column segment operati o n (Figure 6 ) , one can 
c o n t i n u a l l y load product onto the columns at sho r t e r c y c l e s , thus 
g e t t i n g a higher product stream output. 

I f one i s going to c o n t r o l column sequence, t h i s allows one 
to u t i l i z e complex solvent sequences as w e l l (Figure 7 ) . For 
example, f o r c e r t a i n samples one w i l l have to put on a sample; 
a f t e r that separation i s complete, one w i l l have to f l u s h that bed 
s t r u c t u r e and then one w i l l have to r e - e q u i l i b r a t e that bed 
s t r u c t u r e before the next sample can be added. I f one uses a 
segmented column system, one can operate each column independently 
i n terms of the operat i o n sequence, and o p t i m a l l y get the 
downstream side of the system f u n c t i o n i n g at i t s maximum because, 
at each step, there w i l l be a product coming out of the bed. 

In a three column system, on Column One the column 
o p e r a t i o n a l sequence w i l l be sample, f l u s h , e q u i l i b r a t e , and then 
on Column Two one w i l l have to e q u i l i b r a t e , sample, f l u s h ; and to 
set up Column Three i n sequence, one i s going to e q u i l i b r a t e 
through the f i r s t two steps and then load sample and then f l u s h . 
Note that the product i s continuously coming out of the system 
a f t e r each sequence. This i s d i f f e r e n t than i f one had a s i n g l e 
column and one had to wait f o r longer periods of time between 
events. I t allows optimum u t i l i z a t i o n of downstream recovery 
equipment w i t h l e s s batch operation. 

Dynamic column le n g t h c o n t r o l and column sequence c o n t r o l 
a l s o o f f e r the a b i l i t y to f r a c t i o n a t e complex mixtures by the use 
of v a r i o u s column segments to perform the s e p a r a t i o n tasks 
d i f f e r e n t l y . For example: I n the c o n f i g u r a t i o n i n Figure 8, one 
can f l u s h the e a r l y e l u t e r s from a complex mixture, and then shunt 
the p a r t i a l l y p u r i f i e d product onto the se p a r a t i o n segments of the 
system. And simultaneously, f l u s h the long e l u t e r s o f f tha t f i r s t 
column segment as w e l l . This gives one some f l e x i b i l i t y i n 
o p e r a t i o n by a l l o w i n g the system to handle both complex and simple 
s e p a r a t i o n processes on the same equipment. 
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A > 
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Figure 5. Column segmentation f o r optimum column u t i l i z a t i o n . 

SAMPLE FLUSH EQUILIBRATE 

" PRODUCT STREAM 
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gure 6. Column sequence c o n t r o l ( f o r complex solvent sequences.) 
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SAMPLE EQUILIBRATE EQUILIBRATE 
FLUSH SAMPLE EQUILIBRATE 
EQUILIBRATE FLUSH SAMPLE 
SAMPLE EQUILIBRATE FLUSH 

PRODUCT 
PRODUCT 
PRODUCT 
PRODUCT 

Figure 7. Column sequence c o n t r o l ( f o r complex solvent sequences.) 

INLET 
FEED 

PRODUCT STREAM 
""FLUSH 

EARLY 
ELUTERS 

FLUSH 
LONG 

ELUTERS 
PRODUCT STREAM 

' INLET 
FEED 

Figure 8. Dynamic column length c o n t r o l and column sequence 
c o n t r o l ( f o r complex mixture s i m p l i f i c a t i o n . ) 
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5. H E C K E N D O R F ET AL. Process Scale Chromatography 103 

This technology has been b u i l t i n t o the Waters p i l o t p lant 
u n i t c a l l e d the KILOPREP Process Chromatography System. I t ' s 
the f i r s t of a s e r i e s of i n c r e a s i n g l y l a r g e r chromatographs 
i n c o r p o r a t i n g r a d i a l compression technology i n t o the system. The 
performance of t h i s l a r g e r system can be p r e d i c t e d from the data 
generated i n an equivalent l a b o r a t o r y device as i n Figure 9. This 
i s important to process development programs because i t minimizes 
the amount of product and solvent needed to work out a development 
program. 

The technology of high performance l i q u i d chromatography has 
been s u c c e s s f u l l y extended from the a n a l y t i c a l s c a l e to the process 
s c a l e . The a b i l i t y to c o n t r o l the v a r i o u s o p e r a t i o n parameters to 
sc a l e up d i r e c t l y from the l a b o r a t o r y to the p i l o t p lant and beyond 
to the production environment has been developed. This technology 
can be combined w i t h other separations t e c h n o l o g i e s , such as 
membrane separations, to provide p a r t i c l e - f r e e s o l v e n t s , u l t r a p u r e 
products, and concentrated product streams. This w i l l g i v e the 
opportunity to d e a l with f u t u r e separations problems of the 
chemical process i n d u s t r y . 

R E C E I V E D October 4, 1984 
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6 
Immunosorbent Chromatography for Recovery 
of Protein Products 

JOHN P. H A M M A N and GARY J. CALTON 

Purification Engineering, Inc., Columbia, M D 21046 

The recovery of protein products from fermentation 
processes by immunosorbent chromatography can be 
economically attractive. The amount of immunosorbent 
required is a major cost factor. The proper selection 
of antibody, matrix, immobilization method and elution 
conditions can allow high throughput for a given volume 
of immunosorbent. The throughput depends mainly on the 
flow rates through the column and cycle half-life. 

Genetic engineering has provided a cost effective method for the 
production of large quantities of pharmaceutical proteins. The 
next major challenge is the isolation of these proteins in a highly 
purified form in high yield at low cost. The development of a cost 
effective isolation procedure involves chosing methods for the 
release of the protein from the cells, separation of the desired 
protein from other soluble proteins and isolation of the protein in 
a form required for stability and use. 

Except in cases where the protein is secreted by the cells, 
the initial steps of cell concentration, cell disruption and 
removal of cellular debris are common to all protein isolation 
schemes, and will not be considered here. 

A major cost decision will be the selection of a method for 
separation of the desired protein from other soluble proteins. 
Classical methods for protein purification based on charge, size, 
mass and solubility are individually non-specific and must be used 
in appropriate combinations as experimentally determined. These 
multi-step procedures increase capital costs, labor costs and the 
time required for the purification. For labile proteins the 
decreased yield of material due to degradation during the rela
tively long time required for purification is a major cost factor. 
The use of molecular recognition as exemplified by the immuno
logical complex formed by antigen and antibody, has definite advan
tages for protein purification. The application of chromatographic 
methods using immobilized monoclonal antibodies can effect the 
purification of a protein from a complex mixture in a single step 
(1-6). Cost savings would result from reduced capital and labor 
costs and increased isolation yields. 

0097-6156/ 85/ 0271 -0105506.00/ 0 
© 1985 American Chemical Society 
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106 PURIFICATION OF FERMENTATION PRODUCTS 

C r i t e r i a f o r S e l e c t i n g an Immunosorbent 

The i n d u s t r i a l a p p l i c a t i o n of t h i s technique requires the c a r e f u l 
s e l e c t i o n of antibody, i m m o b i l i z a t i o n method and i n s o l u b l e matrix. 
The general requirements f o r an immunosorbent p u r i f i c a t i o n method 
and the f a c t o r s that a f f e c t these requirements are l i s t e d i n Table 
I . 

Table I . Immunosorbent Requirements 

REQUIREMENT FACTORS AFFECTING REQUIREMENTS 
Absorb p r o t e i n 

from mixture 
Q u a n i t a t i v e e l u t i o n 

Adequate c a p a c i t y 
Retains c a p a c i t y a f t e r 

repeated c y c l i n g 
Adequate flow r a t e s 

antibody, m a t r i x , feed stock 

p r o t e i n , antibody, immobiliza
t i o n method 

matrix, i m m o b i l i z a t i o n method 
mat r i x , antibody, immobiliza-

method, feed stock 
matrix, antibody 

Only monoclonal ant i b o d i e s allow one to s e l e c t the s p e c i f i 
c i t y , a f f i n i t y and s t a b i l i t y of an antibody required f o r the 
s p e c i f i c absorption of the p r o t e i n , the q u a n t i t a t i v e e l u t i o n of 
the p r o t e i n under c o n d i t i o n s which r e t a i n i t s a c t i v i t y and the 
c a p a c i t y a f t e r repeated c y c l i n g . The i m m o b i l i z a t i o n method i s 
chosen to r e t a i n a high percentage of the antibody a c t i v i t y 
a f f e c t i n g the c a p a c i t y of the immunosorbent. Some methods of 
i m m o b i l i z a t i o n form chemical bonds between the antibody and 
mat r i x that are unstable i n s o l u t i o n s that may be used f o r 
lo a d i n g or e l u t i o n . The antibody can then bleed o f f the matrix, 
thus a f f e c t i n g the p u r i t y of the p r o t e i n and the c a p a c i t y of the 
immunosorbent a f t e r repeated c y c l i n g . A matrix i s chosen f o r 
i t s a b i l i t y to support high flow r a t e s , i t s l a c k of n o n - s p e c i f i c 
a b s o r p t i o n s i t e s f o r other p r o t e i n s i n the s o l u t i o n , and 
r e s i s t a n c e to mechanical, p r o t e o l y t i c or m i c r o b i a l degradation. 

Immunosorbent Capacity 

A f t e r the appropriate monoclonal antibody, i m m o b i l i z a t i o n method 
and matrix have been chosen according to the c r i t e r i a discussed 
above and methods p r e v i o u s l y described (7,8) the major f a c t o r i n 
determining the cost of t h i s p u r i f i c a t i o n method i s the amount 
of antibody r e q u i r e d . The amount of antibody required i s deter
mined by the c a p a c i t y per c y c l e of the immunosorbent and the 
number of c y c l e s that can be u t i l i z e d i n a given process. The 
c a p a c i t y per c y c l e f o r the immunosorbent i s given by Equation 1. 
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6. HAMMAN AND CALTON Immunosorbent Chromatography 

Equation 1. Immunosorbent Capacity per Cycle 

107 

C - Α χ Υ χ M.W.P/E.M.W.A. χ V χ β ~ ° · 6 9 3 η / η 1 / 2 
C » Capa c i t y / c y c l e (g) 
A « T o t a l Antibody Immobilized ( g l T 1 ) 
Y - Immobilization Y i e l d 
M.W.P. - Molecular Weight of P r o t e i n 
E.M.W.A. = Equivalent Molecular Weight of Antibody 
V = Column Volume (L) 
η = Cycle Number 
nV2 = Number of Cycles U n t i l Capacity = 0.5 

As shown i n Equation 1, the cap a c i t y per c y c l e i s d i r e c t l y propor
t i o n a l to the amount of antibody immobilized, the i m m o b i l i z a t i o n 
y i e l d , the M.W. of the p r o t e i n and the column volume and an 
exponential f u n c t i o n of the number of c y c l e s . The amount of a n t i 
body immobilized w i l l u s u a l l y be l e s s than 10 gL"*. Higher a c t i v a 
t i o n of the matrix required f o r greater than 10 g L ~ l l o a d i n g 
r e s u l t s i n a decrease i n the i m m o b i l i z a t i o n y i e l d . The maximum 
i m m o b i l i z a t i o n y i e l d i s 1.0 (100%) w h i l e 0.8 (80%) i s not d i f f i c u l t 
to o b t a i n . The M.W. of the p r o t e i n to be i s o l a t e d i s f i x e d . The 
only way to increase the cap a c i t y per c y c l e s i g n i f i c a n t l y i s to 
increase the volume of the immunosorbent or increase the number of 
cy c l e s p r i o r to reaching 50% of i n i t i a l c a p a c i t y ( c y c l e h a l f - l i f e ) . 
I n c reasing the volume of immunosorbent increases the amount of 
monoclonal antibody r e q u i r e d . 

Since the cost of the antibody i s the major c o s t , i n c r e a s i n g 
the volume of immunosorbent i s the most expensive way to increase 
c a p a c i t y per c y c l e . The l e a s t expensive way to increase the 
ca p a c i t y of the i s o l a t i o n system i s to increase the number of 
c y c l e s . The number of cy c l e s that can be obtained i n any given 
p u r i f i c a t i o n i s dependent on the c y c l e h a l f - l i f e and time-volume 
c o n s t r a i n t s . The t o t a l amount of p r o t e i n that can be i s o l a t e d i n a 
given number of c y c l e s i s given i n Equation 2. 

T o t a l p r o t e i n i s o l a t e d - Co 

-0.693 n 

n V 2 

-0.693 
n V 2 

Where Co - ca p a c i t y of 1st c y c l e 
η - number of cy c l e s 
n V2 ™ c y c l e h a l f - l i f e 

I n η = A χ n y 2 c y c l e s , where A i s a constant, the t o t a l amount 
p u r i f i e d i s d i r e c t l y p r o p o r t i o n a l to n y 2 . For a given n l / 2 the 
t o t a l amount p u r i f i e d i s an exponential f u n c t i o n of n. The amount 
of p r o t e i n that can be p u r i f i e d w i t h a given n y 2

 i n n number of 
cy c l e s i s shown i n Table I I . 
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108 PURIFICATION OF FERMENTATION PRODUCTS 

Table I I . T o t a l Amount of P r o t e i n P u r i f i e d as a Function of Cycle 
H a l f - L i f e and Cycle Numbers 

Cycle h a l f - l i f e T o t a l P r o t e i n P u r i f i e d i n η Cycles 
(nl/ 2) η = η η = 2 ni/2 η = 3 nl/2 
5 3.86 5.79 6.76 

10 7.46 11.20 13.07 
20 14.68 22.02 25.69 
40 29.11 43.66 50.94 
80 57.96 86.95 101.44 

160 115.67 173.52 202.44 
320 231.10 346.66 404.45 

Factors A f f e c t i n g Cycle H a l f - L i f e 

The c y c l e h a l f - l i f e i s a f u n c t i o n of the i m m o b i l i z a t i o n method, the 
reagents used to d i s s o c i a t e the antigen/antibody complex, pro
t e o l y t i c and denaturing agents i n the process stream and thermal 
denaturation w i t h time. We have immobilized the Fab 1 fragment of a 
p o l y c l o n a l goat anti-human IgG antibody as a model system. 
Immunosorbent columns were prepared at 7 gL~^ and 1 gL~^ antibody 
l o a d i n g . P e r i o d i c a l l y , 50 mg of human IgG was loaded on the 
columns i n 10-50 mL of PBS or o c c a s i o n a l l y human serum. A f t e r 
washing w i t h 2 column volumes of PBS, they were elut e d with 0.2 i l 
a c e t i c a c i d c o n t a i n i n g 0.15 M NaCl. The human IgG i n the pass 
through and eluant was r o u t i n e l y assayed by UV abs o r p t i o n . As a 
check, a q u a n t i t a t i v e ELISA assay f o r human IgG was a l s o used 
p e r i o d i c a l l y . Figure 1 shows the amount of human IgG bound as a 
f u n c t i o n of c y c l e number. Between c y c l e s over a period of up to 
195 days the immunosorbent was l e f t on the bench at room tem
perature i n PBS c o n t a i n i n g 0.2% sodium az i d e . For immunosorbent A, 
(7 gL""1) cy c l e d 30 times over a 65 day pe r i o d , n y 2 " 1 9 c y c l e s . 
For Β (1 mg ml"* ) , c y c l e d 50 times over a 195 day pe r i o d , 
n V2 ~ ^ c y c l e s . Figure 2 shows the ca p a c i t y of immunosorbent Β 
above cycled 40 times over a period of 3 days. In t h i s case no 
change i n the c a p a c i t y was observed as a f u n c t i o n of c y c l e number. 
This model showed that antibody loading and time between c y c l e s had 
a greater e f f e c t on c a p a c i t y as a f u n c t i o n of c y c l e number than 
process stream or e l u t i o n s o l v e n t . However, every system i s not 
expected to p a r a l l e l t h i s example. 

E f f e c t of M a t r i x on Cycle Time 

A l a r g e c y c l e h a l f - l i f e and many cy c l e s i n the process w i l l a llow 
the use of a lower immunosorbent volume ( l e s s antibody) i f the 
c y c l e s are short enough. Under chromatographic c o n d i t i o n s with the 
proper " a f f i n i t y s e l e c t e d " immobilized antibody, the formation of 
the immunological complex i s q u i t e r a p i d . The l i m i t i n g f a c t o r i s 
the volume that can be passed over the immunosorbent i n a given 
time. Assuming proper column design, the l i m i t i n g f a c t o r i s the 
matri x on which the antibody i s immobilized. Gels (agarose or 
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HAMMAN AND CALTON Immunosorbent Chromatography 109 
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Figure 1. Capacity of model immunosorbent systems as a fu n c t i o n 
of c y c l e number. (A) Goat anti-human IgC Fab' fragment immobi
l i z e d at 7 g/L. Column volume = 6 ml. (B) Same as above except 
that the i n i t i a l antibody loading was 1 gL~^ and the immunosorbent 
volume was 4.2 ml. 
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Figure 2. Capacity of a model immunosorbent system as a f u n c t i o n 
of c y c l e number. 
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6. H AM M AN AND C ALTON Immunosorbent Chromatography 111 

acrylamide) are not s u i t a b l e matrices due to flow r e s t r i c t i o n s . A 
r i g i d bead w i t h large pores (or a ma c r o r e t i c u l a t e bead) i s 
r e q u i r e d . We have used s o l i d matrices which al l o w flow r a t e s of 
20-50 column volumes h r ~ l . 

S e l e c t i n g E l u t i o n S o l u t i o n s 

A f t e r e l u t i o n from the immunosorbent, the p u r i f i e d p r o t e i n must 
u s u a l l y be i s o l a t e d from the e l u t i o n b u f f e r e i t h e r as a dry powder, 
concentrated s o l u t i o n or a suspension. This step may be required 
f o r s t a b i l i t y , packaging, or to make i t s u i t a b l e f o r a d m i n i s t r a t i o n 
to humans or animals. Here the s e l e c t i o n of an antibody which w i l l 
a l l o w the d i s s o c i a t i o n of the antibody-antigen complex under 
appropriate c o n d i t i o n s f o r the f i n a l processing step i s important. 
I f the f i n a l step i s f r e e z e - d r y i n g , a v o l a t i l e e l u t i o n b u f f e r such 
as a c e t i c a c i d or ammonium hydroxide would be appropriate. 

E f f e c t of Cycle H a l f - L i f e on F i n a l I s o l a t i o n Costs 

As the c a p a c i t y of the immunosorbent column decreases with 
i n c r e a s i n g c y c l e number the concentration of the p u r i f i e d p r o t e i n 
decreases as the volume i n which i t i s eluted i s a f u n c t i o n of the 
column volume. I f the concentration of eluted p r o t e i n i s 1 i n the 
f i r s t c y c l e , the average concentration e l u t e d i n η = n/2 c y c l e s -
0.75. The average concentration i n the second c y c l e h a l f - l i f e * 
0.375 and i n the t h i r d c y c l e h a l f - l i f e = 0.1875. As a general r u l e 
i f the cost of the f i n a l i s o l a t i o n i s 1 f o r the f i r s t c y c l e h a l f -
l i f e , i t w i l l be 1.33 f o r the second c y c l e h a l f - l i f e and 1.71 f o r 
the t h i r d c y c l e h a l f - l i f e . Regardless of the f i n a l process step, 
the decrease i n c o n c e n t r a t i o n of e l u t e d p r o t e i n w i t h c y c l e number 
w i l l increase the f i n a l i s o l a t i o n costs and must be weighed against 
the cost of antibody needed to increase column volume and decrease 
the number of c y c l e s . 

An Example 

U l t i m a t e l y , the cost of immunosorbent i s o l a t i o n w i l l depend on the 
e n t i r e process and must be evaluated against a l t e r n a t i v e processes. 
Consider, as an example, the costs and d e c i s i o n s i n v o l v e d i n the 
p u r i f i c a t i o n of urokinase. One course of drug therapy c o n s i s t s of 
33 mg of urokinase (4,000,000 CTA u n i t s ) . At the h o s p i t a l pharmacy 
the drug costs f o r one course of treatment are c u r r e n t l y $3,000 
( 9 ) , or $91,000/gram. There are approximately 76,000 p a t i e n t s i n 
the U.S. that could be tre a t e d w i t h urokinase therapy each year 
r e q u i r i n g an annual production of approximately 2,500 g. We have 
s e l e c t e d a monoclonal antibody that has allowed the p u r i f i c a t i o n of 
urokinase from u r i n e , t i s s u e c u l t u r e media, and b a c t e r i a l c u l t u r e 
media i n a s i n g l e step w i t h 85% r e t e n t i o n of urokinase a c t i v i t y 
( 6 ) . This monoclonal antibody was immobilized at 2 gL~^ w i t h an 
im m o b i l i z a t i o n y i e l d of 0.8 and a c y c l e h a l f number of 300 c y c l e s . 
The urokinase c a p a c i t y f o r the f i r s t c y c l e would be 1.2 gL~* of 
immunosorbent. 

From a s o l u t i o n of 5,000 L. of fermentation broth c o n t a i n i n g 
6% E_. c o l i , 440 g of urokinase can be s o l u b i l i z e d assuming the 
urokinase i s 1% of the t o t a l p r o t e i n . The i s o l a t i o n c o n s i s t s of 
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112 PURIFICATION O F FERMENTATION PRODUCTS 

absorption on the immobilized antibody, washing the immunosorbent 
w i t h 2 column volumes, e l u t i n g w i t h two column volumes and 
r e e q u i l i b r a t i o n w i t h two column volumes. I f the matrix allows a 
flow r a t e of 40 column volumes per hour, 85% of the time w i l l be 
used f o r absorption. To i s o l a t e 2,618 g of a c t i v e urokinase seven 
fermentation runs are r e q u i r e d . The p u r i f i c a t i o n must be completed 
i n 24 h r s . a l l o w i n g 20 c y c l e s per day and 140 c y c l e s t o t a l . 
A l l o w i n g f o r the decrease i n a c t i v i t y w i t h c y c l e number the t o t a l 
amount of immunosorbent required i s 21.4 L. At 2 gL~* l o a d i n g and 
$200 g - 1 f o r the monoclonal antibody and $200 I T 1 f o r the matrix 
and i m m o b i l i z a t i o n , the t o t a l cost of the immunosorbent i s $12,840. 
This amounts to $4.90 g ~ l of urokinase. In t h i s example the low 
cost s are obviously a t t r a c t i v e . 
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A Rational Approach to the Scale-up of Affinity 
Chromatography 

7 

F. H. ARNOLD, J. J. CHALMERS, M. S. SAUNDERS, M. S. CROUGHAN, H. W. BLANCH, 
and C. R. WILKE 
Department of Chemical Engineering, University of California at Berkeley, Berkeley, CA 94720 

Affinity chromatography has great potential for the 
separation of high-value products from dilute fermen
tation broths; one of the drawbacks is the lack of i n 
formation that can be applied to scale-up. Most a f f i 
nity chromatography is in fact a rather special case of 
a fixed-bed adsorption process: the equilibrium is high
ly favorable, and the breakthrough curve is l ikely to be 
constant pattern. These characteristics greatly simpli
fy the modeling. When presented in the proper nondi-
mensional form, the experimental breakthrough curves 
from small, lab-scale columns can be used to predict 
the performance of large affinity columns. This paper 
discusses the breakthrough models applicable to affinity 
chromatography in terms of the rate-limiting mass trans
fer mechanisms. We have compared the breakthrough data 
from a model monoclonal antibody-antigen affinity column 
to the predictions of two of these models. A rational 
approach to the scale-up of affinity chromatograph is 
presented. 

The remarkable selectivities shown by numerous biological molecules 
have been used to great advantage in recovery and purification by af
finity chromatography. Monoclonal antibodies can be produced against 
a wide variety of substances, making affinity chromatography applica
ble to the purification of practically any macromolecule from complex 
mixtures. This technique is quickly becoming feasible for industrial 
separations. 

Janson and Hedman (1) recently published an excellent review of 
large-scale chromatography. Many of the broad process design and 
operation considerations are the same for affinity chromatography as 
they are for ion exchange or gel f i l t ra t ion . Most chromatography 
models, however, are based on the assumption of small feed pulses 
with linear equilibria (such as the widely-used plate theories (2)) 
and are not directly useful for affinity separations. In this paper 
we discuss and compare experimental results with two fixed-bed ad
sorption models that can be used to predict the performance of a f f i 
nity columns. These two models differ only in the form of the rate-

0097-6156/85/0271-0113506.00/0 
© 1985 American Chemical Society 
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114 PURIFICATION O F FERMENTATION PRODUCTS 

l i m i t i n g mass t r a n s f e r s t e p — o n e case being d i f f u s i o n i n the pore l i 
quid and the other a d i f f u s i o n step i n the p a r t i c l e phase. These mo
dels can be used to optimize a separation or to p r e d i c t the p e r f o r 
mance of a l a r g e - s c a l e column, based on data from l a b o r a t o r y - s c a l e 
experiments. 

For systems w i t h the favorable e q u i l i b r i a t y p i c a l of a f f i n i t y 
chromatography, the breakthrough curve f o r an i d e a l o peration i s a 
step f u n c t i o n . The s o l u t e i n the feed i s taken up completely, up 
u n t i l the time at which the bed i s saturated. At t h i s i n s t a n t the 
e f f l u e n t s o l u t e concentration becomes equal to the feed concentra
t i o n . The operation i s then switched to wash and e l u t i o n . This ad
s o r p t i o n step i s considered i d e a l because 100% of the bed ca p a c i t y 
has been used, and no feed has been wasted. The t o t a l uptake i s 
simply the e q u i l i b r i u m capacity of the a f f i n i t y packing. 

J u s t as i n other types of chromatography, mass t r a n s f e r , a x i a l 
d i s p e r s i o n , and d e v i a t i o n s from p e r f e c t plug flow a l l act to spread 
out the breakthrough curve. I f the column i s switched to wash at 
a p a r t i c u l a r e f f l u e n t c o n c e n t r a t i o n , c B T , than a p o r t i o n of the bed 
capacity has not been used (Figure 1). I f , on the other hand, the 
adsorption step i s continued u n t i l the e n t i r e bed i s sa t u r a t e d , an 
amount of s o l u t e equal to the area under the curved p o r t i o n of the 
breakthrough h i s t o r y i s wasted. A longer adsorption c y c l e time i s 
needed to reach the f u l l bed cap a c i t y . 

An o u t l i n e f o r developing a q u a l i t a t i v e scale-up s t r a t e g y has 
been presented by Eveleigh (3). A q u a n t i t a t i v e study of process 
o p t i m i z a t i o n and the e f f i c i e n t use of resources r e q u i r e s an under
standing of the behavior of the l a r g e - s c a l e column. I f the immobi
l i z e d l i g a n d (antibody) i s s c a r c e , operation may be optimized by 
using the f u l l bed ca p a c i t y each c y c l e , going to higher breakthrough 
concentrations. On the other hand, i f the feed recovery i s the most 
important f a c t o r , the adsorption step may be terminated at sm a l l 
breakthrough concentrations, w i t h l e s s than f u l l use of the column 
ca p a c i t y . In order to p r e d i c t the e f f e c t s of changes i n operating 
c o n d i t i o n s , one must know how each i n f l u e n c e s the shape of the 
breakthrough curve. 

Breakthrough models 

An a n a l y t i c a l expression f o r the breakthrough curve can be obtained 
by s o l v i n g the equations d e s c r i b i n g c o n t i n u i t y of a sorbate species 
i n a f i x e d bed, the e q u i l i b r i u m r e l a t i o n between the s o l u t e and the 
sorbate, and the r a t e of adsorption and mass t r a n s f e r , w i t h the ap
p r o p r i a t e i n i t i a l and boundary c o n d i t i o n s . The exact s o l u t i o n of 
the complete set of equations i s o f t e n i m p o s s i b l e , but a f f i n i t y 
chromatography lends i t s e l f to s e v e r a l convenient s i m p l i f i c a t i o n s , 
w i t h the r e s u l t that a n a l y t i c a l s o l u t i o n s are a v a i l a b l e . The no
t a t i o n used here i s that of Vermeulen (4) . 

During the adsorption s t e p , the b i n d i n g of s o l u t e by the a f f i 
n i t y l i g a n d i s o f t e n very t i g h t , e s s e n t i a l l y i r r e v e r s i b l e . For Lang-
muir, or constant s e p a r a t i o n f a c t o r a d s o r p t i o n , the e q u i l i b r i u m r e 
l a t i o n i s 

* 
q K L c 
Q m 1 + K L c 
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unused 
column 
capacity 

feed 
"wasted 

processing time 

Time — • 

Figure 1. Breakthrough curve f o r a f f i n i t y adsorption. I f feed i s 
stopped at e f f l u e n t concentration CBT» a p o r t i o n of the 
column capacity has not been used. A sm a l l amount of 
so l u t e i s l o s t i n the e f f l u e n t . 
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The s e p a r a t i o n f a c t o r R, defined by 

R = 1/(1 + K l c f e e d 

i s analogous to the r e l a t i v e v o l a t i l i t y i n v a p o r - l i q u i d e q u i l i b r i a . 
For favorable e q u i l i b r i a (R<1), the concentration p r o f i l e s ap

proach a constant shape as they progress down the column. This con
d i t i o n , known as constant p a t t e r n , i s q u i c k l y e s t a b l i s h e d when R i s 
very s m a l l , even i n r e l a t i v e l y short beds. The assumption of con
stant p a t t e r n g r e a t l y s i m p l i f i e s the mathematics. The form of the 
i r r e v e r s i b l e (R=0), constant-pattern breakthrough curve without ax
i a l d i s p e r s i o n depends on the r a t e - l i m i t i n g mass t r a n s f e r or r e a c t i o n 
step. Glueckauf (5) has solved the problem f o r s o l i d homogeneous 
p a r t i c l e d i f f u s i o n w i t h a l i n e a r d r i v i n g f o r c e ; Vermeulen (6) has 
proposed a s o l u t i o n based on a qu a d r a t i c d r i v i n g f o r c e that i s c l o 
ser to the exact s o l u t i o n . H a l l (7) has solved the re l e v a n t equa
t i o n s f o r the breakthrough curve f o r pore d i f f u s i o n , alone or com
bined w i t h e x t e r n a l f i l m mass t r a n s f e r . When the e x t e r n a l f i l m d i f 
f u s i o n alone c o n t r o l s , the s o l u t i o n given by Michaels (8) can be 
used. The s i n g l e mechanisms combined w i t h a x i a l d i s p e r s i o n have 
been i n v e s t i g a t e d by Q u i l i c i ( 9). 

In Vermeulen^ n o t a t i o n , the breakthrough curve f o r the i r r e v e r 
s i b l e case can be presented i n dimensionless form 

where X i s the dimensionless c o n c e n t r a t i o n , Τ i s the dimensionless 
time or throughput, and Ν i s the number of t r a n s f e r u n i t s i n the co
lumn, defined i n terms of the r a t e - l i m i t i n g mass t r a n s f e r or r e a c t i o n 
mechanism. At constant p a t t e r n , the dimensionless s o l i d concentra
t i o n i s equal to the l i q u i d c o n c e n t r a t i o n , Y = X. 

The number of t r a n s f e r u n i t s f o r each mechanism can be e s t i 
mated from known parameters and mass t r a n s f e r c o r r e l a t i o n s (4). For 
example, f o r a column w i t h p a r t i c l e s 0.01 cm i n diameter, a super
f i c i a l v e l o c i t y of 0.01 cm/sec, and a s o l u t e bulk d i f f u s i v i t y of 
7 χ 10"? cm2/sec, the estimated number of t r a n s f e r u n i t s i n a packed 
bed of length L f o r the fo u r mechanisms, a x i a l d i s p e r s i o n , e x t e r n a l 
f l u i d f i l m mass t r a n s f e r , pore d i f f u s i o n , and s o l i d homogeneous par
t i c l e d i f f u s i o n , a r e 

X = f ( N , T) 

Ν 
Pe L E_ 50 L d d 

Ρ 
Ν f ο 

21 L 

Ν pore 

Ν Ρ 
The e f f e c t i v e d i f f u s i v i t y of the s o l u t e i n the p a r t i c l e s can be se
v e r a l orders of magnitude s m a l l e r than the bulk l i q u i d v alue. 
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7. ARNOLD ET AL. Scale-up of Affinity Chromatography 117 

Graham and Fook (10) st u d i e d the r a t e of p r o t e i n adsorption i n c e l l u -
l o s i c i o n exchange beads and found th a t i t was l i m i t e d by the r a t e 
of d i f f u s i o n i n t o the p a r t i c l e s . Their r e s u l t s were c o n s i s t e n t w i t h 
an e f f e c t i v e p a r t i c l e d i f f u s i v i t y 1/100 of the value i n bulk s o l u 
t i o n . Thus Ν and Ν can be s i g n i f i c a n t l y s m a l l e r than and N^. 
Under these t o p i c a l ope?ating c o n d i t i o n s , pore d i f f u s i o n or s o l i d 
homogeneous d i f f u s i o n would be the r a t e - l i m i t i n g mechanisms. A x i a l 
d i s p e r s i o n and f i l m d i f f u s i o n should have a small e f f e c t on the shape 
of the breakthrough curve. For antigen-antibody and many other a f 
f i n i t y systems, the adsorption r e a c t i o n i t s e l f i s o f t e n considered 
to be very f a s t compared to the d i f f u s i o n steps. This may not be 
always the case, however, i n the confined spaces of a pore. 

The breakthrough curve f o r the i r r e v e r s i b l e case w i t h pore d i f 
f u s i o n i s (7) 

1) Ν (T- l ) = 2.44 - 0.273x/l - X pore v 

For s o l i d homogeneous d i f f u s i o n (quadratic d r i v i n g f o r c e ) , i t i s (6) 

2) N p ( T - l ) = -1.69[ In (1 - X 2) + 0.61] 

Under some conditions there may be two r a t e - l i m i t i n g mechanisms. The 
s o l u t i o n to the combined pore and f i l m d i f f u s i o n problem (R=0) i s (7) 

( N ) 
/ 1 1 ν φ(Χ) + =22HS(ln X + 1) 

( T - 1 ) = ( î c : „ + d < — ^ 1 3) 
pore f Ν pore 

N f 
+ 1 

where φ(Χ) - 2.39 - 3.59\/1 - X 

The breakthrough curve f o r s o l i d homogeneous d i f f u s i o n ( l i n e a r d r i 
v i n g force) combined w i t h f i l m mass t r a n s f e r can be der i v e d : 

!

l n § + 1 + m 0 < X < 3 

(l- X ) " ~ 
m In + 1 + m, 3 < X < 1 

(1-3) 
where m = -N^/N and 3 = 1/(1 + N£/N ). 

r ρ f ρ 
There may al s o be cases i n which the e q u i l i b r i u m i s not com

p l e t e l y i r r e v e r s i b l e ( i . e . , very low s o l u t e c o n c e n t r a t i o n ) . A s o l u 
t i o n to the pore model f o r favorable e q u i l i b r i a (R<1) i s given by 
Vermeulen (_11). Values of X and Ν (T - l ) are tabulated i n (7) f o r 
var i o u s values of R < 1. ^ 
Experimental 
To i n v e s t i g a t e the e f f e c t s of the d i f f e r e n t mass t r a n s f e r mechanisms, 
breakthrough curves were generated on model monoclonal antibody a f 
f i n i t y columns w i t h two types of packings: Sepharose 4B (Pharmacia) 
and c o n t r o l l e d - p o r e g l a s s ( E l e c t r o n u c l e o n i c s , mean pore s i z e 1273 Ά). 
Mouse monoclonal anti-benzenearsonate IgG was produced i n t h i s l a b o r 
atory by batch c u l t u r e i n a 15 L fermentor. The IgG was p u r i f i e d 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

7

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 
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from the ammonium s u l f a t e p r e c i p i t a t e by a f f i n i t y chromatography on 
a r s a n i l i c acid-Sepharose 4B(12). The p u r i f i e d antibody was immobi
l i z e d on CNBr-activated Sepharose 4B and on c o n t r o l l e d - p o r e glass 
w i t h glutaraldehyde (13). 

The antigen f o r the feed was prepared by conjugating a r s a n i l i c 
a c i d to bovine serum albumin (Sigma, RIA grade) by the d i a z o t i z a t i o n 
technique (14). As t h i s m a t e r i a l i s deep r e d , flow d i s t r i b u t i o n and 
the progress of column s a t u r a t i o n can be followed v i s u a l l y . Break
through curves were detected w i t h an A l t e x 153 spectrophotometer at 
335 nm. 

Results 
T y p i c a l breakthrough curves from the a f f i n i t y column are shown i n 
dimensionless form i n F igure 2 f o r the c o n t r o l l e d - p o r e glass (CPG) 
and i n Figure 3 f o r the Sepharose g e l . The curves generated on CPG 
columns are i n general b e t t e r modelled by the pore d i f f u s i o n equa
t i o n ; the curve shown i n Figure 2 i s best f i t by Eq. 1, w i t h Ν 
= 8. The breakthrough curves from the Sepharose column, on 
other hand, show a greater tendency to t a i l o f f at the upper end 
and are b e t t e r modelled by the s o l i d d i f f u s i o n equation. The best 
f i t o f Eq. 2 to the data i n Figure 3 gives Ν =5. 

Using the f o l l o w i n g r e l a t i o n f o r k ^a ( 4 ) , Ν i s c o n s i s -6 pore ρ — ' pore 
tent w i t h an e f f e c t i v e d i f f u s i v i t y of 1.4 χ 10~8 cm /sec. 

60 D ..(1 - ε) pore a = e f f _ 
p ^ 

Ρ 
I f the b u l k d i f f u s i v i t y of the conjugated BSA i s c l o s e to the value 
f o r unmodified BSA, 6.7 χ 10~ 7 cm 2/sec, then D

e f f / D
b u i ^ ~ 1/50. 

Scale-up of A f f i n i t y Chromatography 
The best way to i l l u s t r a t e the u t i l i t y of these breakthrough models 
i n the scale-up of a f f i n i t y chromatography i s w i t h an example. Let 
us suppose we wish to p r e d i c t the performance of a l a r g e column to 
be packed w i t h monoclonal-antibody-controlled-pore g l a s s . The im
m o b i l i z a t i o n procedure has been optimized i n separate experiments. 
The breakthrough curves from a s e r i e s of experiments on a 1.5 χ 16.5 
cm column i n d i c a t e that pore d i f f u s i o n i s the r a t e - l i m i t i n g mecha
nism and that Ν = 8 at a s u p e r f i c i a l v e l o c i t y of 0.011 cm/sec. 
The l a r g e r column rSs to be 15 cm i n diameter and 60 cm long. 

The number of t r a n s f e r u n i t s f o r the l a r g e column can be c a l 
c u l a t e d from the d e f i n i t i o n of Ν and the c o r r e l a t i o n f o r a . 

pore pore ρ 
60 D --(1 - ε) L 

Ν = — 
P ° r e d 2 

Ρ ο 
The p a r t i c l e diameter d and the v o i d f r a c t i o n ε have not changed, 
and the e f f e c t i v e pore S i f f u s i v i t y should remain unaltered. Thus 
the number of t r a n s f e r u n i t s f o r the l a r g e column (LC) can be found 
from 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

7

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



7. ARNOLD ET AL. Scale-up of Affinity Chromatography 119 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

7

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



120 PURIFICATION OF FERMENTATION PRODUCTS 

N L u 60 0.011 
pore, LC = LC „ ο = _ x 

N L u T r 16.5 U o , LC pore O , L U 

o r , Ν i r = 0.32/u p. ' pore, LC o,LL 
The dimensionless breakthrough curve i s c a l c u l a t e d using Eq. 1, 

and Τ can be converted back to volume throughput using the d e f i n i t i o n 
εν 

Γν 
where Γ - (V - εν)/ν i s evaluated at Τ = 1 on the breakthrough 
curves from the s m a l l column. The p r e d i c t e d breakthrough curves 
f o r three d i f f e r e n t flow rates are shown i n Figure 4. 

Figure 4. Breakthrough curves p r e d i c t e d by Eq. 1 f o r 15 χ 60 cm 
column of CPG-monoclonal antibody. E q u i l i b r i u m capacity 
i s the s o l u t e equivalent of 77.1 L of feed (νΓ). 

Conclusions 
A f f i n i t y chromatography i s a p a r t i c u l a r l y simple example of f i x e d -
bed a d s o r p t i o n : very t i g h t b i n d i n g of the s o l u t e during the adsorp
t i o n step means that the shape of the breakthrough curve depends 
only on the r a t e - l i m i t i n g mass t r a n s f e r (or r e a c t i o n ) mechanism. 
A n a l y t i c a l expressions are a v a i l a b l e f o r a number of cases; four 
t h a t can be u s e f u l i n the scale-up of a f f i n i t y chromatography have 
been presented here. 
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The procedure f o r p r e d i c t i n g the performance of a l a r g e - s c a l e 
column i s s t r a i g h t f o r w a r d when these dimensionless models are used. 
The r a t e - l i m i t i n g mass t r a n s f e r mechanism(s) can be i d e n t i f i e d i n 
a s e r i e s of experiments on a s m a l l column w i t h the packing that i s 
to be used i n the l a r g e system. The parameters ka and Γ are ob
tained from the experimental data. New values of Ν Sre c a l c u l a t e d 
from the d e f i n i t i o n f o r that p a r t i c u l a r mechanism and the operating 
cond i t i o n s of the l a r g e - s c a l e system. Once the number of t r a n s f e r 
u n i t s i s known, the dimensionless breakthrough curve can be genera
ted w i t h the appropriate breakthrough model, and the dimensioned 
curve can be obtained from the d e f i n i t i o n s of the dimensionless 
groups and the new column c o n d i t i o n s . When the operating c o n d i t i o n s 
are very d i f f e r e n t , i t i s a good i d e a to r e c a l c u l a t e Ν values f o r 
the other mechanisms ( a x i a l d i s p e r s i o n , f i l m mass t r a n s f e r , etc.) 
to confirm that the c o r r e c t model i s being used. 

Nomenclature 
a e x t e r n a l surface area of sorbent p a r t i c l e s per u n i t packed 
^ volume (cm-1) _^ 

c s o l u t e concentration i n l i q u i d phase (g cm ) 
d p a r t i c l e diameter (cm) _^ 
k p mass t r a n s f e r c o e f f i c i e n t (cm sec ) ^ 
q average s o l i d phase(sorbate)concentration (g g p a r t i c l e ) 
u s u p e r f i c i e n t v e l o c i t y (cm s e c " l ) 
ν column volume (cm^) 

2 -1 
D d i f f u s i v i t y (cm sec ) 
L bed length (cm) 

Langmuir constant (cm g~l) number of t r a n s f e r u n i t s (dimensionless) 
Q maximum bed l o a d i n g (g g " l p a r t i c l e ) 
R s e p a r a t i o n f a c t o r (dimensionless) 
Τ throughput parameter (dimensionless) = (ν-εν)/Γν 
V throughput volume (cnr*) 
X l i q u i d phase concentration (dimensionless) = c/°f e e (j 
Y solid-phase concentration (dimensionless) = q/q £ e e (j 

Pe^ packing P e c l e t number - 0.5 f o r l i q u i d s i n laminar flow 

ε v o i d f r a c t i o n 
ψ c o r r e c t i o n f a c t o r (= 0.590 f o r R = 0) 
ρ b u l k d e n s i t y of packing (g cm" 3 bed volume) 

Γ d i s t r i b u t i o n parameter = p f e(q f e e ( j ^ c f e e d ( d i m e n s i o n l e s s ) 
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8 
Design of a New Affinity Adsorbent for Biochemical 
Product Recovery 

HENRY Y. WANG and KEVIN SOBNOSKY 

Department of Chemical Engineering, University of Michigan, Ann Arbor, MI 48109 

Conventional biochemical product recovery processes generally 
contain a solid removal step in which ce l l debris and other solids 
are being removed from the product containing aqueous broth before 
further purification. Substantial amount of product loss occurs 
at this step due to binding and washing. A new affinity adsorbent 
has been developed by immobilizing small adsorbents in hydrogel 
beads. The internal mass transfer problems that exist in most 
commercial adsorbents can be reduced by using smaller size 
adsorbents. The adsorbent containing hydrogel beads can be quite 
large (1-3 mm) and can be easily recovered from the fermentation 
broth. Selective adsorption can also be achieved by changing the 
composition of the hydrogel and the types of the adsorbents. This 
concept has been shown to work well for several antibiotics and 
vitamins. The loading capacity of cycloheximide recovery has been 
shown to increase by 30% and the purity of the antibiotic eluted 
by organic solvents is above 90% which is significantly higher 
than the conventional extraction methods. 

The process of recovering and purifying fermentation products in 
the biochemical industries is generally dif f icult and costly. The 
product can exist intracellularly or extracellularly and it may be 
sensitive to temperature change» extremes of pH, certain chemicals 
and enzyme activities of the microorganisms. Frequently, the 
energy and labor costs spent on recovery and purification of the 
fermentation product far exceed the cost of fermentation. This is 
especially true for intracellular recombinant protein products. 
The final concentration of the fermentation product is usually low 
(less than 0.2 wt%). Therefore, new processing techniques must be 
developed to improve the existing biochemical product recovery 
procedures. The conventional biochemical product recovery 
processes can be divided into four sections: 1. Removal of 
insolubles 2. Primary isolation of product 3. Purification 

0097-6156/85/0271-0123$06.00/0 
© 1985 American Chemical Society 
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4. F i n a l product i s o l a t i o n (1,2) . At l e a s t one or more u n i t 
operations are needed to accomplish each of these steps. Increase 
i n the number of recovery steps w i l l d e f i n i t e l y reduce the o v e r a l l 
e x t r a c t i o n y i e l d even though the product p u r i t y may be increased 
(Figure 1 ) . C e r t a i n amount of trade o f f w i l l be needed i n 
achieving both the product y i e l d and the product p u r i t y of a 
s p e c i f i c product recovery scheme. In general, the d r a s t i c drop of 
e x t r a c t i o n y i e l d occurred during the f i r s t two steps," namely 
s o l i d s removal and primary i s o l a t i o n of product (Figure 1 ) . 

Whole beer processing using e i t h e r solvent e x t r a c t i o n or r e s i n 
adsorption have been reported to increase e x t r a c t i o n y i e l d (3 , 4 ) . 
This increase i n recovery i s because product losses due to binding 
w i t h s o l i d s and t h e i r subsequent removal can be e l i m i n a t e d . In 
some cases, whole beer processing may e l i m i n a t e the need f o r 
f i l t e r a i d i n the i n i t i a l step thus reducing cost or e l i m i n a t e the 
time consuming f i l t r a t i o n step a l t o g e t h e r . Whole brot h processing 
i m p l i e s processing the fermentation broth without removal of the 
i n s o l u b l e f r a c t i o n , t h i s procedure therefore e l i m i n a t e s the 
i n i t i a l steps such as s o l i d removal. Even though the major 
advantage claimed, so f a r , has been to e l i m i n a t e the s o l i d removal 
step, i t i s qui t e misleading because the s o l i d s s t i l l have to be 
concentrated afterwards f o r waste d i s p o s a l . 

I t i s g e n e r a l l y agreed among the p r a c t i t i o n e r s of whole beer 
processing that product removal i n the presence of c e l l s i s more 
d i f f i c u l t to a t t a i n , and r e q u i r e s that a l l physico-chemical 
parameters of the operation such as fermentation medium 
composition to be standardized. The purpose of t h i s paper i s to 
describe a new approach to achieve whole bro t h processing using 
immobilized s o l i d phase adsorbents. 

Adsorption allows the s e l e c t i v e c o l l e c t i o n and concentration 
onto s o l i d surfaces of s p e c i f i c d i s s o l v e d molecules from the 
b r o t h . Adsorption can be n o n - s p e c i f i c , f o r those mechanisms based 
on p o l a r , van der Waals and i o n i c i n t e r a c t i o n s , or h i g h l y 
s e l e c t i v e f o r a f f i n i t y b i n d i n g based on biochemical means (1,8). 
Commercially a v a i l a b l e adsorbants are g e n e r a l l y granular porous 
p a r t i c l e s t o provide extensive surface area, w i t h v o i d volumes 
approaching 30-50% of the whole p a r t i c l e . Pore diameters are 
u s u a l l y l e s s than 0.01 mm. 

Many adsorbents, such as a c t i v a t e d carbon and ion-exchange 
r e s i n s , can e f f i c i e n t l y separate a n t i b i o t i c s and other small 
b i o l o g i c a l l y a c t i v e molecules from the fermentation b r o t h . 
Unfortunately, these adsorbents a l s o i n t e r a c t w i t h the m i c r o b i a l 
c e l l s and some of the d i s s o l v e d n u t r i e n t s . Thus, the use of 
ion-exchange r e s i n s and a c t i v a t e d carbon to remove fermentation 
products i s f r e q u e n t l y a s s o c i a t e d with problems of simultaneous 
removal of n u t r i e n t s and side products. S u b s t a n t i a l volume 
re d u c t i o n occurs but only l i m i t e d p u r i f i c a t i o n can be achieved. 
Commercial adsorbents and ion-exchange r e s i n s are a v a i l a b l e i n 
vario u s matrices and s i z e s . Larger p a r t i c l e s are p r e f e r r e d f o r 
easy separation from the brot h but they can be i n t e r n a l mass 
t r a n s f e r l i m i t e d . 

We have been i n t e r e s t e d i n immobilizing d i f f e r e n t adsorbents 
such as a c t i v a t e d carbon powder and ion-exchange r e s i n s i n 
hydrogels such as calcium a l g i n a t e or potassium carrageenan. The 
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purpose i s to develop an a f f i n i t y bead designed to increase both 
mass t r a n s f e r and s e l e c t i v e p u r i f i c a t i o n f o r whole beer 
pr o c e s s i n g . We are a l s o i n t e r e s t e d i n using these a f f i n i t y beads 
fo r i n s i t u product removal. 

Design of the A f f i n i t y Bead 

One of the o b j e c t i v e s of a biochemical separation system design i s 
to minimize the number of steps (Figure 1 ) . One way of 
accomplishing t h i s i s to perform the separation and concentration 
i n s i t u that i s d i r e c t l y w i t h the whole fermentation broth using 
s o l i d s phase adsorbents. This type of separation r e q u i r e s the 
design of an a f f i n i t y bead that provides f o r s e l e c t i v e product 
removal from the fermentation b r o t h . 

Various types of s o l i d adsorbents have been used to 
concentrate d i f f e r e n t biochemical products from fermentation 
b r o t h s . The s i z e of the s o l i d adsorbent p a r t i c l e i s important 
because large macroscopic beads can e a s i l y be separated and 
recovered from fermentation b r o t h s . However, la r g e porous beads 
e x h i b i t i n t e r n a l d i f f u s i o n a l r e s i s t a n c e and depending on 
processing time, a l l the binding s i t e s of the adsorbent may not be 
u t i l i z e d , r e s u l t i n g i n a lower adsorption c a p a c i t y . A l s o , f o r 
some adsorbents c e l l debris and proteinaceous m a t e r i a l s may tend 
to adhere to the surface of the s o l i d adsorbent and would 
contaminate the product i n the subsequent e l u t i o n process (7_). 

We have been i n v e s t i g a t i n g the p o s s i b l i t y of immobilizing 
s o l i d adsorbents such as a c t i v a t e d carbon, non-ionic polyermic 
r e s i n s , monoclonal antibodies i n small hydrogel beads (7), using 
both K-carrageenan and calcium a l g i n a t e to provide the hydrogel 
m a t r i x . Adsorbent concentrations i n these hydrogel beads (Figure 
2) can be as high as 30-35 wt %. Higher concentrations than 30 wt 
% of the adsorbents weakening the bead s t r u c t u r e , a l l o w i n g 
fragmentation under shear. 

These composite immobilized adsorbents (Figure 2) provide 
a d d i t i o n a l s e l e c t i v i t y f o r product absorption from the 
fermentation b r o t h . Very l a r g e macromolecules w i l l be excluded 
from the hydrogel and those that do penetrate w i l l d i f f u s e through 
the g e l at d i f f e r e n t r a t e s depending on t h e i r s i z e . I f the binding 
s i t e s are s e l e c t i v e i n nature, only the d e s i r e d product w i l l be 
adsorbed. The g e l i s r e v e r s i b l e (with the presence or absence of 
exogenous cations) and the adsorbents w i t h the d e s i r e d product can 
be recovered from the g e l matrices through washing and d i s s o l v i n g 
the g e l . Thus, both concentration (volume reduction) and 
p u r i f i c a t i o n can be achieved. The large hydrogel beads can a l s o 
e a s i l y be recovered from the ferementation b r o t h without 
d i s r u p t i n g the m i c r o b i a l c u l t u r e . 

Adsorption of Cvcloheximide to Immobilized Beads 

Recovery of cycloheximide, a g l u t a r i m i d e , a n t i f u n g a l a n t i b i o t i c 
(M. W. 281) produced by Streptomvces griseus has been used as a 
model system. The a n t i b i o t i c fermentation was c a r r i e d out 
according to Kominek ( 5 ) . The whole fermentation broth was 
adjusted to pH 6.0 and stored i n 4°C c o l d room. The a n t i b i o t i c 
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Figure 1. C o r r e l a t i o n of e x t r a c t i o n y i e l d versus product p u r i t y 
f o r a biochemical product recovery scheme. Key: A, a f t e r fermen
t a t i o n ; B, a f t e r p r o t e i n e x t r a c t i o n ; C, a f t e r concentration; D, 
column 1; E, column 2; F, column 3; G, column 4. 
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has been shown to be sta b l e f o r at l e a s t two weeks under such 
c o n d i t i o n . 

XAD-4, a porous nonionic polymeric r e s i n of polystyrene i n 
nature (Rohm and Haas, PA.) has been shown able to concentrate 
cycloheximide from the fermentation broth (6,7) . XAD-4 r e s i n s can 
be immobilized i n t o K-carrageenan or calcium a l g i n a t e by adding 
the r e s i n s (up to 30 wt%) i n d i s s o l v e d hydrogel s o l u t i o n and pump 
the s l u r r y through small tubing) d r o p l e t s form by dri p p i n g i n t o a 
res p e c t i v e g e l l i n g s o l u t i o n . The r e s i n s are entrapped i n the 
hardened hydrogel beads. The s i z e of the hydrogel beads can be 
c o n t r o l l e d by the s i z e of the tubing. Smaller r e s i n p a r t i c l e s can 
be obtained by p u l v e r i z i n g the r e s i n p a r t i c l e s by mechanical 
means. 

The adsorption k i n e t i c s of cycloheximide (CH) from e i t h e r 
aqueous s o l u t i o n or whole fermentation b r o t h were c a r r i e d out 
using both p l a i n XAD-4 r e s i n s and immobilized XAD-4 r e s i n s . 

By determining the bulk concentration of CH (Ρ), the batch 
adsorption r a t e of CH using XAD-4 r e s i n can be estimated. The 
adsorption r a t e can be modeled as f o l l o w s : 

Q i s the loading c a p a c i t y of CH by the polymeric r e s i n and m i s 
the amount of the polymeric r e s i n added. Κ i s the s p e c i f i c 
adsorption r a t e constant of CH and P* i s t i e surface 
cycloheximide concentration which i s i n e q u i l i b r i u m to Q: 

A Fr e u n d l i c h type adsorption isotherm can be used as long as Ρ 
be kept below 500 mg/1. As shown i n Figure 3, the adsorption 
isotherms of XAD-4 r e s i n i n both aqueous CH s o l u t i o n and 
fermentation have been determined. In the fermentation b r o t h , the 
maximum adsorption c a p a c i t y was reduced due to a d d i t i o n a l 
i m p u r i t i e s being adsorbed onto the r e s i n s . Close to 30% reduc t i o n 
was observed. When immobilized XAD-4 r e s i n s i n K-carrageenan are 
used, s i m i l a r adsorption p a t t e r n s are observed. The maximum 
loading c a p a c i t y of 110 mg CH/gm r e s i n can be achieved even i n the 
fermentation b r o t h i n d i c a t i n g e x c l u s i o n of various i m p u r i t i e s from 
the XAD-4 r e s i n s which are immobilized i n s i d e the hydrogel. 

By immobilizing the s o l i d phase adsorbents such as XAD-4 r e s i n 
i n the hydrogel, we a c t u a l l y add an a d d i t i o n a l d i f f u s i o n 
r e s i s t a n c e to the adsorption. The product molecules need to 
d i f f u s e through the hydrogel beside d i f f u s i n g through the stagnant 
surface l a y e r and penetrating through the r e s i n p a r t i c l e to the 
r e s i n surface. As shown i n Figure 4, the s p e c i f i c adsorption r a t e 
constants of the free XAD-4 r e s i n i s much higher than the 
immobilized XAD-4 r e s i n . This i s p r i m a r i l y due to the a d d i t i o n a l 
d i f f u s i o n a l r e s i s t a n c e through the hydrogel. In both cases, the 
s p e c i f i c r a t e constants decrease as the r e s i n s become saturated 
w i t h the product, cycloheximide. The s p e c i f i c adsorption r a t e of 
the immobilized XAD-4 r e s i n s can be increased s u b s t a n t i a l l y when 
p u l v e r i z e d XAD-4 r e s i n s (dp<0.15 mm) are used. The normal XAD-4 
r e s i n s have an average diameter of 0.5 mm. By evenly d i s t r i b u t i n g 

(1) 

P* = f(Q) (2) 
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EQUILIBRIUM CH CONC. (C* )mg/L 

Figure 3. Adsorption isotherms of free XAD-4 r e s i n s and immobi
l i z e d XAD-4 r e s i n s i n K-carrageenan i n aqueous CH s o l u t i o n and CH 
fermentation broth. Key: O, aqueous, free r e s i n ; Δ , aqueous, 
immobilized r e s i n ; #, broth, free r e s i n ; A, broth, immobilized 
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2.0 

0 0.2 0.4 0.6 0.8 1.0 
NORMALIZED LOADING CAPACITY ( 0 / 0 œ ) 

Figure 4. The s p e c i f i c adsorption rate constants of the free XAD-4 
re s i n s and immobilized XAD-4 r e s i n s i n K-carrageenan. CH fermen
t a t i o n broth: ·, immobilized r e s i n ; Δ , free r e s i n ; •, immobilized 
r e s i n (dp<0.15 min) . 
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the smaller polymeric r e s i n s i n the hydrogel beads, i t i s now 
f e a s i b l e to maintain the same adsorption c a p a c i t y while i n c r e a s i n g 
the s p e c i f i c adsorption r a t e s . A l s o , the immobilized hydrogel 
beads can be recovered e a s i l y from the heterogenous l i q u i d 
mixture. This advantage has s i g n i f i c a n t impact i f the adsorbents 
are very expensive. For example, monoclonal antibodies have been 
suggested as t o o l s to p u r i f y p r o t e i n products. Most of the 
monoclonal antibody based a f f i n i t y adsorption only have a binding 
e f f i c i e n c y of 15% or l e s s . The higher costs of these a f f i n i t y 
l i gands can be j u s t i f i e d only i f a l l ligands are being u t i l i z e d to 
bind the s p e c i f i c products and are recoverable. 

The immobilized XAD-4 r e s i n s i n K-carrageenan and calcium 
a l g i n a t e are non-toxic to the m i c r o b i a l c u l t u r e . Thus, the 
adsorbents can be added d i r e c t l y to the fermenting b r o t h . Both 
fermentation and product separation can occur at the same time 
( 8 ) . As shown i n Table 1, the immobilized r e s i n can be recovered 
from the fermentation b r o t h . The cycloheximide product can be 
recovered from the immobilized beads by e x t r a c t i o n using b u t y l 
acetate. The immobilized beads maintained i t s mechanical strength 
through the e x t r a c t i o n . In some cases, the p u r i t y of the 
cycloheximide i n the solvent i s close to 95-100% pure. Very 
l i m i t e d a d d i t i o n a l p u r i f i c a t i o n such as c r y s t a l l i z a t i o n may be 
used to make the f i n a l pure product. 

Table I . P u r i t y of Extracted Cycloheximide From the Free and 
Immobilized XAD-4 Resins. 

Fermentation Solvents P u r i t y (%) 

Shake F l a s k (Control) B u t y l Acetate 39 

Fermentor (Control) B u t y l Acetate 24 

XAD-4 Resin (Dispersed) B u t y l Acetate 54 

Immobilized 

XAD-4-Resin B u t y l Acetate 87 

Immobilized 
BACM A c t i v a t e d Carbon B u t v l Acetate 105 
Conclusion 

A novel approach to increase the o v e r a l l e x t r a c t i o n y i e l d of a 
m i c r o b i a l product has been developed. The primary i s o l a t i o n steps 
of fermentation derived m i c r o b i a l products g e n e r a l l y involve 
procedures i n c l u d i n g s o l i d removal, wash and volume re d u c t i o n 
using e i t h e r solvent e x t r a c t i o n or ion-exchange. These steps can 
be f u r t h e r s i m p l i f i e d by the use of whole b r o t h e x t r a c t i o n . In 
the case of using s o l i d phase adsorbents, e x t r a c t i o n performance 
can be d r a s t i c a l l y a f f e c t e d by the s i z e and the nature of the 
adsorbent used. I f the adsorbent s i z e i s l a r g e , i t e x h i b i t s 
i n t e r n a l d i f f u s i o n a l r e s i s t a n c e (pore d i f f u s i o n ) and the r e s u l t a n t 
mass t r a n s f e r r e s i s t a n c e reduces the o v e r a l l r a t e of adsorption 
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and consequently, the f i n a l adsorption c a p a c i t y due to competing 
adsorption of i m p u r i t i e s . On the other hand, separation of these 
adsorbents d i r e c t l y from the fermentation beer i s g r e a t l y enhanced 
by the increased diameter of the immobilized adsorbents. 
Obviously, an optimum s i z e of the adsorbents where those opposing 
e f f e c t s need to be compromised. As shown, by immobilizing the 
d i f f i c u l t - t o - r e c o v e r f i n e adsorbent p a r t i c l e s i n s p h e r i c a l 
hydrogel beads such as calcium a l g i n a t e , we can solve t h i s 
dilemma. The loading c a p a c i t y of the adsorbent beads i n the 
hydrogel can be shown to be as high as 30 wt%. These new 
immobilized adsorbent beads have much higher adsorption c a p a c i t y 
than the adsorbent alone. A d d i t i o n a l advantages include easy 
separation and recovery of the beads from the fermentation b r o t h , 
and p a r t i a l p u r i f i c a t i o n due to s e l e c t i v e adsorption of molecules 
through the g e l mat r i c e s . 
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9 
Process Developments in the Isolation of Largomycin 
F-II, a Chromoprotein Antitumor Antibiotic 

RAMESH C. PANDEY1, CHABI C. KALITA2, MARK E. GUSTAFSON3, 
MARGARET C. KLINE, MICHAEL E. LEIDHECKER4, and JOHN T. ROSS 
National Cancer Institute, Frederick Cancer Research Facility, Fermentation Program, Frederick, 
MD 21701 

Processes for the large scale isolation and pur i f i 
cation of biologically active largomycin F-II, a 
chromoprotein antitumor antibiotic, produced by 
Streptomyces pluricolorescens MCRL-0367, from 
filtered fermentation broth and from mycelium (ce l l -
paste) are described. Advantages of the more recent 
filtration/concentration units over the earlier 
methods, in process simplification, are discussed. 
These processes differ primarily in the initial 
steps used to recover and concentrate the material. 
In all cases, gel f i l t ra t ion on Sephadex G—100 and 
hydroxylapatite are used in the final stages of 
purification to yield gram quantities of purified 
biologically active largomycin F-II. 

The isolation of largomycin F-II, a chromoprotein antitumor anti
biotic , from the culture f i l trate of Streptomyces ρluricolores cens 
MCRL-0367 (1-3) was reported in 1970. It was shown to have biologi
cal activity against several tumors, including KB, Ρ388, HeLa S-3 
cells (0.1 yg/ml), Ehrlich ascites carcinoma, Sarcoma-180 and SN-36 
leukemia (3). Some of i t s physicochemical and biological proper
ties are summarized in Table I , and the partial amino acids sequence 
is shown in Figure 1 (4). Because of its biological activity, 
largomycin F-II was selected by the National Cancer Institute (NCI) 
for further formulation, toxicological and possible c l in ica l 
studies, a situation requiring gram quantities of pharmaceutical 
grade material. 

1Current address: Waksman Institute of Microbiology, Rutgers University, Piscataway, NJ 08854. 
2Current address: 10919 Rawley Road, Mount Airy, MD 21771. 
3Current address: Monsanto Company, St. Louis, MO 63167. 
4Current address: 190 Stone Gate Drive, Frederick, MD 21701. 

0097-6156/85/0271-0133$06.00/0 
© 1985 American Chemical Society 
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Table I . Physicochemical and B i o l o g i c a l P r o p e r t i e s of 
Largomycin F-II 

Producing organism (JL) 
Nature (2) 
Molecular weight (4) 

I s o e l e c t r i c p o i nt (4^ 
1% 

UV λ max (Εχ'^ ) (4) 
i n 0.1 Ν HC1 
i n 0.1 Ν NaOH 

A n t i b i o t i c a c t i v i t y (_3) 
Antitumor a c t i v i t y (3) 

Streptomyces pluricolores cens MCRL-0367 
A c i d i c , y e l l o w amorphous powder 
30,000, g e l e l e c t r o p h o r e s i s 
58,000, u l t r a c e n t r i f u g a t i o n i n PBS 
29,300, u l t r a c e n t r i f u g a t i o n i n 6M guani-

dine hydrochloride 
4.13 (pH gradiant 3.5-5.0) 

272 (16.4), 420 nm (1.8) 
288 sh (15.6), 525 nm (2.0) 
A c t i v e against S. aureus 

5. lut eau 
A c t i v e against KB, P388, HeLa, 

E h r l i c h a s c i t e s , 
Sarcoma-180 and 
SN-36 leukemia 

P r e l i m i n a r y scale-up assessments n e c e s s i t a t e d the i n v e s t i g a 
t i o n of the f o l l o w i n g c r i t e r i a t o achieve t h i s g o a l : 

1. Since t i t e r s of the a n t i b i o t i c i n the producing s t r a i n are 
ge n e r a l l y low - s t r a i n and fermentation development work i s 
necessary. 

2. The development of assay methods i s required s i n c e q u a n t i t a t i v e 
assay methods are not e s t a b l i s h e d . 

3. Processes f o r the la r g e s c a l e i s o l a t i o n and p u r i f i c a t i o n are as 
yet not w e l l e s t a b l i s h e d - therefore process development work 
i s necessary. 

4. As the m a t e r i a l i s destined f o r phase I c l i n i c a l t r i a l s , i t must 
conform t o GMP, GLP and FDA r e g u l a t i o n s . 

A l l four p o i n t s have been addressed by various groups i n the 
NCI-FCRF Fermentation Program. This paper w i l l concern i t s e l f p r i 
m a r i l y w i t h process development work f o r the p u r i f i c a t i o n of gram 
q u a n t i t i e s of largomycin F - I I . As work i n one area impacts on the 
others, v a r i o u s aspects of a l l four p o i n t s w i l l a l s o be discussed 
where appr o p r i a t e . 

M a t e r i a l s And Methods 

General Comments. A l l high performance l i q u i d chromatography (HPLC) 
analyses were c a r r i e d out on a Waters Assoc. WISP 710B automatic 
i n j e c t o r and a Sc h o e f f e l SF770 Spectroflow variable-wavelength 
UV-Vis d e t e c t o r . The detector was set at 210 nm and 0.04 a.u.f.s. 
( c e l l volume 8 μΐ; path length 10 mm). Waters Assoc. p r o t e i n analy
s i s column 1-125 (7.8 mm χ 300 mm) and a mobil phase c o n s i s t i n g of 
0.05 M Na 2HP04/NaH 2P04, pH 6.8 at a flow r a t e of 1 ml/min and a 
chart speed of 0.5 cm/min was used f o r a l l the HPLC work. 
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Sephadex G-100 ( p a r t i c l e s i z e 40 ̂  120 μ) purchased from Phar
macia Fine Chemicals, D i v i s i o n of Pharmacia, I n c . , Piscataway, NJ 
08854, was used f o r a l l Sephadex column chromatography. D i e t h y l -
arainoethyl c e l l u l o s e (DE-23) f i b r o u s form, purchased from Whatman, 
Inc., C l i f t o n , NJ 07014, was used f o r a l l DE-23 column chromatogra
phy. 

U l t r a f i l t r a t i o n and d i a f i l t r a t i o n were performed using Amicon 
DC-50 and DC-4 hollow f i b e r systems and/or a M i l l i p o r e P e l l i c o n 
u n i t , depending on sc a l e of operation. A v a r i e t y of pumps were 
used throughout the largomycin F - l l production campaign, i n c l u d i n g 
p e r i s t a l t i c , c e n t r i f u g a l , surge, as w e l l as posit i v e - d i s p l a c e m e n t 
gear. 

Largomycin F - I I Assays. We have adopted the HPLC method of analy
s i s f o r r o u t i n e largomycin F-II assay, because i t i s simple, r a p i d 
(y 15 min/assay), q u a n t i t a t i v e , does not r e q u i r e extensive sample 
preparation and i s s e l e c t i v e i n separating mixtures on the b a s i s of 
molecular weight. However, t h i s method cannot d i s t i n g u i s h b i o l o g i 
c a l l y i n a c t i v e p r o t e i n s from a c t i v e p r o t e i n s , nor could i t r e s o l v e 
F - I I from s e v e r a l proteases produced i n the fermentation and of 
approximately the same molecular weight as F - I I . C l a s s i c a l reverse 
phase gradient HPLC systems were a l s o not u s e f u l , because the 
a c i d i c nature of the solvent r o u t i n e l y used (0.05% TFA) r e s u l t e d i n 
i n a c t i v a t i o n of F - I I . Due to these d e f i c i e n c i e s HPLC assay i s used 
i n conjunction w i t h two measures of b i o l o g i c a l a c t i v i t y , the B i o 
chemical Induct Assay (BIA) (5,6) and Micrococcus luteus (ML) assays 
to f o l l o w the production and i s o l a t i o n of largomycin F - I I . 

Pre p a r a t i o n of Samples f o r HPLC Assay. 
From Broth. The broth sample i s c e n t r i f u g e d and the super

natant f i l t e r e d through a M i l l i p o r e (0.45) f i l t e r . The f i l t r a t e i s 
i n j e c t e d d i r e c t l y onto the HPLC column. A HPLC p r o f i l e of such an 
i n j e c t i o n i s shown i n Figure 2. 

From Mycelium. M y c e l i a are suspended i n phosphate b u f f e r 
(0.05 M, pH 6.8, 5 ml/g) and sonicated f o r 5 min i n a sonic water 
bath p r i o r t o c e n t r i f u g a t i o n . A f t e r c e n t r i f u g a t i o n the e x t r a c t i s 
processed i n a manner s i m i l a r t o broth sample. A HPLC p r o f i l e of 
mycelia e x t r a c t i s shown i n Figure 2. 

Biochemical Induct Assay (BIA) (_5 ,J&). The se m i - q u a n t i t a t i v e 
spot t e s t v e r s i o n (not the one-tube assay f o r the q u a n t i t a t i v e 
measurement of in d u c t i o n ) was used f o r most of the work. The bac
t e r i a are poured i n agar w i t h or without r a t l i v e r S9 a c t i v a t i o n 
mix, onto l a r g e (24 cm χ 24 cm) bioassay p l a t e s . Largomycin f e r 
mentation broth or t e s t s o l u t i o n s are spotted onto the p l a t e s , 
allowed t o incubate f o r three hours at 37°C, and o v e r l a i d w i t h a 
second agar l a y e r c o n t a i n i n g s u b s t r a t e . Within f i v e or ten minutes, 
areas of i n d u c t i o n are seen as red spots of i n s o l u b l e dye formed by 
cleavage of the c o l o r l e s s s u b s t r a t e . Rapid sampling w i t h the wide 
end of pasteur p i p e t t e s allows an operator t o spot 100 samples on 
two p l a t e s i n 20 minutes. 

Micrococcus luteus (ATCC 9341) Assay. Mueller-Hinton agar p l a t e s 
were overlayed w i t h 0.7% D i f c o Bacto-agar c o n t a i n i n g approximately 
2.5 χ 10^ c e l l s of M. luteus/ml. When the agar i s s e t , 15 μ 1 of 
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1 5 10 
Asp-lle-Leu-lle-Ala-Gly-Ala-Thr-Gly-Asn-

11 15 20 
Val-Gly-Lys-Pro-Leu-Val-Glu-Gly-Leu-Leu-

21 25 30 
Ala-Ala-Gly-Lys-Pro-Val-Arg-Ala-Leu-Thr-Arg-Asn— 

-Ala-Ala-Leu-Phe-OH 

Figure 1. Proposed p a r t i a l s t r u c t u r e f o r apoprotein of largomycin 
F - I I . ( 4 ) . 

ι n m 

t t t 

I II III 
t t t 

Pellet Supernatant 
60 Hrs. 96 Hrs. 

I II III 
t t t 

0 
Pellet 

72 Hrs. 

III III 
t t 

HI 

Supernatant 
120 Hrs. 

Figure 2. High performance l i q u i d chromatography p r o f i l e of 
ce n t r i f u g e d whole broth and mycelium e x t r a c t . Column: Waters 
Assoc. 1-125 p r o t e i n a n a l y s i s column (30 cm χ 7.8 mm). Mobile 
phase: 0.05 M phosphate b u f f e r , pH 6.9. Flow r a t e : 1.0 ml/min, 
Detector: UV at 210 nm. 
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sample or standard i s spotted onto 6 mm paper d i s c s , and the d i s c s 
are t r a n s f e r r e d wet onto the agar p l a t e , and the p l a t e i s incubated 
overnight at 37°C. 

A f t e r 20-24 hours, zones are measured i n mm, and the l o g con
c e n t r a t i o n of standard i s p l o t t e d against zone s i z e i n mm. MIC are 
determined by e x t r a p o l a t i o n of the standard curve t o the Y - a x i s . 
The concentration of largomycin F-II i n samples i s determined by 
measuring zone s i z e i n mm and reading the concentration o f f the 
standard curve. 

Protease Assay. N o n s p e c i f i c protease a c t i v i t y i n largomycin F-II 
was determined by A z o c o l l assay. Varying amounts of largomycin 
F - I I (20 yg * 100/yg) d i s s o l v e d i n 20 mM T r i s - H C l (pH 7.2) were 
taken i n stoppered tubes. The same b u f f e r was added i n each tube 
to make the volume to 100 y l . To each tube 100 y l of a z o c o l l 
(100 mg/5 ml water) was added and incubated at 37°C f o r 1 hour. 
The r e a c t i o n was terminated by adding 2 ml of 5% t r i c h l o r o a c e t i c 
a c i d t o each tube. The tubes were c e n t r i f u g e d f o r 15 minutes at 
25,000 rpm and the o p t i c a l d e n s i t y of the supernatant was measured 
at 366 nm. I t was found that the measured protease a c t i v i t i e s were 
l i n e a r l y p r o p o r t i o n a l t o the amount of enzyme. 

Results And Di s c u s s i o n 

I s o l a t i o n of Largomycin F - I I . Figure 3 g r a p h i c a l l y i l l u s t r a t e s HPLC 
t i t e r s vs c u l t u r e age f o r both c e l l f r e e broth and m y c e l i a l e x t r a c t s 
f o r a t y p i c a l 1 4 - l i t e r and 3 0 0 - l i t e r fermentations. 

P r i o r t o attempting any process development work, i t was 
decided t o evaluate the process reported by Yamaguchi et al. (_2) f o r 
the i s o l a t i o n of largomycin F - I I . 

Process of Yamaguchi et al. (2) 

In t h i s process (Scheme 1) the largomycin complex was separated 
i n t o three components F - I , F-II and F - I I I by applying the f o l l o w i n g 
procedure i n succession: (A) gradient e x t r a c t i o n w i t h aqueous 
ammonium s u l f a t e s o l u t i o n , (B) i s o e l e c t r i c point p r e c i p i t a t i o n , and 
(C) s i z e e x c l u s i o n g e l f i l t r a t i o n on Sephadex G-100. 

This procedure y i e l d e d largomycin F-II that possessed l i t t l e 
b i o l o g i c a l a c t i v i t y , was impure on SDS polyacrylamide g e l s and con
tai n e d protease a c t i v i t i e s . I n a d d i t i o n the procedure r e s u l t e d i n 
a low y i e l d , r e s u l t i n g ca. 1.5 grams of m a t e r i a l from a 2000 L f e r 
mentation. 

I t has been observed and reported i n the l i t e r a t u r e that 
f u r t h e r p u r i f i c a t i o n of low s p e c i f i c a c t i v i t y F - I I d i d not help i n 
i n c r e a s i n g the b i o l o g i c a l a c t i v i t y of the m a t e r i a l . At t h i s stage, 
then the f o l l o w i n g p o i n t s were considered: 

1. Largomycin F - I I i s only one of many "largomycins" of s i m i l a r 
s t r u c t u r e and b i o a c t i v i t y . Largomycin F-II i s not n e c e s s a r i l y 
the most b i o l o g i c a l l y a c t i v e of these components. 

2. Largomycin F-II i s a chromoprotein. L i k e the p r o t e i n antitumor 
a n t i b i o t i c s n e o c a r z i n o s t a t i n (7j-9) a n c* macromomycin ( 10-12), the 
chromophore i s probably r e s p o n s i b l e f o r the b i o l o g i c a l a c t i v i t y . 
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Time (Hrs.) 

Figure 3. Time course of largomycin F-II production i n 14 l i t e r 
( l e f t ) and 300 l i t e r ( r i g h t ) tanks. 
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Crude Largomycin Complex 

605g 

(Steps 1-3) 

Filtrate, 1.2L 

f 
Wash, 0.8L 

Extracted with 0.7 satd (NH4)2 S0 4, 1.0L 
Filtered 

Step-4 
Residue 

J Wash with 0.7 satd (NH4)2 S0 4, 0.5L 

Residue 
Extracted with 0.5 satd (NH4)2 S0 4 t 1.2L 
Filtered 

Step-5 
Residue 

Wash with 0.5 satd (NH4)2 S0 4, 0.8L 

Residue (F-l) Extracted with water 
Filtered nitrate 

Step-6 
Combined 
Precipitated with 
Solid (NH4)2 S0 4, 500g 
Added celite, 40g, stirred 10h 
Filtered 

Residue (F-ll and F-lll) 

Dialyzed 
Lyophilized 

Largomycin F-l 
(2.4 g) 

Filtrate, 0.5L 

Dialyzed 
Lyophilized 

Brown product 
Largomycin F-lll 

(31 mg) 

Residue (F-ll and F-lll) 
' Extracted with 0.7 satd (NH4)2 S0 4, 1.0L 

Filtered Step-7 
Exl 
Fill 

Residue 
I Extracted with 0.53 satd (NH4)2 S0 4, 1.5L 

Filtered Step-8 

Filtrate, 1.44L 
Precipitated with solid (NH4)2 S0 4 l 360 g 
Added Celite, Stirred 10h 
Filtered Step-9 

Residue 
Extracted with (1:1) mixture of 
satd (NH4)2 S0 4 ard 0.1 M acetate 
buffer (pH 4.0), 
0.5L 
Filtered Step-10 

Residue 
Extracted with (1:1) mixture of 
0.1 M acetate buffer pH6.0 and 
satd (NH4)2 S0 4, 0.5L 
Filtered 

Filtrate (0.5L) 
Dialyzed 
Lyophilized 

Yellow white product 

Step-11 

Step-12 

Largomycin F-ll 
(40 mg) 

Scheme 1. P u r i f i c a t i o n of largomycin F-II by the process of 
Yamaguchi et a l . (2) 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

9

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



140 PURIFICATION OF FERMENTATION PRODUCTS 

3. As a chromoprotein, largomycin i s probably l i g h t s e n s i t i v e . 
Exposure t o l i g h t r e s u l t s i n an i n a c t i v e p r o t e i n w i t h s i m i l a r , i f 
not i d e n t i c a l physicochemical p r o p e r t i e s . 

4. During the fermentation, chromophore and p r o t e i n are 
probably produced s e p a r a t e l y , and only part of the chromophore i s 
attached t o the largomycin F-II p r o t e i n . The existence of f r e e 
chromophore e x p l a i n s the appearance of b i o l o g i c a l a c t i v i t y i n a 
fermentation broth before the appearance of largomycin F - I I , and why 
t o t a l b i o a c t i v i t y does not n e c e s s a r i l y c o r r e l a t e w i t h t o t a l amount 
of F - I I . 

5. Several proteases are c o - p u r i f i e d w i t h largomycin F - I I 
which i n s o l u t i o n degrade the largomycin F - I I p r o t e i n . 

6. I t has been p o s s i b l e t o i s o l a t e the chromophore and the 
p r o t e i n under a c i d i c pH w i t h a s u i t a b l e s o l v e n t . 

A l l these observations are summarized i n a non-chemical repre
s e n t a t i o n form i n Figure 4. The l a n t e r n s w i t h l i g h t represent the 
a c t i v e chromophore, the persons represent the p r o t e i n , the dark l a n 
terns represent the i n a c t i v e chromophore. The e f f e c t of proteases 
i s shown by the breakage of the limb, head or body. The various 
diagrams i n a c i r c l e or box i n d i c a t e what can be i s o l a t e d by using 
a s u i t a b l e procedure i n a p a r t i c u l a r step. 

The primary drawback of the Yamaguchi, et al. process (Scheme 1) 
was the l a r g e volume of the fermentation broth and the amount of 
ammonium s u l f a t e needed. Since a number of new technologies have 
evolved i n the p r o t e i n p u r i f i c a t i o n during the l a s t decade, i t was 
f e l t that a more e f f i c i e n t a l t e r n a t i v e process could be developed 
t o i s o l a t e and p u r i f y the b i o l o g i c a l l y a c t i v e largomycin F - I I . With 
these p o i n t s i n mind and the v a r i o u s equipment at hand, a l t e r n a t i v e 
processes were developed f o r the p u r i f i c a t i o n of largomycin F - I I 
using the techniques of d i a f i l t r a t i o n , u l t r a f i l t r a t i o n , i o n exchange 
chromatography, g e l permeation chromatography, h y d r o x y l a p a t i t e 
column chromatography and l y o p h i l i z a t i o n . 

NCI-FCRF Process I (Scheme 2). In t h i s process f i l t e r e d or c e n t r i -
fuged broth i s used as the s t a r t i n g m a t e r i a l f o r the i s o l a t i o n of 
largomycin F - I I . The f i l t r a t e was d i a l y z e d against deionized water 
t o remove low molecular weight m a t e r i a l , and concentrated i n an 
Amicon DC-50 hollow f i b e r u l t r a f i l t r a t i o n u n i t equipped w i t h 10 Κ 
cut o f f hollow f i b e r s . A f t e r the i n i t i a l u l t r a f i l t r a t i o n concen
t r a t i o n , advantage i s taken of the e a r l i e r work that largomycin F - I I 
stays i n s o l u t i o n i n 0.5 saturated ammonium s u l f a t e s o l u t i o n , t h e r e 
f o r e an equal volume of saturated ammonium s u l f a t e s o l u t i o n was 
added t o the concentrate and l e t stand at 4°C f o r 24 hours. [Con
c e n t r a t i o n f i r s t reduces the amount of ammonium s u l f a t e needed, 
speeds the process, and makes p r e c i p i t a t i o n and i t s recovery f a s t e r 
and more e f f i c i e n t . ] The concentrate i s then f i l t e r e d , d i a l y z e d , and 
concentrated through 10 Κ Amicon hollow f i b e r s . Largomycin F-II was 
then f u r t h e r p u r i f i e d by passage through Sephadex G-100 or DE-23 
anion exchange c e l l u l o s e columns. Both chromatographic procedures, 
e i t h e r alone or i n conjunction w i t h the other, gave m a t e r i a l of 
comparable q u a l i t y . The largomycin F-II r i c h f r a c t i o n s , as judged 
by HPLC and b i o a c t i v i t y were combined, d i a l y z e d , concentrated and 
l y o p h i l i z e d t o a l i g h t y e l l o w powder. The e n t i r e p u r i f i c a t i o n 
scheme, together w i t h the HPLC t r a c i n g s of the m a t e r i a l at various 
stages, i s shown i n Scheme 2. 
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142 PURIFICATION OF FERMENTATION PRODUCTS 

Whole Fermentation Broth 

I Centrifuge/Filter 

Residue 
(Discard) 

Dialysate/concentrate out 
(Discard) 

Residue 
(Discard) 

Dialysate/concentrate out 
(Discard) 

Dialysate/concentrate out 
(Discard) 

Filtered Broth 
Dialysis/concentration 
to - 1/10th volume 

Concentrate 
Add equal vol. of 
satd. Ammonium Sulfate 
solution. 
Let stand at 4e/24 hr. 
Filter through celite 

Filtrate 
Dialysis/concentration 
to - 1/5th volume 

Concentrate 

JDEAE Column 

Largomycin F-ll Fractions 

I Dialysis/concentration 

Concentrate 
|Lyophilization 

Largomycin F-ll Powder L JL-
Scheme 2. P u r i f i c a t i o n of largomycin F-II from f i l t e r e d broth 
using recent methods (NCI-FCRF Process I ) . HPLC patte r n of the 
largomycin p u r i t y i s shown on the side . 
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9. PANDEY ET AL. Isolation of Largomycin F-II 143 

The largomycin F-II i s o l a t e d i n t h i s manner s t i l l contained 
appreciable protease a c t i v i t y and showed impurity on SDS g e l s . I t 
was a l s o noted at t h i s time that i f the fermentation i s terminated 
at about 48 hours, most of the largomycin F-II remains associated 
w i t h the mycelium (Figure 3). M a t e r i a l i s o l a t e d from the mycelium 
contained much l e s s protease a c t i v i t y , and was a l s o enriched i n 
F-II component (Figure 1) r e l a t i v e t o supernatant. A l s o chroma
tography on h y d r o x y l a p a t i t e as described by Montgomery et al. (4) 
i s e f f e c t i v e i n removing carbohydrate and protease from largomycin 
F - I I . 

NCI-FCRF Process II-A (Scheme 3). In t h i s process the s t a r t i n g 
m a t e r i a l f o r the i s o l a t i o n of largomycin F - I I was the mycelium 
( c e l l - p a s t e ) . The c e l l - p a s t e was suspended i n potassium phosphate 

b u f f e r , and the suspension was subjected t o c e l l rupture by f r e e z e -
thaw steps and r e - c e n t r i f u g e d or f i l t e r e d . The crude largomycin 
complex was d i a l y s e d and concentrated and the concentrate loaded on 
to a Sephadex G-100 column. The column was elu t e d w i t h phosphate 
b u f f e r . Largomycin F-II r i c h f r a c t i o n s were combined, d i a l y z e d , 
concentrated and l y o p h i l i z e d t o a l i g h t y ellow powder. The l a s t 
traces of carbohydrate i m p u r i t i e s were removed by a h y d r o x y l a p a t i t e 
column. Based on b i o l o g i c a l assay and HPLC p r o f i l e largomycin F - I I 
r i c h f r a c t i o n s were combined, d i a l y z e d , concentrated and l y o p h i l i z e d 
t o pure largomycin F - I I . 

R e a l i z i n g the d i f f i c u l t y of f r e e z i n g and thawing of la r g e 
q u a n t i t i e s and the time taken i n these operations another method was 
developed f o r the e x t r a c t i o n of largomycin F - I I from mycelium. This 
i s summarized i n Scheme 4. I t was found that s o n i c a t i o n or vigorous 
s t i r r i n g of the mycelia w i t h deionized water or 0.01 M phosphate 
b u f f e r l i b e r a t e d most of the largomycin F - I I i n the f i r s t two 
e x t r a c t i o n s (Scheme 4 ) . 

NCI-FCRF Process II-B (Scheme 5). In t h i s process the freeze-thaw 
step of mycelia suspension, t o l i b e r a t e largomycin F - I I , of NCI-FCRF 
Process I I - A has been replaced by v i g o r o u s l y mixing the mycelia sus
pension f o r 1 hour. The r e s u l t s of a 240 g a l l o n fermentation run 
are summarized i n Scheme 5. A comparison of the p r o p e r t i e s of the 
i s o l a t e d product w i t h the standard compound i s shown i n Table I I , 
and t h e i r polyacrylamide g e l e l e c t r o p h o r e s i s p a t t e r n i s shown i n 
Figure 5. 

One problem encountered during l a r g e s c a l e p u r i f i c a t i o n of 
largomycin F - I I was the constant p r e c i p i t a t i o n of aggregated mater
i a l s , mainly i m p u r i t i e s , during u l t r a f i l t r a t i o n . This m a t e r i a l 
could not be removed by c e n t r i f u g a t i o n , or f i l t r a t i o n through 
c e l i t e . Microporous dead-ended f i l t e r s q u i c k l y became clogged. 
This high molecular weight m a t e r i a l could be e f f e c t i v e l y removed 
from the m a j o r i t y of the F - I I by passage of the F - I I through a 0.45 
μ durapore membrane w i t h e x c e l l e n t recovery and e f f i c i e n t removal 
of high molecular weight p r o t e i n s . These r e s u l t s are summarized i n 
Scheme 6 and Figure 6. 

The other aspect of largomycin F - I I p u r i f i c a t i o n that was 
r o u t i n e l y discussed w i t h i n the Fermentation Program was whether i t 
was b e t t e r t o i s o l a t e F - I I from the supernatant or from the myce-
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144 PURIFICATION OF FERMENTATION PRODUCTS 

Largomycin Whole Broth 

I Centrifuge 

Cell-Free Broth 
(Discard) 

Cell Paste 

Suspend 1 kg/liter in 
0.01 M phosphate buffer, pH 7.0 

Cell Debris 
(Discard) 

Cell Suspension 

Freeze—Thaw (2 x) 

Centrifuge 

Crude Largomycin Solution 

1 Dialyze/Concentrate 

Dialysate/Concentrate 
out 

(Discard) 

Concentrate 

Sephadex G-100 
Elute with 0.01 M phosphate buffer, 

pH 7.0 

Largomycin F-ll —Rich Fractions 

I Dialyze/Concentrate 

Dialysate/Concentrate 
out 

(Discard) 

Lyophilize 

Largomycin F-ll Powder 

Dialysate/Concentrate 
out 

(Discard) 

Hydroxylapatite 

IElute with 0.01 M—0.6 M 
gradient phosphate buffer, pM 7.0 

^Dialyze/Concentrate F-ll Fractions 

Lyophilize 

I Pure Largomycin F-ll | 

VII 
0 4 8 12 

Min 

0 4 8 12 
Min LIL 

0 4 8 
Min 

Scheme 3. E x t r a c t i o n and p u r i f i c a t i o n of largomycin F-II from 
c e l l - p a s t e (NCI-FCRF Process I I - A ) . HPLC patter n of the largo
mycin p u r i t y i s shown on the side . 
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Cell-Free Broth, 220 gal 
(Discard) 

Largomycin Whole Broth F-II 
(LM63, 240 gal) 

1 Centrifuge 
Cell Paste (-53 lbs) - 60 g 

Suspend in 
52 gal 0.01 M phosphate buffer 
Mix 1h (pH 7.0) 
Centrifuge 

Cell Debris 
(Discard) 

Dialysate/Concentrate out 
(Discard) 

Dialysate/Concentrate out 
(Discard) 

f 
Dialysate/Concentrate out 

(Discard) 

Crude Largomycin Solution (-47 gal) 

Dialyze/Concentrate 
Using Amicon DC-50 

Concentrate (5.5L) -54 g 

Sephadex G-100 stack column 
Elute with 0.01 M phosphate buffer 

(140 L, pH 7.0) 

Largomycin F-II Rich Fractions (-11L) 
ι Dialyze/Concentrate 

1 (Amicon DC-4) 

410 ml - 10.6g 

Hydroxylapatite column 
Elute with 0.01 M— 0.6M 
gradiant phosphate buffer * 

(PH 7.0) 

Pure Largomycin F-II Fractions (1.6L) 

Dialyze/Concentrate 

750 ml 

Lyophilize 

Pure Largomycin F-II (5.2g) 

(Lot # LM63HA9-22-7) 

-5.2g 

Scheme 5. Large scale p u r i f i c a t i o n of largomycin F-II from c e l l -
paste using modern methods (NCI-FCRF Process I I - B ) . 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

9

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



PANDE Y ET AL. Isolation of Largomycin F-II 

Properties 
Frederick 

(Lot # LM63HA9227) 
Standard 

(RM-LM-F-II) 

• Appearance Flaky Yellow 
Solid 

Granular Yellow 
Solid 

• Solubility 
(0.1 mM Phosphate buffer) 

pH 7.0 

Soluble Partially Insoluble 

• Protein (%) 58 44 

• Carbohydrate (%) 17.4 9.5 

• MIC: M. luteus 
0*g/ml) 

BIA 
(E. Coli strain 339) 

30 

0.6 

100 

5.0 

• Protease 
(nmol/mg) 

0.33 0.33 

• HPLC 
(1 mg/ml sol.) 

Table I I . Comparison of Physicochemical P r o p e r t i e s of I s o l a t e d 
Largomycin F-II 

American Chemical 
Society Library 

1155 16th st N. w. 
Weshtoflton, 0. C. 20038 
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148 PURIFICATION OF FERMENTATION PRODUCTS 

Figure 5. Polyacrylamide g e l e l e c t r o p h o r e s i s p a t t e r n of 1 and 6, 
markers; 2, crude largomycin from c e l l l y s a t e ; 3, p u r i f i e d l a r g o 
mycin F-II from f i l t e r e d broth; 4, Sephadex G-100 p u r i f i e d l a r g o 
mycin F-II from c e l l l y s a t e ; 5, hyd r o x y l a p a t i t e column p u r i f i e d 
largomycin F-II ( f i n a l product from c e l l l y s a t e ) . 
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9. PANDEY ET AL. Isolation of Largomycin F-II 149 

LM 85-FD (600 g, 6%-7% F-ll) 

+ 4 liters H 2 0 

LM 85-30' (11.2 mg/ml, ca. 4 liters, 44.8 g F-ll) 

Durapore 

+ 2 liters H20 

Durapore 

+ 2 liters H 2 0 

Durapore 

F-ll Permeates 

LM 85-31 (8.1 mg/ml, ca. 3.3 liters = 26.7 g) 

LM 85-33 (5.2 mg/ml, ca. 2 liters = 10.5 g) 

• LM 85-35 (2.95 mg/ml, ca. 2 liters 5.9 g) 
+ 2 liters H 2 0 43.1 g 

LM 85-36 (2 mg/ml, ca. 2.7 liters, 5.4 g F-ll) 

Scheme 6. Largomycin F-II Durapore processing scheme. 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ch
00

9

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



PURIFICATION OF FERMENTATION PRODUCTS 

Figure 6. High performance l i q u i d chromatography p r o f i l e of 
Durapore processing ( c o n d i t i o n s i m i l a r t o , as i n Figure 1). 
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9. PANDEY ET AL. Isolation of Largomycin F-II 151 

l i u m . Crude m a t e r i a l i s o l a t e d from the mycelium was r e l a t i v e l y 
low i n proteases and i n high molecular weight i m p u r i t i e s . Super
natant provided much more raw m a t e r i a l i n i t i a l l y (up t o 300 yg/ml 
by HPLC) but t h i s F-II was high i n protease a c t i v i t y and was con
taminated w i t h huge amounts of proteinaceous m a t e r i a l from the 
medium. The experiences learned i n the development of process I I , 
namely the a b i l i t y of h y d r o x y l a p a t i t e t o remove very s i m i l a r impur
i t i e s and the success of durapore membranes t o e f f e c t i v e l y remove 
large amounts of high molecular weight contaminants, spurred f u r t h e r 
work on a supernatant process. 

Fermentation development work was a l s o progressing at t h i s 
time, and e f f e c t i v e s u b s t i t u t e s were found f o r the high molecular 
weight components of the fermentation medium. S u b s t i t u t i o n of low 
molecular weight n i t r o g e n sources s u b s t a n t i a l l y reduced the amount 
of high molecular weight p r o t e i n i m p u r i t i e s present i n the super
natant. 

A l s o about t h i s time, we learned that largomycin F - I I s o l u t i o n s 
could be r a p i d l y concentrated using a wiped f i l m evaporator (WFE). 
Reduced pressure low temperature evaporation i s now r o u t i n e l y used 
f o r the concentration of large volumes (500 g a l . ) of crude l a r g o 
mycin F - I I s o l u t i o n s t o a more manageable volume (50 gal.) p r i o r t o 
ammonium s u l f a t e p r e c i p i t a t i o n or d i a f i l t r a t i o n procedures without 
the l o s s of b i o l o g i c a l a c t i v i t y . Parameters can be adjusted so that 
the m a t e r i a l being concentrated i s i n contact w i t h the heated evapo
r a t o r r o t a r chamber f o r no more than a few seconds. The product 
feed and the r e s u l t i n g concentrate emerging from the evaporator are 
cooled. 

NCI-FCRF Process I I I (Scheme 7 ) . This i s e s s e n t i a l l y modified 
NCI-FCRF Process I , where advantage of a l l our experience and the 
equipment at hand was taken t o i s o l a t e high q u a l i t y largomycin F - I I 
from f i l t e r e d b roth. The fermentation broth i s c l a r i f i e d by f i l t r a 
t i o n through c e l i t e i n a p l a t e and frame f i l t e r p ress, concentrated 
ca. 5 - f o l d w i t h a WFE and ce n t r i f u g e d t o remove s o l i d s . This r i c h 
concentrate i s d i a l y z e d and concentrated using 10 Κ hollow f i b e r s 
on an Amicon DC-50. This d i a l y z e d concentrate i s t r e a t e d w i t h an 
equal volume of saturated ammonium s u l f a t e , f i l t e r e d , and p a r t i a l l y 
d i a l y z e d and concentrated before passage through Durapore c a s s e t t e s . 
The durapore permeate was concentrated and passed through a column 
of Sephadex G-100. Largomycin F-II r i c h f r a c t i o n s are pooled 
concentrated and l y o p h i l i z e d or immediately a p p l i e d t o a column of 
hy d r o x y l a p a t i t e which was e l u t e d w i t h 0.01 M phosphate b u f f e r . 
Largomycin F - I I r i c h f r a c t i o n s from t h i s f l a s h HA column were 
pooled, concentrated by u l t r a f i l t r a t i o n and c a r e f u l l y chromato
graphed on h y d r o x y l a p a t i t e . Pure largomycin f r a c t i o n s from t h i s 
column were pooled, f i l t e r e d , and l y o p h i l i z e d t o give a l i g h t 
y e l low, h i g h l y hygroscopic powder that was equivalent i n b i o a c t i v i t y 
and p u r i t y t o the cake derived m a t e r i a l . This f i r s t attempt w i t h 
supernatant process produced ca. 15 g of high q u a l i t y F - I I from 
about 400 g a l . of fermentation broth. The procedure i s depicted i n 
Scheme 7. 
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Cake 

0.45 μ Filter 

Cone. With 
Pellicon 
Door Oliver 
DC-50 
DDS 

LM Fementation Broth 

Filter press 

Filtered Supernatant 

Concentrate on WFE, approximately 5-fold 

WFE Concentrate 

Centrifuge, M-16s 

Rich Concentrate 

Dialyze/concentrate on DC-50 

Dialyzed Concentrate 

Treat with equal volume sat. (NH4)2S04 

Mix, centrifuge M-16s 

Clarified Concentrate 

Dialyze/concentrate on DC-50 

Dialyzed Concentrate 

Pass through 0.45 μ Durapore filter 

Durapore Permeate 

Concentrate with 10K membrane on Pellicon 

Stack Starting Material 

Pass through Sephadex G-100 
Pool F-ll rich fractions 
Concentrate with 10K membrane on Pellicon 

Stack Column Product 

Chromatograph on HA, 10 mM Flash column 
Pool F-ll rich fractions 
Concentrate with 10K membrane on Pellicon 

Flash HA Column Product 

Chromatograph on HA 0.1 mM to 20 mM gradient 
Pool F-ll rich fractions, concentrate, lyophilize 

Final Product Largomycin F-ll 

Scheme 7. Largomycin F-II supernatant recovery process (NCI-FCRF 
Process I I I ) . 
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Conclusions 

Process development work on the p u r i f i c a t i o n of largomycin 
F-II has r e s u l t e d i n two processes, one from c e l l - p a s t e (NCI-FCRF 
Process II-B) and the other from c e l l f r e e broth (NCI-FCRF Pro
cess I I I ) . Both the processes have advantages over the Yamaguchi 
et àl. process i n the number of steps, s i m p l i c i t y and y i e l d i n g a 
be t t e r b i o l o g i c a l l y a c t i v e product. Over 30 g of GMP q u a l i t y , 
homogeneous (on SDS g e l s ) b i o a c t i v e m a t e r i a l has been produced from 
approximately s i x s u c c e s s f u l m y c e l i a l recovery runs and two super
natant fermentations. Approximately 15 grams of these were derived 
from 2-200 g a l l o n supernatant runs, w i t h an o v e r a l l recovery of 
between 5-10%. This m a t e r i a l i s c u r r e n t l y undergoing f o r m u l a t i o n 
and t o x i c i t y s t u d i e s at the N a t i o n a l Cancer I n s t i t u t e . 
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10 
Approaches to Cephalosporin C Purification 
from Fermentation Broth 

M. E. WILDFEUER 
Eli Lilly and Company, Lafayette, IN 47902 

Different antibiotics generally lend themselves to 
specific purification techniques. Ceph C, however, is 
fairly unique since i t s separation from broth can be 
carried out by a variety of methods, each of which 
illustrates a particular approach to antibiotic 
isolation. Part of the reason for this versatile be
havior results from the fact that ceph C is not the 
end use product, and for this reason modifications 
to the molecule to faci l i tate i t s separation or alter 
its physical characteristics—without affecting the 
active part of the ceph C molecule—are possible. 

Examples of techniques used for purification of ceph 
C or i t s derivatives include: (1) carbon adsorption, 
(2) non-ionic resin adsorption, (3) ion exchange, 
(4) solvent extraction of derivatives, (5) precipita
tion of derivative acid or salt , (6) precipitation 
of metal salt , (7) broth drydown, (8) azeotropic ex
traction, and (9) enzymic modification. Many of these 
methods are not merely laboratory curiosities but have 
been successfully applied to large scale production of 
ceph C. 

The initial isolation of antibiotics and other fermentation products 
from fermentation broths can take many routes. Those that have been 
used on a large scale have included the following: 

• Carbon adsorption 
• Non-ionic resin adsorption 
• Ion-exchange adsorption (anion or cation) 
• Solvent extraction 
• Precipitation 
• Broth drydown 
• Azeotropic extraction 
• Enzymic modification 

0097-6156/85/0271-0155S06.00/0 
© 1985 American Chemical Society 
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156 PURIFICATION OF FERMENTATION PRODUCTS 

Although one or the other of these techniques has t y p i c a l l y 
been a p p l i e d to a p a r t i c u l a r a n t i b i o t i c or c l a s s of a n t i b i o t i c s , 
cephalosporin C i s rather unique i n that each of these methods can 
be u t i l i z e d s u c c e s s f u l l y f o r i t s i s o l a t i o n . 

To get some per s p e c t i v e on p u r i f i c a t i o n c o m p l e x i t i e s , Table I 
l i s t s some of the major components found i n a fermentation broth. 

Table I. Broth I m p u r i t i e s 

C l a s s i f i c a t i o n Examples 
In s o l u b l e Components M y c e l i a 

N o n - u t i l i z e d raw m a t e r i a l s 
I n s o l u b l e s a l t s 
Immiscible o i l s 
I n s o l u b l e metabolites 

Soluble Components Soluble n o n - u t i l i z e d raw m a t e r i a l s 
Soluble metabolites 

Polysaccharides and sugars 
P r o t e i n s and amino a c i d s 
L i p i d s 
N u c l e i c a c i d s 
"Unique 1 1 metabolites 

The mycelia and other i n s o l u b l e substances are u s u a l l y removed 
by a f i l t r a t i o n step, although whole broth r e s i n or solvent ex
t r a c t i o n methods may be used. I t should be noted that cephalos
p o r i n C i s s o l u b l e i n fermentation broth (some a n t i b i o t i c s are n o t ) . 
The magnitude of the i s o l a t i o n challenge i s i l l u s t r a t e d by the f a c t 
that 20-70 m i l l i o n l i t e r s of broth may t y p i c a l l y be harvested 
annually. Systems capable of handling b r o t h flow r a t e s of 100-200 
l i t e r s per minute might be r e q u i r e d . 

The s t r u c t u r e of cephalosporin C, a (3-lactam a n t i b i o t i c , i s 
shown i n Figure 1. Under n e u t r a l , but e s p e c i a l l y b a s i c c o n d i t i o n s , 
i t i s hydrolyzed to d e s a c e t y l cephalosporin C. In a c i d cephalosporin 
C lactone i s formed (1,2) (both of these are shown i n Figure 1). In 
order to minimize these degradations, i t i s important that cephalos
p o r i n C broth be processed r a p i d l y , a v o i d i n g extremes of pH and 
keeping temperatures low. 

A c t i v a t e d Carbon 

A c t i v a t e d carbon w i l l e f f e c t i v e l y remove cephalosporin C from broth 
(3,4); e l u t i o n i s e f f e c t e d w i t h d i l u t e aqueous s o l v e n t s . The carbon 
column e l u a t e may then be p u r i f i e d f u r t h e r by adsorption and e l u t i o n 
of cephalosporin C using an anion exchange r e s i n , s i n c e most of the 
competing strong anions are not adsorbed to carbon. An example of a 
carbon-anion exchange route i s seen i n Figure 2. 

One of the d i f f i c u l t i e s of t h i s method i s the requirement that 
carbon be p e r i o d i c a l l y r e a c t i v a t e d or replaced. A l s o , as mentioned, 
e l u t i o n and regeneration r e q u i r e s o l v e n t , and c a p a c i t y f o r cephalos
p o r i n C i s r e l a t i v e l y low. 
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NH 2 -CH ( C H ^ C O N H - j — ^ V 

COOH 0 ^ T ^ C H 2 ° C O C H 3 
COOH 

Ceph C 

pH<2 

N H 2 C H ( C H 2 ) 3 C O N H - T — p H < 2 » Ν Η ^ Η ^ Η ^ Ο Ο Ν Η - ι — 

C O O H Ο T ^ C H j O H C O O H 0 ^ 
C O O H Λ - 0 

Ο 

Desacetyl Ceph C Ceph C Lactone 

Figure 1. M i l d degradation of cephalosporin C. 
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π π 
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- Eluate — NH4OAc 

Anion 
Exchange 

Resin 
IRA900 

Eluate ^CephC 

Figure 2. Carbon adsorption of cephalosporin C. 
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158 PURIFICATION OF FERMENTATION PRODUCTS 

Non-Ionic Resin 

A second adsorption method which i s s i m i l a r to a c t i v a t e d carbon i s 
shown s c h e m a t i c a l l y i n Figure 3. This i n v o l v e s the use of a non-
i o n i c polymeric adsorbent (5-8), such as Amberlite XAD2 or D i a i o n 
ΗΡ20. 

U n l i k e carbon, these r e s i n s are very s t a b l e and can be reused 
f o r hundreds of c y c l e s . Another advantage i s t h e i r high s e l e c t i v i t y , 
p r e f e r e n t i a l l y adsorbing cephalosporin C over d e s a c e t y l cepha
l o s p o r i n C. As w i t h carbon, e l u t i o n i s u s u a l l y c a r r i e d out w i t h 
aqueous solvents and the r e s u l t i n g e l u a t e , f r e e of strong anions, i s 
adsorbed onto an anion exchange r e s i n column and e l u t e d w i t h a 
n e u t r a l s a l t . The process i s r a t h e r independent of the anion-cation 
makeup of b r o t h , and—because of i t s high s e l e c t i v i t y — g i v e s a 
high p u r i t y product. I t again r e q u i r e s the use of solvent f o r 
e l u t i o n and regeneration and has a f a i r l y low capacity f o r cephalos
p o r i n C, although r e s i n manufacturers are developing more e f f i c i e n t 
r e s i n s f o r t h i s a p p l i c a t i o n (9,10). 

Anion Exchange 

Although pure cephalosporin C i s r e a d i l y adsorbed by strong or weak 
base anion exchange r e s i n s , i t s i s o l a t i o n from broth i s complicated 
by the presence of numerous other anions. As i l l u s t r a t e d i n Figure 4, 
i t i s necessary to have s e v e r a l columns i n s e r i e s , w i t h a lead anion 
exchange column used to adsorb stronger anions and a t r a i l anion 
exchange column to adsorb cephalosporin C (11-14). A c a t i o n ex
change r e s i n column i n the hydrogen form ( e i t h e r before or a f t e r the 
lead anion exchange column) i s used to lower the pH without adding 
anions to the b r o t h , and helps to make the system more s e l e c t i v e f o r 
cephalosporin C adsorption. A l t e r n a t i v e l y , a s i n g l e cation-anion 
exchange mixed bed column has a l s o been proposed ahead of the t r a i l 
anion exchange column. The adsorbed cephalosporin C, along w i t h 
other intermediate s t r e n g t h anions, are e l u t e d w i t h n e u t r a l s a l t s 
such as potassium acetate. 

Obstacles to the s u c c e s s f u l commercial a p p l i c a t i o n of anion 
exchange f o r i n i t i a l cephalosporin C i s o l a t i o n i n c l u d e the r e q u i r e 
ment f o r l a r g e volume lead r e s i n columns to remove strong anions, 
the need to adequately balance the lead and t r a i l anion exchange 
columns to minimize cephalosporin C losses on the lead columns, r e 
s t r i c t i o n s placed on fermentation media s i n c e strong anion s a l t s 
need to be kept to a low l e v e l , and the coadsorption of other i n t e r 
mediate st r e n g t h anion i m p u r i t i e s onto the t r a i l r e s i n . 

Cation Exchange 

Since i t i s a z w i t t e r i o n , cephalosporin C can a l s o be adsorbed on low 
c r o s s - l i n k e d s u l f o n i c a c i d c a t i o n exchange r e s i n s , as shown i n 
Figure 5, Although used s u c c e s s f u l l y f o r cephamycin C (15), a r e l a t e d 
3-lactam a n t i b i o t i c , the strong a c i d i t y of these r e s i n s r e s u l t s i n 
s u b s t a n t i a l degradation of cephalosporin C to i t s lactone. (Cepha
mycin C contains a carbamoyl e s t e r i n place of the a c e t y l e s t e r at 
C-3, and i s apparently more s t a b l e . ) E l u t i o n of the adsorbed 
cephalosporin C w i t h acetate b u f f e r s y i e l d s eluates w i t h high lactone 
content. 
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Broth π η 
Non-Ionic 

Resin 
XAD 2, 
HP-20 

20% Acetone 

-Eluate PyrOAc 

Anion 
Exchange 

Resin 
IRA68 

Eluate - • Ceph C 

Figure 3. Non-ionic r e s i n adsorption of cephalosporin C. 
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Figure 4. Anion exchange adsorption of cephalosporin C. 
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Figure 5. Cation exchange adsorption of cephalosporin C.  P
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F i n a l Cephalosporins 

A number of approaches to recovery of cephalosporin C take cognizance 
of the f a c t that cephalosporin C i s merely an intermediate i n the 
synthesis of cephalosporin a n t i b i o t i c s . Figure 6 shows those a n t i 
b i o t i c s c u r r e n t l y manufactured at L i l l y which are derived from 
cephalosporin C, 

S u b s t i t u t i o n of the 7*-amino s i d e chain i s accomplished by non
aqueous cleavage of the α-aminoadipyl group to y i e l d 7-aminocephalos-
poranic a c i d (7ACA). R e a c y l a t i o n at the 7-amino s i t e by the de s i r e d 
s u b s t i t u e n t i s c a r r i e d out i n a subsequent step. By c o n t r a s t , sub
s t i t u t i o n at C~3 i s u s u a l l y accomplished by a d i r e c t displacement of 
the acetoxy by the new group. Obviously, n e i t h e r d e s a c e t y l cephalos
p o r i n C nor cephalosporin C lactone can p a r t i c i p a t e i n that s u b s t i t u 
t i o n r e a c t i o n , 

N - S u b s t i t u t i o n 

S u b s t i t u t i o n of the amine on the α-aminoadipyl s i d e chain of ceph
a l o s p o r i n C (Figure 7), using many of the d e r i v a t i z a t i o n methods 
borrowed from c l a s s i c a l peptide and amino a c i d chemistry, s u f f i c i e n t 
l y a l t e r s the p r o p e r t i e s of cephalosporin C so as t o , depending on 
the d e r i v a t i v e , make i t solvent e x t r a c t a b l e or i n s o l u b l e i n aqueous 
s o l u t i o n s . Figure 8 shows examples of many such d e r i v a t i v e s which 
have been prepared and which have been reported to a i d i n the i s o 
l a t i o n of cephalosporin C (16-40). The u t i l i t y of t h i s approach l i e s 
i n the f a c t that each of these cephalosporin C d e r i v a t i v e s are able 
to be cleaved t o 7ACA i n y i e l d s equivalent t o (and sometimes b e t t e r 
than) y i e l d s achieved w i t h cephalosporin C i t s e l f . 

Several p o i n t s need to be considered i n e x p l o r i n g t h i s route: 
(1) The r e a c t i o n w i t h the amine i s not s p e c i f i c , and g e n e r a l l y a 
2-10 f o l d excess of reagent could be requ i r e d f o r broth. (2) A water 
m i s c i b l e solvent i s f r e q u e n t l y needed f o r r e a c t i o n o p t i m i z a t i o n . (3) 
The r e a c t i o n may take s e v e r a l hours f o r completion. (4) The optimum 
pH (8-10) and temperature (15-30°C) f o r the r e a c t i o n can lead t o 
ceph C degradation. (5) The dérivâtizing reagent can be expensive. 
(6) The enhanced solvent s o l u b i l i t y of the d e r i v a t i v e i s f r e q u e n t l y 
b e n e f i c i a l f o r the cleavage step. 

E x t r a c t i o n 

Most of the d e r i v a t i v e s shown i n Figure 8 are solvent e x t r a c t a b l e at 
low pH, and thus one of the c l a s s i c a l methods used f o r a n t i b i o t i c 
p u r i f i c a t i o n becomes a c c e s s i b l e to cephalosporin C. To be commercial
l y f e a s i b l e , s o l vents should be s e l e c t i v e and only s l i g h t l y m i s c i 
b l e w i t h water. E x t r a c t i o n e f f i c i e n c y should be s u f f i c i e n t l y high 
that m u l t i p l e e x t r a c t i o n s are not r e q u i r e d , and i d e a l l y should be 
e f f i c i e n t at low r a t i o s so as to e f f e c t a concen t r a t i o n of the 
de s i r e d component. Emulsions and i n s o l u b l e s o l i d s are anathema to 
e x t r a c t i o n . Using these c r i t e r i a , e x t r a c t i o n of most of the cepha
l o s p o r i n C d e r i v a t i v e s at low pH are f a r from i d e a l s i n c e mostly 
n o n - s e l e c t i v e solvents (such as n-butanol and e t h y l acetate) u s u a l l y 
work best; s e v e r a l e x t r a c t i o n s seem to be re q u i r e d , and d e r i v a t i z e d 
cephalosporin C broth upon a c i d i f i c a t i o n w i l l f r e q u e n t l y r e s u l t i n 
emulsion formation. However, some d e r i v a t i v e s behave b e t t e r than 
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NH 2 -CH- (CH 2 ) 3 -CO-NH—*—f S s 

COOH 

RX 

R - N H - C H - ( C H 2 ) 3 - C O - N H _ _ ^ S N 
COOH o ^ N y - C H 2 O C O C H 3 

COOH 

Figure 7. N - s u b s t i t u t i o n of cephalosporin C. Many d e r i v a t i v e s 
solvent e x t r a c t a b l e as a c i d . Some d e r i v a t i v e s c r y s t a l l i z e as a c i d . 
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O ~ c o " 

CI CI 
CO 

N 0 2 

N 0 2 

CH 

Π N-CH2-CO-

NO 

^ ^ - N H - C O -

CH3CH20C0— 

CICH2C0— 

CH3COCH2CO-

CH3SCH2CO-

Q E C C K (CH3CH20)2PO-

Br COOH CH3CH2OCOV YCH3 

B r - 0 - C O -

gf Br CH3CH2OCO CH3 

_ CO 
f ^ V \ _ r H . _ r . n - CHrfCHAoCO-

CH3CH2CO-

CH3CH2OCOC = CH— 
N 0 2 

.COOH 

CO-

Figure 8. Examples of N - s u b s t i t u t i o n d e r i v a t i v e s used i n 
cephalosporin C p u r i f i c a t i o n . 
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10. WILDFEUER Ceph C Purification from Fermentation Broth 165 

others, and some of the d i f f i c u l t i e s can be a l l e v i a t e d by removal 
of polymeric i m p u r i t i e s by p r e c i p i t a t i o n or u l t r a f i l t r a t i o n of broth 
p r i o r to e x t r a c t i o n . 

A noteworthy v a r i a t i o n on the e x t r a c t i o n approach i s a procedure 
proposed by Glaxo c a l l e d " E x t r a c t i v e E s t e r i f i c a t i o n " (41,42). The 
scheme, shown i n Figure 9 , r e a c t s an N - d e r i v a t i z e d cephalosporin C 
wit h diphenyl-diazomethane, which combines wit h c a r b o x y l groups t o 
form diphenylmethyl e s t e r s . This r e a c t i o n i s c a r r i e d out i n a water-
dichloromethane system, w i t h the newly e s t e r i f i e d cephalosporin 
t r a n s f e r r i n g from the aqueous phase to the organic phase. What i s 
e s p e c i a l l y a t t r a c t i v e about t h i s approach i s the f a c t that d i c h l o r o -
methane i s an i d e a l solvent f o r c a r r y i n g out the cleavage of the 
α-aminoadipyl s i d e chain, and i t therefore becomes unnecessary t o 
i s o l a t e the cephalosporin C d e r i v a t i v e p r i o r to cleavage. The 
cleavage product i s the diphenylmethyl e s t e r of 7ACA, and an 
a d d i t i o n a l h y d r o l y s i s step i s needed. 

As w i t h other e x t r a c t i o n procedures, emulsion and s o l i d s 
problems need to be circumvented i f s t a r t i n g at the brot h stage. 
Reagent synthesis and costs a l s o need to be considered. 

P r e c i p i t a t i o n 

P r e c i p i t a t i o n of cephalosporin C can be accomplished by any of 
se v e r a l routes. These i n c l u d e : 

• C r y s t a l l i z a t i o n of the potassium or sodium s a l t from p u r i f i e d 
aqueous s o l u t i o n s of cephalosporin C by concen t r a t i o n and/or 
a d d i t i o n of l a r g e volumes of a m i s c i b l e solvent (13,36). 

• The z i n c s a l t ( a l s o copper, n i c k e l , l e a d , cadmium, c o b a l t , i r o n 
and manganese) of cephalosporin C can be c r y s t a l l i z e d from 
p u r i f i e d aqueous s o l u t i o n s — s o m e solvent i s r e q u i r e d (43). 

• I n s o l u b l e d e r i v a t i v e s such as the N-2,4,dichlorobenzoyl 
cephalosporin C and tetrabromocarboxybenzoyl cephalosporin C 
are c r y s t a l l i z e d as the a c i d from aqueous s o l u t i o n s (18,19,23). 

• Organic base s a l t s of d e r i v a t i v e s ( q u i n o l i n e (32,34,37,44) 
dicyclohexylamine (45), dimethylbenzylamine (29) , t r i e t h y l e n e -
diamine (19)) can be p r e c i p i t a t e d from solvent e x t r a c t s or 
p u r i f i e d aqueous s o l u t i o n s . 

• Sodium-2-ethyl hexanoate w i l l p r e c i p i t a t e the sodium s a l t of 
N-d e r i v a t i z e d cephalosporin C from so l v e n t s (29,30). 
Most of these p r e c i p i t a t i o n methods w i l l not work e f f e c t i v e l y 

on b r o t h , and hence cannot be used as an i n i t i a l i s o l a t i o n step. 

Drydown or Azeotropic D i s t i l l a t i o n 

Although of i t s e l f broth drydown i s not a very s i g n i f i c a n t p u r i f i c a 
t i o n s t e p , i t can o f f e r c e r t a i n advantages. As the example i n 
Figure 10 shows, the dry product can be r e s l u r r i e d i n another solvent 
( i n t h i s case a c e t i c a c i d ) , the cephalosporin C d e r i v a t i z e d (with 
a c e t i c anhydride) and f i n a l l y i s o l a t e d as the z i n c s a l t of N-ac e t y l 
cephalosporin C (46). 

In a r e l a t e d method, a l s o shown i n Figure 10, water can be 
removed v i a an azeotrope w i t h another s o l v e n t . In the example used, 
broth d e r i v a t i z e d w i t h c h l o r o a c e t y l c h l o r i d e i s added to cyclohexa-
none; a f t e r vacuum d i s t i l l a t i o n of the water the cyclohexanone con
t a i n s i n s o l u b l e s o l i d s as w e l l as d i s s o l v e d N - c h l o r a c e t y l cephalos-
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Figure 9. E x t r a c t i v e e s t e r i f i c a t i o n of cephalosporin C. 
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168 PURIFICATION OF FERMENTATION PRODUCTS 

p o r i n C. Fol l o w i n g f i l t r a t i o n of the s o l i d s , the q u i n o l i n e s a l t 
of the d e r i v a t i z e d cephalosporin C i s p r e c i p i t a t e d (47). 

Both of these methods r e q u i r e minimal waste treatment f a c i l i t i e s ; 
however, evaporation requirements are s u b s t a n t i a l and i n i t i a l l y , as 
mentioned p r e v i o u s l y , these are concentration steps only. In a d d i t i o n , 
cephalosporin C degradation can occur during the evaporation or 
d i s t i l l a t i o n steps. One major process advantage i s that emulsion 
problems are avoided s i n c e there i s no solvent p a r t i t i o n i n g i n v o l v e d . 

Acetoxy Displacement 

As discussed e a r l i e r , cephalosporin C i s an intermediate f o r other 
cephalosporin a n t i b i o t i c s . Although some of these r e t a i n the C f-3 
acetoxy group, f o r others the acetoxy i s d i s p l a c e d by a t h i o l or 
p y r i d i n i u m compound. Where t h i s displacement i s g e n e r a l l y c a r r i e d 
out at the 7ACA stage or beyond, i t can be run e a r l i e r . As an 
example, Figure 11 i l l u s t r a t e s the r e a c t i o n of l - m e t h y l t e t r a z o l e - 5 -
t h i o l , used i n cefamandole s y n t h e s i s , w i t h cephalosporin C. 

Acetoxy displacement i n b r o t h p r i o r to i s o l a t i o n of cephalos
p o r i n C (6,21,31,37,48-50) i s compared s c h e m a t i c a l l y i n Figure 12 
w i t h the more u s u a l approach to cephalosporin C p u r i f i c a t i o n . 
D e r i v a t i z a t i o n at C-3 can be used i n conjunction w i t h other methods 
such as non-ionic r e s i n a dsorption or N - d e r i v a t i z e d e x t r a c t i o n . 
However, no advantage i n terms of reduced s o l u b i l i t y or enhanced 
e x t r a c t a b i l i t y i s i n d i c a t e d f o r these d e r i v a t i v e s . This a l t e r n a t i v e , 
however, does e f f e c t i v e l y e l i m i n a t e one step i n the chain and could 
r e s u l t i n an o v e r a l l y i e l d b e n e f i t . 

Displacement of the C f-3 acetoxy, u n l i k e N - d e r i v a t i z a t i o n , i s 
f a i r l y s p e c i f i c and would not r e q u i r e a l a r g e excess of reagent. 
However, i t does l i m i t f l e x i b i l i t y and, i f more than one d e r i v a t i v e 
i s r e q u i r e d , a l t e r n a t e i s o l a t i o n schemes may be needed. A l s o , the 
r e a c t i o n i s somewhat slow and i s c a r r i e d out at r e l a t i v e l y high 
temperatures. 

Enzymatic or M i c r o b i a l Conversions 

An i n n o v a t i v e approach to cephalosporin C and 7ACA recovery i n v o l v e s 
the enzymatic conversion of cephalosporin C to solvent e x t r a c t a b l e 
intermediates and u l t i m a t e l y t o 7ACA. The f i r s t step i n v o l v e s micro
b i a l deamination or chemical transamination t o the α-ketoadipyl or, 
a f t e r spontaneous d e c a r b o x y l a t i o n , g l u t a r y l cephalosporin C d e r i v a 
t i v e s (51-54). These d e r i v a t i v e s t h e n — u n l i k e cephalosporin C i t s e l f -
-can be e n z y m a t i c a l l y cleaved t o 7ACA (55-60). These r e a c t i o n s are 
shown i n Figure IS. 

The deamination step has been c a r r i e d out i n b r o t h , followed 
by e x t r a c t i o n of the deaminated d e r i v a t i v e s (51). Immobilized 
enzyme systems have been used f o r the 7ACA step (55). 

U t i l i z a t i o n of Desacetyl Cephalosporin C 

No d i s c u s s i o n of cephalosporin C i s o l a t i o n would be complete without 
some comment on d e s a c e t y l cephalosporin C. This compound, always 
present i n s i g n i f i c a n t q u a n t i t y i n b r o t h , besides being a n e u t r a l 
and high pH degradation product of cephalosporin C (2,61), i s a l s o 
produced e n z y m a t i c a l l y by endogenous or contaminant esterases. 
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Ο 
Il c 

(R) N H - C H - ( C H 2 ) 3 - C - N H - r — { ^ 0 

COOH 0 ^ " Ν χ Γ C H 2 O C - C H 3 

COOH 

N-N 
H S ^ N ' N "Tetrazole' 

ι 
C H 3 

Ο 
(R) N H - C H - t C H g J s - C - N H - p Y ' 8 ^ 

COOH N^ N 

C H 3 

Cefamandole "Precursor" 

Figure 11. Example of displacement at C-3 p r i o r to i s o l a t i o n 
cephalosporin C. 

Broth 
(Ceph—Ο Ac) 

, I I . 
R'S 'SH 

C e p h - O A c Ceph-SR' 

I 
7 AC A—Ο Ac 7ACA-SR ' 

R'SH 

7ACA-SR ' Final Ceph 

Final Ceph 

Figure 12. Displacement at C-3 p r i o r to i s o l a t i o n of cephalo
sp o r i n C. 
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170 PURIFICATION OF FERMENTATION PRODUCTS 

Figure 14 d e p i c t s the f i n a l step i n cephalosporin C synthesis as 
being the enzymatic a c e t y l a t i o n of d e s a c e t y l cephalosporin C with 
acetylcoenzyme A. This step, however, only occurs i n t r a c e l l u l a r l y , 
and exogenous de s a c e t y l cephalosporin C i s not reabsorbed (62,63). 

Chemical a c e t y l a t i o n of the 3-hydroxymethyl to reform cephalos
p o r i n C i s complicated by the competing l a c t o n i z a t i o n r e a c t i o n . This 
problem i s avoided by r e a c t i n g a d e s a c e t y l cephalosporin C d e r i v a t i v e 
s a l t w i t h a c e t i c anhydride i n a non-aqueous system. In the example 
shown i n Figure 15, the t r i e t h y l a m i n e s a l t of N-phthaloyl d e s a c e t y l 
cephalosporin C i s converted to N-phthaloyl cephalosporin C i n 
dimethylformamide. I f the acetoxy group i s t o be subsequently d i s 
placed, other a c i d anhydrides can be used to prepare other C-3 
est e r s (64). A v a r i a t i o n of t h i s approach, a l s o shown i n Figure 15, 
i s t o react the d e s a c e t y l d e r i v a t i v e w i t h diketene, which y i e l d s 
the acetoacetate e s t e r (65). 

The e x t r a c t i v e e s t e r i f i c a t i o n method mentioned e a r l i e r allows 
the d e s a c e t y l cephalosporin C d e r i v a t i v e to be r e a c y l a t e d without 
lactone formation s i n c e the C-4 carboxyl e s t e r does not r e a d i l y p a r t i 
c i p a t e i n the l a c t o n i z a t i o n r e a c t i o n . For the same reason, i t i s 
p o s s i b l e to form a 3-halomethyl d e r i v a t i v e of cephalosporin C from 
d e s a c e t y l cephalosporin e s t e r , w i t h the r e s u l t i n g h a l i d e r e a d i l y 
d i s p l a c e d by the de s i r e d C-3 s u b s t i t u e n t . These r e a c t i o n s are shown 
i n Figure 16. (41) 

Making a Choice 

There i s , of course, no one " r i g h t " way t o process cephalosporin C 
broth. I t i s a t r i b u t e t o the p u r i f i c a t i o n chemists and engineers 
that so many in n o v a t i v e approaches have been developed f o r cephalos
p o r i n C i s o l a t i o n . A d e c i s i o n t o choose a p a r t i c u l a r route g e n e r a l l y 
i n v o l v e s weighing the f o l l o w i n g areas: 

• C a p i t a l costs 
• Processing costs 
• Throughput requirements 
• Y i e l d p o t e n t i a l 
• Product q u a l i t y 
• T e c h n i c a l e x p e r t i s e a v a i l a b l e 
• Conformance to r e g u l a t o r y requirements 
• Waste treatment needs 
• Continuous or batch processing 
• Automation 
• Personnel s a f e t y and h e a l t h 
What on the surface appears to be an a t t r a c t i v e method may, on 

c l o s e r a n a l y s i s , t u r n out to have some ser i o u s flaws. As seemingly 
s t r a i g h t forward as many of these approaches appear, when reduced 
to p r a c t i c e i t i s not u n l i k e l y — i n f a c t even p r o b a b l e — t h a t some 
com p l i c a t i n g f a c t o r s w i l l be encountered. A c e r t a i n amount of 
commitment i s needed, and even then one i s reminded that what one 
wants to do does not always match what i s p r a c t i c a l t o do. 
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Microbe or Enzyme 
H 2 0 2 or CH 3 -CO-COOH 
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Figure 13. Enzymatic or chemical deamination of cephalosporin C 
and enzymatic conversion to 7ACA. 

Acetyl CoA 
Des 

ι "Acetyltransferase" 
CephC 

Cell Wall and Membrane 

"Esterase" CephC 

Inside Cell 

Broth 

Chem. Degradation 

Desacetyl Ceph C "Precursor" 

Figure 14. Last step i n b i o s y n t h e s i s of cephalosporin C and 
exogenous d e r i v a t i o n of desacetyl cephalosporin C. 
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1. R - N H - r - f S (CH 3 CO)20 R - N H - T - f ^ 

0 ^ - N V - C H 2 O H T E A , D M F o ^ " N ^ C H 2 O C O C H 3 

C O O H C 0 0 H 

CH2 S 

/ - N V A C H 2 0 H 0 ^ N - f ^ C H 2 O C C H 2 C O C H 3 

0 ' 

CH2CI2 
C O O H 

Figure 15. Non-aqueous a c y l a t i o n of 3-hydroxymethy1 group of N-
s u b s t i t u t e d desacetyl cephalosporin C. 

Figure 16. Examples of 3-hydroxymethyl reactions of 4-carboxyl 
e s t e r i f i e d cephalosporin d e r i v a t i v e s . 
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11 
Extraction of Insulin-Related Material and Other 
Peptide Hormones from Tetrahymena pyriformis 

JOSEPH SHILOACH1, CHAIM RUBINOVITZ1, and DEREK LEROITH2 

1Biotechnology Unit, Laboratory of Cellular and Developmental Biology, National Institute 
of Arthritis, Diabetes, Digestive and Kidney Diseases, National Institutes of Health, Bethesda, 
MD 20205 

2Diabetes Branch, National Institute of Arthritis, Diabetes, Digestive and Kidney Diseases, 
National Institutes of Health, Bethesda, MD 20205 

Traditionally, peptide hormones were thought to 
be synthesized and released only by vertebrate 
glandular tissues. More recently however, studies 
have demonstrated that nerves, cancers and other 
vertebrate tissues can produce hormonal peptides 
(1-3)· In addition invertebrate tissues have been 
shown to contain many of these peptides. We have 
recently described the presence of hormone-like 
peptides in unicellular eukaryotes as well as in 
bacteria (4-8). 

The amount of these recoverable materials from the 
microorganisms is very small, when compared to the 
production of enzymes or secondary metabolites such as 
antibiotics. Thus, to convincingly demonstrate the 
presence of hormonal peptides in microorganisms the 
fermentation of large quantities of cells in defined 
medium was required as well as improved large scale 
extraction and purification procedures. In addition, 
we utilized very sensitive and specific radioimmuno
assays and bioassays for detecting the low concen
tration of these materials. 

This paper describes the various procedures developed 
and adapted for the extraction and identification of 
these hormonal peptides in Tetrahymena pyriformis. 

METHODS 

Growth and Harvesting of Organisms 

Tetrahymena pyriformis (ATCC #30039) was grown in large volume 100 
to 300 liters) fermentors in defined medium ( 9). The ambient 
temperature was kept constant at 27°C and agitation was maintained 
at 50 rpm with an aertion rate of 0.3 v/v/min. Growth was 
monitored by measuring the optical density of timed samples at 650 
nm. The glucose concentration of these samples was determined by 
the glucose oxidase method (10). Dissolved oxygen concentration 

This chapter not subject to U.S. copyright. 
Published 1985, American Chemical Society 
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was measured wit h a polarographic electrode (Instrumentation Lab) 
i n s t a l l e d i n the fermentor. The fermentation was stopped at the 
end of the l o g a r i t h m i c growth phase. 

The c e l l s were concentrated by passing through a M i l l i p o r e 
c assette using t a n g e n t i a l f i l t r a t i o n flow system which u t i l i z e d 15 
square f e e t of 0.^5 μ membranes. The c i r c u l a t i o n r a t e was 
maintained at 6 l i t e r s per minute with an input pressure of 8 p s i 
and an output pressure of 6 p s i . 

I n s u l i n - R e l a t e d M a t e r i a l 

The c l a s s i c acid-ethanol e x t r a c t i o n procedure which i s used f o r 
e x t r a c t i n g i n s u l i n from the pancreas of vertebrates ( 1 J . ) , was used 
to e x t r a c t the i n s u l i n - r e l a t e d m a t e r i a l from Tetrahymena p y r i f o r m i s . 
The concentrated c e l l suspension was homogenized i n 5 -10 volumes 
of i c e c o l d a c i d ethanol (0.2 N HC1/75? e t h a n o l ) , using a Waring 
blender. Following overnight mixing of the suspension at 4°C, the 
supernatant was separated from the p r e c i p i t a t e by c e n t r i f u g a t i o n . 
The ethanol c o n s t i t u e n t i n the supernatant was evaporated. The 
s o l u t i o n was then d i l u t e d with 5 volumes of a c e t i c a c i d (1N) and 
pumped onto Sep-Pak C<|3 ( o c t a d e c a s i l y l - s i l i c a ) c a r t r i d g e s (Waters 
Assoc.). M a t e r i a l e x t r a c t e d from 10 g of c e l l s was a p p l i e d to 
each 1 ml Sep-Pak c a r t r i d g e . The C-j3 absorbed m a t e r i a l was e l u t e d 
w i t h a discontinuous ethanol gradient i n 0 .01 Ν h y d r o c h l o r i c a c i d . 
Those f r a c t i o n s c o n t a i n i n g the i n s u l i n - l i k e m a t e r i a l were f i l t e r e d 
on Sephadex G-25 disposable columns (Pharmacia PD -10) to remove 
the ethanol; the columns were el u t e d using 0.1 Ν a c e t i c a c i d . The 
eluates were then l y o p h i l i z e d , pooled and g e l f i l t e r e d on a 
Sephadex G-50 Column e q u i l i b r a t e d with 0.05M (NHi | ) 2 C 0 3 . Each 
f r a c t i o n was l y o p h i l i z e d , r e c o n s t i t u t e d with water and a l i q u o t s 
assayed f o r immunoreactive i n s u l i n (J_2 ). F r a c t i o n s c o n t a i n i n g 
i n s u l i n - l i k e immunoactivity were f u r t h e r p u r i f i e d by a combination 
of ion exchange chromatography and high performance l i q u i d chroma
tography (HPLC). Those f r a c t i o n s with i n s u l i n - l i k e immuno
a c t i v i t y were pooled and t e s t e d f o r b i o l o g i c a l a c t i v i t y (13). 

S o m a t o s t a t i n - l i k e M a t e r i a l 

Acid ethanol, 10 v o l , (0.2 N HC1/75Ï ethanol) was used to e x t r a c t 
the s o m a t o s t a t i n - l i k e m a t e r i a l from the homogenized c e l l s . The 
suspension was mixed overnight at 4 °C followed by c e n t r i f u g a t i o n . 
The ethanol was evaporated and the remaining supernatant was 
n e u t r a l i z e d w i t h NHijOH and b o i l e d . The mixture was c e n t r i f u g e d 
and the supernatant was a p p l i e d to a Sep-Pak C-jg disposable 
c a r t r i d g e (8) e q u i l i b r a t e d i n 0 . 1 $ TFA. The a c e t o n i t r i l e / T F A was 
removed by l y o p h i l i z a t i o n and each f r a c t i o n was assayed f o r 
s o m a t o s t a t i n - l i k e immunoactivity. The f r a c t i o n s w i t h somatostatin 
a c t i v i t y were pooled, and p u r i f i e d on HPLC and t e s t e d i n a 
bioassay (1*0. 

ACTH-LIKE MATERIAL 

The concentrated c e l l suspension was e x t r a c t e d i n 10 volumes of 
0.1M HC1/0.22M formic a c i d . The homogenate was d e f a t t e d using 
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e t h y l acetate/ether concentrated by l y o p h i l i z a t i o n and c e n t r i -
fuged. The supernatant was then a p p l i e d to Sep-Pak C13 columns 
and the ACTH-related m a t e r i a l absorbed to the C-| 3 m a t e r i a l was 
elu t e d w i t h 60Î ac e t o n i t r i l e / 0 . 0 1 M t r i f l u o r o a c e t i c a c i d . The 
eluates were evaporated under reduced pressure, r e c o n s t i t u t e d i n 
0.1M HC1/0.22M formic a c i d and gel f i l t e r e d on a Sephadex G-50 
column. Each eluate f r a c t i o n was assayed f o r ACTH-like 
immunoactivity (1_5_) and b i o a c t i v i t y (J_6). 

R e l a x i n - L i k e M a t e r i a l 

Five volumes of 1M HC1 were used to e x t r a c t the r e l a x i n - l i k e 
m a t e r i a l from the homogenized c e l l s . The suspension was l y o 
p h i l i z e d and acetone added to a f i n a l c oncentration of 70J. The 
p e l l e t formed f o l l o w i n g c e n t r i f u g a t i o n was discarded and the 
acetone concentration i n the supernatant was increased to 95% and 
ce n t r i f u g e d again. The p e l l e t that formed was then r e c o n s t i t u t e d 
i n water, d i a l y z e d against 0.05M ammonium acetate b u f f e r (pH 5.5) 
and p u r i f i e d on a CM 52 c e l l u l o s e column (J). The r e l a x i n - l i k e 
m a t e r i a l was el u t e d from the column with 0.05M ammonium acetate 
c o n t a i n i n g 0.2 M NaCl. This was followed by f u r t h e r p u r i f i c a t i o n 
on a Sephadex G-50 column i n 6M guanidinum c h l o r i d e f o l l o w e d by 
HPLC. 

Radioimmunoassays 

I n s u l i n - , somatostatin-, ACTH-, and r e l a x i n - r e l a t e d m a t e r i a l s were 
detected i n the p a r t i a l l y p u r i f i e d e x t r a c t s using s p e c i f i c double 
antibody radioimmunoassays (12,8,16,7). 

Bioassays 

In a d d i t i o n to s p e c i f i c radioimmunoassays, bioassays were used to 
measure the hormone-like molecules i n the p a r t i a l l y p u r i f i e d 
e x t r a c t s (13,14,16). S p e c i f i c i t y of the bioassay was te s t e d by 
examining the b i o l o g i c a l a c t i v i t y of the m a t e r i a l s i n the absence 
and presence of a s p e c i f i c antibody (4,5,8). 

RESULTS 

Tetrahymena Growth 

The doubling time of the Tetrahymena during exponential growth was 
i n the range of 3-4 hours (Figure 1), when incubated at 27°C and 
aerated at a r a t e of 0.3 v/v/min. At the end of the l o g a r i t h m i c 
growth phase the glucose concentration decreased to below 0.2 g 
per l i t e r , and the percent s a t u r a t i o n of d i s s o l v e d oxygen ap
proached zero. 

The t a n g e n t i a l f i l t r a t i o n flow system concentrated the c e l l 
suspension greater than 20 f o l d using 15 square f e e t of the 0.45 μ 
membrane. The f i l t r a t e flow r a t e was 1 l i t e r per minute and the 
c i r c u l a t i o n r a t e was 6 1/min. I n i t i a l c o ncentration of the c e l l 
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HOURS 

Figure 1. Large-scale fermentation of Tetrahymena p y r i f o r m i s . 
The fermentor was inoculated w i t h 10 l i t e r s of 48 hours T e t r a 
hymena c u l t u r e . During growth, both oxygen and glucose concen
t r a t i o n s f e l l . Key: Α-A, c e l l s / m l 2 χ 10 4; » — • , c e l l s gr/100 ml; 
·—#, c e l l s OD65Q πιμ; glucose gr/100 ml; Δ--Δ, d i s s o l v e d 
oxygen % s a t u r a t i o n . 
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suspension was 2.9 χ 1θ5 c e l l s per ml and the f i n a l c oncentration 
was 6.4 χ 10^ c e l l s per ml (Figure 2 ) . 

I n s u l i n - r e l a t e d M a t e r i a l 

Following the e x t r a c t i o n of the c e l l s i n a c i d - e t h a n o l , the 
mat e r i a l was a p p l i e d to Sep-Pak C-jg c a r t r i d g e s and e l u t e d by a 
discontinuous a c i d ethanol gradient. The i n s u l i n - r e l a t e d m a t e r i a l 
was e l u t e d i n the 60? and 70? ethanol eluates (Figure 3). 

Those f r a c t i o n s c o n t a i n i n g i n s u l i n - l i k e m a t e r i a l were pooled 
and the ethanol was removed by gel f i l t r a t i o n on Sephadex G-25 
disposable columns (Pharmacia PD-10) (17). The eluates were pooled 
and l y o p h i l i z e d . The m a t e r i a l was then g e l f i l t e r e d on a Sephadex 
G-50 ( f i n e ) column and a peak of i n s u l i n - l i k e immunoactivity was 
recovered i n the region where mammalian i n s u l i n s migrate on 
Sephadex G-50 (Figure 4). 

Those f r a c t i o n s c o n t a i n i n g the immunoactive i n s u l i n were 
pooled, l y o p h i l i z e d and t e s t e d f o r i n s u l i n b i o a c t i v i t y i n a 
bioassay which measures the i n c o r p o r a t i o n of 3n-glucose i n t o 
toluene s o l u b l e l i p i d s using adipocytes from male r a t s . (13)» The 
amount of i n s u l i n b i o a c t i v i t y recovered from the e x t r a c t was 
s i m i l a r to the amount of immunoactivity obtained i n the i n s u l i n 
radioimmunoassay. In a d d i t i o n the b i o a c t i v i t y was almost com
p l e t e l y removed i n the presence of an excess of a n t i - i n s u l i n 
antibody as w e l l as by an antibody which blocks the i n s u l i n 
receptor (data not shown) (Figure 5) ( 4_). 

I n s u l i n S p e c i f i c i t y Studies 

Since the concentration of the hormonal peptide was r e l a t i v e l y 
small compared to the p r o t e i n concentration i n the e x t r a c t , i t was 
important to exclude the p o s s i b i l i t y that the r e s u l t s obtained i n 
the radioimmunoassay and bioassay were due to n o n - s p e c i f i c 
i n t e r f e r i n g substances. Therefore, a number of c o n t r o l e x p e r i 
ments were performed (Table I ) . These experiments had demon
s t r a t e d that f o l l o w i n g 72 hours the 1 2 5 i - i n s u l i n t r a c e r was not 
destroyed by incub a t i o n w i t h the p a r t i a l l y p u r i f i e d e x t r a c t under 
the assay c o n d i t i o n s described; f u r t h e r , the p a r t i a l l y p u r i f i e d 
e x t r a c t d i d not i n t e r f e r e w i t h the i n t e r a c t i o n s between t r a c e r and 
the f i r s t ( a n t i - i n s u l i n ) antibody or with the i n t e r a c t i o n of f i r s t 
and second antibody. The n e u t r a l i z a t i o n of the i n s u l n - l i k e 
b i o l o g i c a l a c t i v i t y i n the presence of the a n t i - i n s u l i n antibody 
as w e l l as the a n t i - i n s u l i n - r e c e p t o r antibody s t r o n g l y suggested 
that the b i o l o g i c a l a c t i v i t y was a c t i n g v i a the i n s u l i n receptor 
on the c e l l surface of the r a t adipocytes. Furthermore, i t 
suggested that the i n s u l i n - l i k e b i o a c t i v i t y was produced by 
ma t e r i a l very c l o s e l y resembling t y p i c a l mammalian i n s u l i n s ( 4_). 

S o m a t o s t a t i n - l i k e M a t e r i a l 

Following the p a r t i a l p u r i f i c a t i o n of the acid-ethanol e x t r a c t on 
Sep-Pak C-|g c a r t r i d g e s , the eluate f r a c t i o n s c o n t a i n i n g somato
s t a t i n immunoactivity were pooled, l y o p h i l i z e d and f u r t h e r 
p u r i f i e d on HPLC (Figure 6). The s o m a t o s t a t i n - l i k e m a t e r i a l from 
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Figure 2. Tetrahymena concentration by t a n g e n t i a l flow f i l t r a 
t i o n . Batch s i z e : 100 1. Area: 15 f t 2 (1.39 m 2). C i r c u l a t i o n 
r a t e : 6.0 1/min. P i n / P o u t : 8/6. F i n a l volume: 4.5 1. Concen
t r a t i o n f a c t o r : 22. Flux: 0.79 1/m2 min. Recovery: i n i t i a l 
c e l l s no. 2.9 χ 1 0 1 0 ; f i n a l c e l l s no. 2.88 χ 1 0 1 0 . 
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Figure 4. Sephadex G-50 f i l t r a t i o n of Tetrahymena p y r i f o r m i s 
e x t r a c t . Results are p l o t t e d as i n s u l i n immunoactivity i n each 
f r a c t i o n using a porcine i n s u l i n radioimmunoassay. The h o r i z o n t a l 
l i n e represents those f r a c t i o n s tested and the lower l e v e l of 
s e n s i t i v i t y of the assay. The l e f t arrow (Vo) represents the 
vo i d volume, the r i g h t arrow (Vt) represents the s a l t e l u t i o n 
p o s i t i o n , and the middle arrow represents the region where 125χ_ 
i n s u l i n and p u r i f i e d porcine i n s u l i n e l u t e s on the same column. 
(Reproduced from Ref. 4.) 
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SHILOACH ET AL. Extraction of insulin-Related Material 

5 

o I I I I I I I I » I 1 
0.1 0.2 0.3 0.5 1.0 2.0 

INSULIN (ng-equivalents/ml) 

Figure 5. I n s u l i n - r e l a t e d b i o a c t i v i t y of the e x t r a c t of Te t r a 
hymena p y r i f o r m i s . Key: ·, pork i n s u l i n standard; Δ , T e t r a 
hymena e x t r a c t ; Tetrahymena with a n t i - i n s u l i n antibody added 
(Reproduced from Ref. 4. ) 
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S O M A T O S T A T I N 

Hydrochloric acid-ethanol 

Sep-Pak C 1 8 reverse phase 

HPLC 

RIA Bioassay 

RETENTION TIME, MIN. SOMATOSTATIN (M equivalents) 

Figure 6. Somatostatin-like m a t e r i a l i n Tetrahymena p y r i f o r m i s « 
Key ( r i g h t panel): •, sy n t h e t i c somatostatin; O, Tetrahymena 
e x t r a c t (HPLC p u r i f i e d ) ; • and ·, an t i - s o m a t o s t a t i n antibody 
added. (Reproduced from Ref. 8.) 
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186 PURIFICATION OF FERMENTATION PRODUCTS 

the p a r t i a l l y p u r i f i e d Tetrahymena e x t r a c t eluted w i t h a r e t e n t i o n 
time very s i m i l a r to that of s y n t h e t i c somatostatin run under the 
i d e n t i c a l c o n d i t i o n s . Following HPLC, the s o m a t o s t a t i n - l i k e 
m a t e r i a l was t e s t e d f o r b i o l o g i c a l a c t i v i t y i n a bioasssay which 
measures the suppression of growth hormone (GH) r e l e a s e from 
i s o l a t e d r a t p i t u i t a r y c e l l s . Tetrahymena s o m a t o s t a t i n - l i k e 
m a t e r i a l i n h i b i t e d GH r e l e a s e and the b i o a c t i v i t y was equivalent 
to the amount of immunoactivity. In a d d i t i o n the b i o a c t i v i t y was 
n e u t r a l i z e d i n the presence of a n t i - s o m a t o s t a t i n antiserum (Figure 
6). 

ACTH-like M a t e r i a l 

Sephadex G-50 g e l f i l t r a t i o n revealed m u l t i p l e p a r t i a l l y r e s o l v e d 
peaks of immunoactive ACTH (Figure 7). The most prominent peak of 
ACTH immunoacativity e l u t e d i n the region where hACTH Π - 3 9 ) 
standard e l u t e s under s i m i l a r c o n d i t i o n s . The f r a c t i o n s c o n t a i n 
ing t h i s peak of ACTH immunoactivity were pooled, p u r i f i e d on SDS 
polyacrylamide g e l e l e c t r o p h o r e s i s (data not shown) and f u r t h e r 
t e s t e d i n a bioassay measuring c o r t i c o s t e r o n e r e l e a s e from 
i s o l a t e d adrenal c e l l s from r a t s (Figure 7). The b i o l o g i c a l 
a c t i v i t y produced by the p a r t i a l l y p u r i f i e d Tetrahymena e x t r a c t 
demonstrated an increase p a r a l l e l to that given by the hACTH 
standard. Furthermore, the b i o l o g i c a l a c t i v i t y was n e u t r a l i z e d by 
anti-ACTH antiserum (Figure 7). 

Relaxin-Related M a t e r i a l 

Following the p u r i f i c a t i o n of the Tetrahymena e x t r a c t on CM-
c e l l u l o s e chromatography and Sephadex G-50 g e l f i l t r a t i o n (J), the 
r e l a x i n - l i k e m a t e r i a l was f u r t h e r p u r i f i e d on HPLC (Figure 8 ) . The 
r e l a x i n immunoactivity e l u t e d 2 - 3 minutes e a r l i e r than p u r i f i e d 
porcine r e l a x i n . The HPLC p u r i f i e d r e l a x i n - l i k e m a t e r i a l was 
t e s t e d f o r the presence of d i s u l f i d e l i n k a g e s i n the molecule by 
r e d u c t i o n and a l k y l a t i o n . The p u r i f i e d e x t r a c t was reduced under 
nitro g e n with an excess of d i t h i o t h r e i t o l f o r 1 hour, followed by 
the a d d i t i o n of a 10 f o l d excess of i o d o a c e t i c a c i d . A p a r a l l e l 
experiment was performed using p u r i f i e d porcine r e l a x i n and 
samples were t e s t e d f o r immunoactivity before and a f t e r r e d u c t i o n 
and a l k y l a t i o n . Reduction and a l k y l a t i o n caused a marked decrease 
i n both Tetrahymena and porcine r e l a x i n immunoactivities (Figure 
8 ) . These r e s u l t s s t r o n g l y suggest that Tetrahymena r e l a x i n - l i k e 
m a t e r i a l contains d i s u l f i d e bridges. 

Table I I . M a t e r i a l s Resembling Vertebrate Hormonal Peptides 
Extracted and P u r i f i e d from T. P y r i f o r m i s 

Hormonal Peptide Immunoactivity 
(pg equivalents per g wet weight c e l l s ) 

I n s u l i n 20-40 
Somatostatin 10-20 
ACTH 500 
R e l a x i n 2,200 
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ACTH & /3-ENDORPHIN 

Hydrochloric — formic Acid 

I 
Sep-Pak C 1 8 reverse phase 

I 
Sephadex G50 fine 

-̂Endorphin 

HPLC SDS- PAGE 

RIA Bioassay RIA RRA RIA 

100 125 
FRACTION NUMBER 

Figure 7. ACTH-like m a t e r i a l i n Tetrahymena p y r i f o r m i s . Key 
(bottom panel): •, the e x t r a c t ; x, sy n t h e t i c human ACTH (1-39) 
standard; O, anti-ACTH antiserum; #, Sepharose-protein A 
immunodepletion. (Reproduced from Ref. 5). 
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188 PURIFICATION OF FERMENTATION PRODUCTS 

0.1 1.0 10 100 μα/ml Tetrahymena Extract 

Figure 8. Physico-chemical c h a r a c t e r i s t i c s of r e l a x i n - l i k e 
m a t e r i a l i n Tetrahymena p y r i f o r m i s . Key: · and O, Tetrahymena 
r e l a x i n ; A and Δ, porcine r e l a x i n . (Reproduced from Ref. 7.) 
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11. SHILOACH ET AL. Extraction of Insulin-Related Material 189 

DISCUSSION 

We have p r e v i o u s l y demonstrated the presence of peptides resem
b l i n g i n s u l i n , somatostatin, ACTH, and r e l a x i n i n Tetrahymena, 
u n i c e l l u l a r f u n g i and prokaryotes (18,19). This paper describes 
some of these f i n d i n g s and emphasizes the important b i o t e c h n i c a l 
techniques used i n these s t u d i e s . 

Since the concentration of the hormonal peptides i n u n i c e l l 
u l a r oganisms i s low (pg per gr c e l l s ) i t was necessary to 
grow up l a r g e amounts of c e l l s . Thus, 100-300 l i t e r fermentors 
were u t i l i z e d f o r growing Tetrahymena p y r i f o r m i s i n defined 
medium. This r e q u i r e d c a r e f u l c o n t r o l of fermentation c o n d i t i o n s 
paying p a r t i c u l a r a t t e n t i o n to a e r a t i o n , oxygenation, pH and 
glucose concentration. A f t e r the l o g a r i t h m i c growth phase the 
growth of Tetrahymena slowed with a decrease of the glucose 
concentration i n the media; t h i s represents a growth p r o f i l e 
t y p i c a l of microorganisms. At t h i s point the d i s s o l v e d oxygen 
concentration was approaching zero i n d i c a t i n g that at t h i s r a t e of 
oxygen supply the c e l l s had depleted most of the d i s s o l v e d oxygen. 
Due to the f r a g i l i t y of the c e l l s at t h i s phase of the growth 
c y c l e , we d i d not increase the a i r supply or the a g i t a t i o n of the 
c e l l s and medium. I t was important to keep the c e l l s i n t a c t 
s i nce t h e i r d i s r u p t i o n would r e l e a s e the small q u a n t i t i e s of 
hormonal-like m a t e r i a l i n t o a l a r g e volume making concentation and 
e x t r a c t i o n a formidable task. 

Harvesting of the c e l l s at the end of the l o g a r i t h m i c growth 
phase was found to be p a r t i c u l a r l y d i f f i c u l t . Due to the f r a g i l 
i t y of the c e l l s , continuous c e n t r i f u g a t i o n systems proved to be 
inadequate. Therefore, t a n g e n t i a l f i l t r a t i o n f low was used. 
Despite the high flow r a t e through the cassette system, a 20 f o l d 
concentation of c e l l s was a t t a i n e d w i t h minimum d i s r u p t i o n . 
Furthermore, the M i l l i p o r e c assette system was capable of concen
t r a t i n g the l a r g e volumes at a constant r a t e of 50 l i t e r s per 
hour. This r a p i d concentration r a t e a l s o enabled the h a r v e s t i n g to 
be completed q u i c k l y thus minimizing the enzymatic degradation of 
the hormone-like peptides. 

Small polypeptides and p r o t e i n s are g e n e r a l l y s o l u b l e i n a c i d 
s o l u t i o n s . Thus c o l d a c i d s have been used to e x t r a c t i n s u l i n , 
somatoststin, ACTH and r e l a x i n from vertebrate t i s s u e s . We used 
s i m i l a r s o l u t i o n s to e x t r a c t these peptides from Tetrahymena 
p y r i f o r m i s c e l l s . U n f o r t u n a t e l y , l o s s e s of the peptides i n 
u t i l i z i n g these e x t r a c t i o n procedures as w e l l as the p u r i f i c a t i o n 
methods occurred. By using t r a c e r l a b e l l e d peptides and p u r i f i e d 
mammalian peptides we have p r e v i o u s l y estimated our r e c o v e r i e s 
during the e x t r a c t i o n s and p u r i f i c a t i o n to be about 10-30% (17). 
The p u r i f i c a t i o n methods u t i l i z e d i n these s t u d i e s were adapted 
from p r e v i o u s l y described techniques f o r p u r i f y i n g v ertebrate 
hormones from glandular t i s s u e s . We are at present studying other 
methods to improve our r e c o v e r i e s . 

Despite the extremely low concentration of the hormone-like 
peptides i n the microorganisms, we were able to detect them by 
very s e n s i t i v e radioimmunoassays and bioassays which had p r e v i -
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ously been developed f o r very low c i r c u l a t i n g l e v e l s of these 
hormones. Thus we could detect pg l e v e l s of these hormones. One 
problem which was r i g o r o u s l y t e s t e d was the question of non
s p e c i f i c i n t e r a c t i o n i n the radioimmunoassays and bioassays (see 
R e s u l t s , Table I ) . Having excluded the p o s s i b i l i t y of non-
s p e c i f i c i t y we addressed the question of whether the hormone-like 
a c t i v i t i e s found i n Tetrahymena were due to exogenous contamina
t i o n of the e x t r a c t or were indeed n a t i v e to the organisms. 

Numerous experiments were performed to exclude p o s s i b l e 
contamination of the e x t r a c t s from exogenous sources, these 
included; 
1 . Unconditioned medium was processed i n the fermentor, 

e x t r a c t e d and p u r i f i e d i n an i d e n t i c a l manner to that used 
f o r the c e l l s and was found to be devoid of any hormonal 
immunoactivity. 

2 . Tetrahymena c e l l s were grown i n a separate l a b o r a t o r y 
under i d e n t i c a l c o n d i t i o n s and were shown to contain 
s i m i l a r amounts of i n s u l i n immunoactivity ( 1 7 ) . 

3 . Time course experiments demonstrated a time dependent 
increase i n i n s u l i n - l i k e m a t e r i a l e x t r a c t e d from both 
c e l l s and medium (J_7). 

4 . S u b c e l l u l a r d i s t r i b u t i o n of endogenous T. p y r i f o r m i s i n s u l i n 
l i k e m a t e r i a l d i f f e r e d from the s u b c e l l u l a r d i s t r i b u t i o n of 
1 2 5 i 

- i n s u l i n and p u r i f i e d porcine i n s u l i n which had been 
added to Tetrahymena c e l l s p r i o r to s u b c e l l u l a r f r a c t i o n a t i o n 
(17). 

5 . When endogenous i n s u l i n - l i k e m a t e r i a l was destroyed by a c i d -
h y d r o l y s i s a f t e r homogenization of the c e l l s no i n s u l i n was 

detected f o l l o w i n g the p u r i f i c a t i o n of the e x t r a c t e d c e l l s 
( 1 7 ) . 
The presence of t y p i c a l vertebrate hormonal peptides i n 

u n i c e l l u l a r eukaryotes and prokaryotes, suggest th a t the 
endocrine and nervous systems of m u l t i c e l l u l a r organisms have 
ev o l u t i o n a r y o r i g i n s much e a r l i e r than p r e v i o u s l y thought. 

F i n a l l y , we have demonstrated the presence of these hormonal 
peptides i n microorganisms by t h e i r a c t i v i t y i n various assays. 
In the f u t u r e we would l i k e to get more d i r e c t evidence by 
ob t a i n i n g enough m a t e r i a l f o r d i r e c t a n a l y s i s and to t r y and 
i d e n t i f y the DNA region r e s p o n s i b l e f o r the i n s u l i n expression. 
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Breakthrough curve 
controlled-pore glass affinity 

column, 118,119f 
controlled-pore glass monoclonal 

antibody column, 120,121f 
irreversible case, 116 
models, 114-17 
pore diffusion, 117 
Sepharose gel, 1l8,119f 
solid homogenous diffusion, 117 

Broth 
filtered, purification of largomycin 

F-II, 140,142-43 HPLC, 136f 

C 

Carbon adsorption, cephalosporin 
C, 156, 157f 

Cartridge systems, application to 
eukaryotic cell cultures, 22-24 

Cation exchange adsorption, 
cephalosporin C, 158,l60f 

Cell lysate processing—See Lysate 
processing 

Cell lysis, lysate processing, 3 
Cell paste, extraction and purifica

tion of largomycin 
F-II, 143,144,146 

Cell recycling and eukaryotic cell 
concentration, 22-29,30f 

Cephalosporin C 
acetoxy displacement, I68 , l69f 
amine substitution, 161,163f,164f 
antibiotics, I6l,l62f 
azeotropic 

distillation, I65,l67f,l68 
carbon adsorption, 156,157f 
drydown, I65,l67f,l68 
enzymatic conversion to 

7ACA, I68,171f 
extractive 

esterification, I 6 l , l 6 5 , l 6 6 f 
precipitation, 165 
purification from fermentation 

broth, 155-72 
purification techniques, 155 
structure, 156,157f 
synthesis, use of desacetyl 

cephalosporin 
C, I68,170,171f,172f 

Chemical decontamination, membrane 
ultrafiltration systems, 42,45 

Chromoprotein antitumor antibiotic, 
isolation process 
developments, 133-53 

Cleaning, effect on flux, tangential 
flow filtration, 6l,64,67f 

Column chromatography 
column design, 92,94-97 
column length control, 95-97,99,101f 
concentration considerations, 95 
technology, 92 

Column performance, comparison at 
equivalent loading, 102-3 

Column segmentation for optimum column 
utilization, 99,100f 

Column sequence control, 99,100f,101f 
Concentration profiles, constant 

pattern, 116 
Constant separation factor adsorption, 

equilibrium relation, 114 
Controlled-pore glass 

affinity column, breakthrough 
curve, 1l8,119f 

monoclonal antibody column, 
breakthrough curve, 120,121f 

Cycle half-life, immunosorbent 
chromatography, 107-8,111 

Cycle number, immunosorbent 
chromatography, 107-8,109f,110f 

Cycloheximide 
adsorption to immobilized 

beads, 125,127-30 
extracted from XAD-4 resins, 

purity, 130t 

D 

Decontamination and sterilization, 
membrane ultrafiltration 
systems, 42-46 

Desacetyl cephalosporin C, use in 
cephalosporin C 
synthesis, 168,170,171f,172f 

Drydown, cephalosporin C, 165,I67f,l68 

Ε 

E. c o l i 
fermentations, 2 
harvesting operational and perfor

mance data, 64-65t 
whole-cell concentration, flow decay 

curve, 6,8f 
E. c o l i lysate 

concentration, flow decay 
curve, 6,8f 

protein processing, flow decay 
curve, 6,9f 

wash, flow vs. time, 6,9f 
Efficiency parameter, column 

chromatography, d e f i n i t i o n , 94 

 P
ub

lic
at

io
n 

D
at

e:
 J

an
ua

ry
 8

, 1
98

5 
| d

oi
: 1

0.
10

21
/b

k-
19

85
-0

27
1.

ix
00

2

In Purification of Fermentation Products; LeRoith, D., el al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1985. 



I N D E X 195 

Electrophoresis pattern, 
polyacrylamide g e l , largomycin 
F-II, I43,l48f 

Elution solution selection, immunosor
bent chromatography, 111 

Enzymatic conversion to 7ACA, 
cephalosporin C, I68,171f 

Equilibrium r e l a t i o n , constant separa
tio n factor adsorption, 114 

External f l u i d f i l m mass transfer, 
estimation of transfer units, 116 

Extraction y i e l d vs. product purity, 
biochemical product 
recovery, 124,126f 

Extractive e s t e r i f i c a t i o n , 
cephalosporin C, I6l,l65,l66f 

F 

Fermentation 
E;_ c o l i , 2 
Tetrahymena pyriformis, 177-79 

Fermentation broth 
cephalosporin C p u r i f i c a t i o n , 155-72 
impurities, 156 

F i l t r a t e flow paths, 24,27f 
F i l t r a t i o n rate, dependence of mem

brane f l u x and IgC 
concentration, 13,16f 

Flow decay curve 
E. c o l i lysate concentration, 6,8f 
E. c o l i lysate protein 

processing, 6,9f 
E. c o l i whole-cell 

concentration, 6,8f 
Fluid velocity control, column 

chromatography, 97-98 
Flux, tangential flow 

f i l t r a t i o n , 56-64, 67f 
Fouling, d e f i n i t i o n , 58 
Fouling system, tangential flow 

f i l t r a t i o n , 58,60f 

G 

Gilvocarcins 
separation of mixture, 76,78f 
structures, 76,77f 

Glass column separations, low 
pressure, 74-76, 77-78 

Glycopeptide a n t i b i o t i c mixture, 
separation, 76,79-82,83f 

Glycopeptide complex 
anal y t i c a l separations, 76,80f 
Magnum 40 column separation, 79,8lf 
scale-up separation, 82,84f,85f 
small-scale preparative 

separation, 79,8lf 

H 

Height equivalent to a theoretical 
plate, column chromatography, 
d e f i n i t i o n , 94 

High performance l i q u i d chromatography 
assay preparation, 135-37 
broth, 136f 
Durapore processing, I43, 150f,151 
mycelium extract, 136f 
process scale, 91-103 

I 

IgC 
concentration dependence, tangential 

flow f i l t r a t i o n , 13,16f,17,18f 
d i s t r i b u t i o n i n lysate 

processing, 4,7f,10,12f 
recovery by lysate washing, 10,12f 
recovery by u l t r a f i l t r a t i o n 

membrane, 6,7f 
IgG assay, lysate processing, 4 
Immunosorbent 

capacity, 106-8,109f, 110f 
chromatography, recovery of protein 

products, 105-12 
c r i t e r i a f o r selection, 106 

Influenza virus processing, tangential 
flow f i l t r a t i o n , 66-68 

Insulin s p e c i f i c i t y , control 
experiments, 179,184t 

Insulin-related material 
extraction from Tetrahymena 

pyriformis, 176 
p u r i f i c a t i o n , 179,I8lf 

Interleukin-3 concentration curves, 
small- and large-volume f l u x 
rates, 4 0 f , 4 l f 

L 

Largomycin F-II 
assays, 135,137 
bio l o g i c a l a c t i v i t y , 133 
Durapore processing scheme, 143,149 
extraction and p u r i f i c a t i o n from 

c e l l paste, 143,144,146 
extraction from mycelium, 143,145 
i s o l a t i o n , 137-40,I4lf 
i s o l a t i o n process 

developments, 133-53 
physicochemical and biological 

properties, 134t 
polyacrylamide gel electrophoresis 

pattern, I43,l48f 
proposed structure f o r 

apoprotein, 136f 
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196 PURIFICATION OF FERMENTATION PRODUCTS 

Largomycin F-II—Continued 
purification from filtered 

broth, 140,142-43 
recovery from Streptomyces 

pluricolorescens fermentation 
broth, 29, 31, 32-35,36t 

supernatant recovery process, 151-52 
time course of production, 138f 

Linear velocity vs. packing material 
particle size, column 
chromatography, 95 

Load vs. particle size, column 
chromatography, 92,93f 

Lymphokines, recovery, 37,39-42 
Lysate processing 

cell lysis, 3 
equipment, 3, 5f 
filtration steps, 4,5f 
IgC distribution, 4,7f,10,12f 
IgG assay, 4 
lysozyme, 3 
membrane separations, 2-3 
sonification, 3 
tangential flow filtration, 1-19 

Lysate washing, IgC recovery, 10,12f 

M 

Matrix effect on cycle time, 
immunosorbent 
chromatography, 108,111 

Membrane flux 
influence of average transmembrane 

pressure, 10,11f,13,14f,15f 
influence of recirculation 

rate, 10,11f,13,14f,15f 
and instantaneous filtrate IgC 

concentration. 13,16f,17,18f 
Membrane screens, 24,26f 
Membrane separations, lysate 

processing, 2-3 
Membrane shear rate vs. flux, tangen

tial flow filtration, 56,57f 
Membrane system decontamination, 45t 
Membrane type, effect on flux, tangen

tial flow filtration, 6l,62f 
Membrane ultrafiltration systems 
steam sterilization, 46,47f,48f 
sterilization and 

decontamination, 42-46 
Micrococcus luteus assay, largomycin 

F-II, 135,137 
Mono clonal ant i bo di es , 

recovery, 31,36t,37,38t 
Mycelium 

extract, HPLC, 136f 
extraction of largomycin 

F-II, 143,145 

Mycoplasma, harvesting performance 
data, 65-66 

Ν 

Nominal molecular weight cutoff, 
ultrafiltration membranes, 53 

Nonfouling system, tangential flow 
filtration, 58,59f 

Nonionic resin adsorption, 
cephalosporin C, 158,159f 

0 

Organism concentration vs. flux, 
tangential flow filtration, 58,59f 

Ρ 

Packing-material particle size vs. 
linear velocity, column 
chromatography, 95 

Parabens 
separation on analytical and 

preparative columns, 74,75f 
separation on Magnum 40 

column, 79,8lf 
Parallel and serpentine flow, 

comparison, 24t 
Parallel-flow pathway, 24,25f 
Particle size vs. load, column 

chromatography, 92,93f 
Permeate closure, effect on flux, 

tangential flow filtration, 61,63f 
Plate counts, definition, 74,76 
Polyoxins 
separation of mixture, 76,78f 
structures, 76,77f 

Pore diffusion 
breakthrough curve, 117 
estimation of transfer units, 116 

Pore size vs. productivity, column 
chromatography, 95 

Precipitation, cephalosporin C, 165 
Process-scale chromatography, 91-103 
Protease assay, largomycin F-II, 137 
Protein purification, 29,31-42 

R 

Recirculation rate 
influence on membrane 

flux, 10,11f ,13,l4f ,15f 
vs. flux, tangential flow 

filtration, 56,57f 
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I N D E X 197 

Relaxin-like material, extraction from 
Tetrahymena pyriformis, 177 

Resolution, d e f i n i t i o n , 79 
Resolution column chromatography, 

d e f i n i t i o n , 94 
Reversed phase HPLC 

advantages, 72-73 
factors potentially l i m i t i n g 

scale-up, 82,84-86 
loading capacity, 86,87t 
recovery and p u r i f i c a t i o n of 

a n t i b i o t i c s , 71-88 

S 

Separation factor, d e f i n i t i o n , 116 
Sepharose g e l , breakthrough 

curve, 118,119T 
Serpentine and p a r a l l e l flow, 

comparison, 24t 
Serpentine-flow pathway, 24,28f 
Solid homogenous dif f u s i o n 

breakthrough curve, 117 
estimation of transfer units, 116 

Solute solution, concentration i n 
f i l t r a t e , d e f i n i t i o n , 17 

Somatostatin-like material 
b i o a c t i v i t y , 186 
extraction from Tetrahymena 

pyriformis, 176 
p u r i f i c a t i o n , 179,l85f,l86 

So n i f i c a t i o n , lysate processing, 3 
Specific adsorption rate constants, 

XAD-4 resins, 127,129f 
Steam s t e r i l i z a t i o n , membrane 

u l t r a f i l t r a t i o n 
systems, 46,47f,48f 

S t e r i l i z a t i o n and decontamination, 
membrane u l t r a f i l t r a t i o n 
systems, 42-46 

System architecture, column 
chromatography, 99-103 

Tartrazine, separation on a n a l y t i c a l 
and preparative columns, 74,75f 

Temperature, effect on f l u x , tangen
t i a l flow f i l t r a t i o n , 56 

Tetrahymena pyriformis 
b i o a c t i v i t y of somatostatin-like 

material, 186 
concentration by tangential flow 

f i l t r a t i o n , l80f 
extracted materials resembling 

vertebrate hormonal 
peptides, 186t 

extraction of ACTH-like 
material, 176-77 

extraction of insulin-related 
material and other peptide 
hormones, 175-90 

extraction of r e l a x i n - l i k e 
material, 177 

extraction of somatostatin-like 
material, 176 

fermentation, 177-79 
growth and harvesting, 175-76 
immunoactivity and b i o a c t i v i t y of 

ACTH-like material, I86,l87f 
insulin-related b i o a c t i v i t y of the 

extract, 179,l83f 
physicochemical characteristics of 

r e l a x i n - l i k e material, I86,l88f 
p u r i f i c a t i o n of in s u l i n - r e l a t e d 

material, 179,l8lf 
p u r i f i c a t i o n of somatostatin-like 

material, 179,l85f,l86 
Transmembrane pressure 

average, influence on membrane 
flu x , 10,11f ,13,!4f ,15f 

dependence of membrane f l u x and IgC 
con centration, 13,16f 

vs. f l u x , tangential flow 
f i l t r a t i o n , 56,57f 

Τ 

Tangential flow f i l t r a t i o n 
applications, 1,64-69 
benefits, 52 
c e l l separations, 51-69 
concentration of Tetrahymena 

pyriformis, 18Of 
eukaryotic c e l l concentration and 

c e l l recycling, 24-29, 30f 
f l u x , 56-64,67f 
hardware, 52-56 
lysate processing, 1-19 
schematic, 55f 

u l t r a f i l t r a t i o n , performance i n c e l l 
harvesting, 56-64,67f 

U l t r a f i l t r a t i o n membrane, IgC 
recovery, 7f 

U l t r a f i l t r a t i o n systems, 
application, s t e r i l i z a t i o n , 
and decontamination, 21-49 

Urokinase, p u r i f i c a t i o n , 111-12 

V 

Virus concentration, 42,43f,44f 
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